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FOREWORD

Apvances IN CHEMISTRY SERIES was founded in 1949 by the
American Chemical Society as an outlet for symposia and col-
lections of data in special areas of topical interest that could
not be accommodated in the Society’s journals. It provides a
medium for symposia that would otherwise be fragmented,
their papers distributed among several journals or not pub-
lished at all. Papers are refereed critically according to ACS
editorial standards and receive the careful attention and proc-
essing characteristic of ACS publications. Papers published
in ApvaNces IN CHEMISTRY SERIES are original contributions
not published elsewhere in whole or major part and include
reports of research as well as reviews since symposia may em-
brace both types of presentation.
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PREFACE

The papers in this volume represent the proceedings of the First
International Symposium on Chemical Reaction Engineering. This
was an outgrowth of the previous four European symposia and will be
continued on an international basis every two years. The symposium
consisted of 12 sessions whose chairmen and authors were balanced
between Americans and Europeans, and industrial and academic workers
as much as possible. Each subject area was covered by an authoritative
review of the state of the art by an international expert, followed by
research-paper presentations. This structure gave the audience both an
up-to-date survey of each area and details of the latest research.

Session topics were chosen with both fundamental and applied
orientations of chemical reaction engineering, and the ideas which
emerged underscore this point. For example, using the basic information
available for standard reactor types, computers are now doing the com-
plicated simulations routinely. The basic chemical kinetics required to
design polymerization reactors are reasonably well understood, but prac-
tical computational methods and further study of interactions with
physical processes (mixing and transport) are still required. Much has
been learned in the past several years about the operating behavior and
transport in fluidized beds, and applications with reactions now need to
be considered; this could lead to more extensive use for more different
processes than at present. Although great effort has been expended to
develop optimization theory and principles, a present need is to concen-
trate on practical applications in order to realize the full potential of the
most important methods. The session on catalytic reactions emphasized
the physical interactions which can cause problems in studying and ap-
plying catalytic kinetics, and they need to be evaluated carefully.

For two-phase reactors the main problem resides in the physical
contacting of the phases, which can cause widely varying results, espe-
cially with complex reactions; this fact leads to the use of unique reactor
types which are often difficult to analyze and design. Catalyst deactivation
has only recently been extensively studied rigorously, and there is still
a need for information on basic kinetics, the effects on reactor operation,
and optimization studies to assess the importance and handling of the
problem. Industrial process kinetics contains many of the above prob-
lems since the work must often be done in complicated reactors. Param-
eter estimation is a complex problem in its own right, in terms of both-

xiii
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statistical measurement variations and calculation methods. The basic
idea of reaction/reactor stability is not difficult, but application in detail
to real systems in a simple and workable fashion often is not easily
realized. Biochemical reaction engineering is a relatively new field and
was considered here for the first time in this type of symposium. We are
beginning to grasp some of the essential difficulties of the quantitative
kinetics and are using them for more rational reactor design.

Following in a small way the outstanding review of van Krevelen at
the Third European Symposium, the table shows the distribution of
papers from this symposium. The various types of chemical reaction
engineering studies for the papers are given first, and although there was
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a rather good distribution of coverage, more actual applications to useful
processes would have been welcome. Reaction type is considered next,
showing that simple, single reactions are studied more than the complex
cases which are often found in practice. This is especially true of the
theoretical and “method” papers although some progress is being made in
moving toward realistic cases. The last part of the table shows the type
of chemistry or industry involved. The “general” row signifies that ab-
stract cases were considered and is not meant to imply that many of the
other papers do not also have general application.
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Analysis and Design of Fixed Bed
Catalytic Reactors

G. F. FROMENT

Laboratorium voor Petrochemische Techniek, Rijksuniversiteit, Ghent, Belgium

The models used to describe fixed bed catalytic reactors are
classified in two broad categories: pseudo-homogeneous and
heterogeneous models. In the former the conditions on the
catalyst are considered to equal those in the fluid phase; in
the latter this restriction is removed. The pseudo-homogene-
ous category contains the ideal one-dimensional model, the
one-dimensional model with effective axial transport, and
the two-dimensional models with axial and radial gradients.
Particular emphasis is placed on such problems as para-
metric sensitivity, runaway, and instabilities induced by
axial mixing. In the heterogeneous category attention is
given to the effect of transport phenomena around and inside
the catalyst particle on the behavior of the reactor. Finally,
a new, general two-dimensional heterogeneous model is set
up and compared with previously discussed models.

This brief review of the analysis and design of fixed bed catalytic

reactors does not allow us to concentrate on specific cases and proc-
esses. Instead, an attempt is made to discuss general models and the
principles involved in the design of any type of reactor, no matter what
the process is.

In Table I the models are grouped in two broad categories: pseudo-
homogeneous and heterogeneous. Pseudo-homogeneous models do not
account explicitly for the presence of the catalyst, in contrast to hetero-
geneous models, which lead to separate conservation equations for fluid
and catalyst. Within each category the models are classified according
to increasing complexity. The basic model, used in most of the studies
until now, is the pseudo-homogeneous one-dimensional model, which
only considers transport by plug flow in the axial direction (A.I). Some
type of mixing in the axial direction may be superposed on the plug flow

1
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Table I.  Classification of Fixed Bed Reactor Models

A. Pseudo-Homogeneous B. Heterogeneous
t =ty;c=cs) (t # ty; ¢ 7 Cs)
One-dimensional A1  Basic, ideal B.I + interfacial gradients

A.IT + axial mixing B.II + intraparticle gradients
Two-dimensional A.III + radial mixing B.III + radial mixing

to account for nonideal flow conditions (A.Il). If radial gradients must
be accounted for, the model becomes two-dimensional (A.III). The basic
heterogeneous model considers only transport by plug flow, but it dis-
tinguishes between conditions in the fluid and on the solid (BI). The
next step towards complexity is to take the gradients inside the catalyst
into account (B.II). Finally, the most general models used today—uviz,
the two-dimensional heterogeneous models—are discussed in B. IIL.

Even within this framework the paper does not give a complete bib-
liographic survey. It focuses on what the author believes are the essential
points or on some aspects which have received extensive coverage in
recent years and upon which our viewpoints need clarification or
correction.

Pseudo-Homogeneous Models

The Basic One-Dimensional Model. The basic or ideal model assumes
that concentration and temperature gradients occur only in the axial
direction. The only transport mechanism operating in this direction is the
over-all flow itself, and this is considered to be of the plug flow type.
The conservation equations may be written, for the steady state and a
single reaction carried out in a cylindrical tube.

Us = pBTA (1)

de
dz

dT U
UspsCp —5m = (—AH) ppra — 47‘ (T — Tw) (2

with initial condition: at z = 0, ¢ = ¢,
T=T,

In most cases the pressure drop in the reactor is relatively small so
that a mean value for the total pressure is used in the calculations. Pres-
sure drop correlations for packed beds were set up by Leva (I) and
Brownell (2). They lead to predictions which are in excellent agreement.
The correlations for the heat transfer coefficient, U, show considerable
spread (3, 4, 5). Recently, De Wasch and Froment set up correlations
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for U which are linear with respect to the Reynolds number and which
have also a static term (6). Integration of Reactions 1 and 2 is straight-
forward, either on a digital or an analog computer. Questions which can
be answered by such simulation and which are important in catalytic
reactor design are: what is the tube length required to reach a given
conversion; what will the tube diameter have to be; or the wall tempera-
ture? An important problem encountered with exothermic reactions is
how to limit the hot spot in the reactor and how to avoid excessive sensi-
tivity to variations in the parameters? This problem was treated analyti-
cally by Bilous and Amundson (9) and more empirically, but more
directed towards practical appplication, by Barkelew (7). Barkelew’s
results are represented in Figure 1, which is based on many numerical
integrations and which has general validity for single reactions. N/S is
the ratio of the rate of heat transfer per unit volume at + = 1, where r =

0.4

0.3}

T/

0.2}

0.1}

0.0 1 L .
05 1.0 1.5 20 25
N/S

Figure 1. Barkelew plot for the parametric sensitivity of an ideal tubular
reactor
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(E/RT,?)(T — T,), to the rate of heat generation per unit volume at
r = 0 and zero conversion—i.e., at the reactor inlet. The ratio mmax/S is
that of the dimensionless maximum temperature to the adiabatic tem-
perature rise above the coolant temperature. A set of curves is obtained
with S as a parameter. They have an envelope, occurring very close to
the knee of an individual curve. Above the contact point with the enve-
lope, Tmax changes rapidly with N/S but not below. Therefore, Barkelew
proposed a criterion according to which the reactor is stable to small
fluctuations if its maximum temperature is below the value at the contact
point to the envelope. Recently, Van Welsenaere and Froment analyzed
the problem in a different way (8). By inspecting temperature and partial
pressure profiles in a fixed bed reactor they concluded that extreme
parametric sensitivity and runaway may be possible (1) when the hot
spot exceeds a certain value and (2) when the temperature profile devel-
ops inflection points before the maximum. They transposed the peak
temperature and the inflection points into the p-T phase plane. The
locus of the maximum temperatures, called the “maxima curve” and the
locus of the inflection points before the hot spot are shown as p, and
(p:)1 respectively. The symbol (p;), represents the locus of the inflection
point beyond the hot spot, which is of no further interest in this analysis.

0,03
Ty = 625°K
0,02}
€
s
o
Pi);
0,01F
Pm
5
(P,
625 650 675 700
T(°K)
Figure 2. p-T phase plane showing trajectories, maxima

curve, and loci of inflection points according to Van Wel-
senaere and Froment
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0.04

003

0.02

p°(atm)

001

600 650 700
T, (°K)

Figure 3. Upper and lower limits, mean and exact critical values for thg
inlet partial pressure predicted by the Van Welsenaere apd Froment cri-
terion. Filled points are values derived from Barkelew’s criterion.

Two criteria were derived from this. The first is based on the obser-
vation that extreme sensitivity is found for trajectories—the p-T relations
in the reactor—intersecting the maxima curve beyond its maximum.
Therefore, the trajectory going through the maximum of the maxima
curve is considered as critical and as the locus of the critical inlet condi-
tions for p and T corresponding to a given wall temperature. This is a
criterion for runaway based on an intrinsic property of the system—not on
an arbitrarily limited temperature increase. The second criterion states
that runaway will occur when a trajectory interesects (p;)1, the locus of
inflection points arising before the maximum. Therefore, the critical tra-
jectory is tangent to the (p;) curve. A more convenient version is based
on an approximation for this locus represented by p; in Figure 2.

Representation of the trajectories in the p-T plane requires numeri-
cal integration, but the critical points involved in the criteria—the maxi-
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mum of the maxima curve and the point where the critical trajectory is
tangent to p, are located easily by elementary formulas. Two simple
extrapolations from these points to the reactor inlet lead to upper and
lower limits for inlet partial pressures and temperatures above which
safe operation is guaranteed. Figure 3 shows some results for a specific
reaction. They are compared with those obtained from Barkelew’s cri-
terion (filled dots), which is more complicated to use, however.

In Figure 3 p°.1; p°.1 and p°.2; p°u2 are lower and upper limits,
based upon the first and second criteria respectively; p°m.1 and p°m.2
are their mean values; p°.; and p°,.. are the exact values obtained by
numerical back integration from the critical points defined by the first
and second criteria. These latter values are given here to show the error
introduced by simple extrapolation methods. The mean values p°,,1 and
P°mo agree remarkably well with p°.., and p°... The reaction con-
sidered here has pseudo-first-order kinetics and a heat effect suggested by
gas phase hydrocarbon oxidation. For a specific set of conditions the first
criterion limits the hot spot to 31.6°C, with p;; = 0.0135 atm and p.,, =
0.0197 atm; the second criterion limits AT to 29.6°C, while p;» = 0.0142
atm and p,» — 0.0195 atm. By numerical integration of the system of
differential equations, what could be called “complete” runaway is ob-
tained with p, = 0.0183 atm.

The above criteria are believed to be of great help in first stages of
design since they permit a rapid and accurate selection of operating con-
ditions before any computer calculations are done. Their application is
limited, however, to single reactions. Nothing like this is available for
complex reactions which have many parameters. Complex cases will
probably always be handled individually.

Objections may be raised against this model. First, it can be argued
that the flow in a packed bed reactor deviates from the ideal plug flow
pattern because of radial variations in flow velocity and mixing effects.
Second, it is an oversimplification to assume that temperature is uniform
in a cross section. The first objection led to a development which is
discussed in the next section, the second to models discussed later.

One-Dimensional Model with Axial Mixing. Accounting for the
velocity profile is practically never done since it immediately complicates
the computation seriously. In addition very few data are available to date,
and no general correlation could be set up for the velocity profile (10, 11,
12, 13). The mixing in an axial direction which is caused by turbulence
and the presence of packing is accounted for by superposing an “effec-
tive” mechanism upon the over-all transport by plug flow. The flux
arising from this mechanism is described by a formula analogous to Fick’s
law for mass transfer or Fourrier’s law for heat transfer. The propor-
tionality constants are “effective” diffusivities and conductivities. Because
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of the assumptions involved in their derivation they contain implicitly the
effect of the velocity profile. This field has been reviewed and organized
by Levenspiel and Bischoff (14). The principal experimental results con-
cerning the effective diffusivity in axial direction are shown in Figure 4
(12,15, 16, 17, 18, 19).

10
5t
2-
o
& |
S5t
2F
o | | 10 100 1000
_9p6
Re= m

Figure 4. Axial mixing in packed beds—Peclet vs. Reynolds numbers
diagram

Curve 1: McHenry and Wilhelm (15)
Curve 2: Ebach and White (16)

Curve 3: Carberry and Bretton (17)
Curve 4: Strong and Geankoplis (18)
Curve 5: Cairns and Prausnitz (12)
Curve 6: Hiby (19)

Curve 7: Hiby, without wall effect (19)

For design purposes Pe, based on d, may be considered to lie be-
tween 1 and 2. Little information is available on A.. Yagi, Kunii, and
Wakao (20) determined A, experimentally, while Bischoff derived it from
the analogy between heat and mass transfer in packed beds (21I).

The continuity equation for a component A may be written in the
steady state:

d? d
ea&g—usd_g-rAPB=0 (3)

and the energy equation:

eD

da:T dT 4U
)\ea_d;{ - Pf'u'scp_d—z— + (—AH) TAPB — ?t (T - Tw) =0 (4)

The boundary conditions have given rise to extensive discussion (29, 30,
31, 32). Those generally used are

de

g, forz =0

us(co — ¢) = —eD
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dT
Pfuscp(TO - T) = —)\ea dz (5)
de _ dT B
il el 0 forz =1L

This leads to a two-point boundary value problem requiring trial and
error in the integration. For the flow velocities used in industrial practice
the effect of axial dispersion of heat and mass upon conversion is negli-
gible when the bed depth exceeds about 100 particle diameters (27).
Despite this the model has received great attention recently, more par-
ticularly the adiabatic version. The reason is that the introduction of
axial mixing terms into the basic equations leads to an entirely new feature
—namely, the possibility of more than one steady-state profile through the
reactor (28).

Indeed, for a certain range of operating conditions three steady-state
profiles are possible with the same feed conditions, as shown in Figure 5.
The outer two steady-state profiles are stable, at least to small pertuba-
tions while the middle one is unstable. Which steady state profile will be
predicted by steady-state computations depends on the initial estimates
of ¢ and T involved in the integration of this two-point boundary value
problem. Physically this means that the steady state actually experienced
depends on the initial profile in the reactor. For all situations where the
initial values are different from the feed conditions transient equations
must be considered to make sure the correct steady-state profile is pre-
dicted. To avoid those transient computations when they are unnecessary,
it is useful to know a priori if more than one steady-state profile is pos-
sible. Figure 5 shows that a necessary and sufficient condition for unique-
ness of the steady-state profile in an adiabatic reactor is that the curve

Topo-mm o T

€ - === — =
geeee - m =
e
Pp——

T(L) T(L)

Figure 5. One-dimensional tubular reactor with axial mix-
ing. Outlet vs. inlet temperature.
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tin — f[(L)] has no hump. Mathematically this means that Equation 6

da:T ,

m-Pad/ +f(T)-O (6)
r _ ¥4 r U,L

where 2/ = A Pe', = D..

and f(T)

k,L? E T,
= elo)l:a PB(Tad - T) exp[ﬁ(l - T )]

has no bifurcation point, whatever the length of the reactor. This led
Luss and Amundson (29) to the following conditions:

Sulf/(T) — Pe's?/4] < 0 )
T, < T < T
which can be satisfied by diluting the reaction mixture.

Another way of realizing a unique profile is to limit the length of the
adiabatic reactor so that

Sulf'(T) — Pe's’/4] < wa ®)
Ta S T S Tad

where g, is the smallest positive eigenvalue of
Av 4+ =0 9

and where v(z) is the difference between two solutions T;(z) and T2(z).
Uniqueness is guaranteed only if the only solution to Equation 9 is v(z)
=0.

When applied to a first-order irreversible reaction carried out in an
adiabatic reactor these conditions lead to Equations 10 and 11,
respectively.

kL JE(T.s — T, E T, _uilL?
D.. p{Ti<—T—> B 1} exp[m( T)] . <0 10

or <y (11)

where Tog — T, = w C, is the adiabatic temperature rise and T,

P
is the value for T for which f(T) becomes a maximum.
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A sufficient but not necessary condition for Equation 10 is that

E Tad - To
RT, T, =1 (12)

oryf <1

Luss later refined these conditions (30) and arrived at:
_ dlnf(T)
(T -T,) —aT <1 (13)

The magnitude of the axial effective diffusivity determines which of the
two conditions, Equations 7 or 13, is stronger. For a first-order irre-
versible reaction carried out in an adiabatic reactor Equation 13 leads to

Ta d
T,

Tad
T,

E Tad — Ta
rT., T, =%

or vy <4

which is far less conservative than Equation 12, based on Equation 7.
For adiabatic operation Hlavacek and Hoffman (31) found:

E Taa T, _ 4
RT, — T, 1 — 4/(E/RT,)

(15)

They also defined necessary and sufficient conditions for multiplicity, for
a simplified rate law of the type Barkelew used and equality of the Peclet
numbers for heat and mass transfer.

The necessary and sufficient conditions for multpilicity, which must
be fulfilled simultaneously are:

E (—AH)c .
1) The group == - ~——-""% — yB has to exceed a certain value.
(1) The group pgv - “——p = =8
(2) The group u—"P’ = Da has to lie within a given interval.

u;L

D, has to be lower

(3) The Peclet number based on reactor length

than a certain value.
From a numerical study Hlavacek and Hofmann derived the results

represented in Figure 6. This figure illustrates clearly that the range
within which multiple steady states can occur is very narrow. It is true
that, as Hlavack and Hofmann calculated, the adiabatic temperature rise
is sufficiently high in ammonia-, methanol-, and oxo synthesis and in
ethylene-, naphthalene-, and o-xylene oxidation. None of these reactions
is carried out in adiabatic reactors, however, much less in multibed adia-
batic reactors. According to Beskov (mentioned by Hlavacek and Hof-
mann) in methanol synthesis the effect of axial mixing would have to be
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Figure 6. One-dimensional tubular reactor with axial mixing.
Multiplicity of steady states. Relation between Peclet, Dam-
kohler, and By group according to Hlavacek and Hofmann (31).

taken into account when Pe’, < 30. In industrial methanol synthesis
reactors Pe’, is of the order of 600 or more. In ethylene oxidation Pe’,
would have to be smaller than 200 for axial effective transport to be of
some importance, but in industrial practice Pe’, exceeds 2500. Therefore,
the length of industrial fixed bed reactors removes the need for reactor
models including axial diffusion and the risks involved with multiple
steady states, except perhaps for very shallow beds. In practice, shallow
catalytic beds are only encountered in the first stage of multibed adia-
batic reactors. One may question if very shallow beds can be described
by effective transport models in any event. The question remains as to
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whether shallow beds really exhibit multiple steady states. The answer
probably requires a completely different approach, based on a better
knowledge of the hydrodynamics of shallow beds. In our opinion there
is no real need for further detailed study of the axial transport model;
there are several other effects, more important than axial mixing, which
must be accounted for.

Two Dimensional Pseudo-Homogeneous Models. The one-dimen-
sional models discussed so far neglect the resistance to heat and mass
transfer in the radial direction and therefore predict uniform tempera-
tures and conversions in a cross section. This is obviously a serious sim-
plification when reactions with a pronounced heat effect are involved.
For such cases there is a need for a model that predicts the detailed
temperature and conversion pattern in the reactor so that the design can
be directed towards avoiding eventual detrimental over-temperatures on
the axis. This then leads to two-dimensional models. The model discussed
here uses the effective transport concept to formulate the flux of heat or
mass in the radial direction. This flux is superposed upon the transport
by over-all convection, which is of the plug flow type.

40
20

TTTT T
/
»H

|

dy

Pe mr

[|+|9.4(
— > s
T

| 5 10 100
Re

1000

Figure 7. Radial mixing in packed beds—Peclet vs. Reyn-
olds numbers diagram

Curve 1: Fahien and Smith (34)
Curve 2: Bernard and Wilhelm (32)
Curve 3: Dorrweiler and Fahier (33)
Curve 4: Plautz and Johnstone (40)
Curve 5: Hiby (19)

Since the effective diffusivity is determined mainly by the flow char-
acteristics, packed beds are not isotropic for effective diffusion so that
the radial component is different from the axial mentioned above. Ex-
perimental results concerning D,, are shown in Figure 7 (19, 32, 33, 34,
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150

2100

0.50

0 200 400 R 600 800
e

Figure 8. Heat transfer in packed beds. Effective thermal conduc-
tivity as a function of Reynolds number.

Curve 1: Coberly and Marshall (37)
Curve 2: Campbell and Huntington (36)
Curve 3: Calderbank and Pogorsky (35)
Curve 4: Kwong and Smith (38)

Curve 5: Kunii and Smith (39)

40). For practical purposes Pe, may be considered to lie between 8 and
10. When the effective conductivity, A, is determined from heat transfer
experiments in packed beds it is observed that A, decreases strongly near
the wall. It is as if a supplementary resistance is experienced near the
wall, which is probably caused by variations in the packing density and
flow velocity. Two alternatives are possible: either to use a mean A, or
to consider A, constant in the central core and introduce a new coefficient
accounting for the heat transfer near the wall, «,, defined by

a,,,(TR el Tw) = _)\er(aT/ar)

When it is important to predict point values of the temperature with the
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greatest possible accuracy, the second approach is preferred, so that two
parameters are involved to account for heat transfer in the radial
direction.

Figures 8 and 9 show some experimental results for A, and au.
The data for «, are very scattered. Recently De Wasch and Froment (6)
obtained data which are believed to have the high degree of precision
needed to predict accurately severe situations in reactors (investigated
Re range: from 30 to 1000). The correlations for air are of the form:

. 0.0025
her = Wor + T 46(d, /a7 1

o = g 4+ 0.0;1501, Re
P

where A°, and «°, are static contributions, dependent on the type and
100

60 |-

40

20

dp G

Figure 9. Heat transfer in packed beds. Wall heat transfer co-
efficient vs. Reynolds number.

Curve 1: Coberly and Marshall (37)
Curve 2: Hanratty (cylinders) (42)
Curve 3: Hanratty (spheres) (42)
Curve 4: Yagi and Wakao (44)
Curve 5: Yagi and Kunii (43)
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size of the catalyst. The correlation for a, is of an entirely different form
from those published until now, but it confirms Yagi and Kunii’s theoreti-
cal predictions (43). Since both solid and fluid are involved in heat
transfer, A, is usually based on the total cross section and therefore upon
the superficial velocity, in contrast with D,,. This is reflected in Equation
14 (below).

Yagi and Kunii (41, 43) and Kunii and Smith (39) have set up heat
transfer models which allow one to predict A, and a, from basic data.
They distinguish between a static contribution which contains all the
mechanisms not involving flow, such as conduction through solids, bulk
fluid and stagnant fluid, radiation and a dynamic contribution, depending
only upon the flow conditions.

The continuity equation for the key reacting component and the
energy equation can now be written for a single reaction and steady state

2
eDer<ac +—1— 6c>_“8<29_93“=0

ar? roor a9z
(14)
92T 1 9T aT
7‘"(W + T a_r> T UsPsCp 5~ —-e(—-AH)ra =0
with boundary conditions:
o= o atz =0 0<r<R
T=T,
dc/ar = 0 atr=0 and r =R, all—>z
aT/or = 0 atr =0
aT/dr = — {‘"’ (Tz — T.) atr =R,

The term accounting for the effective transport in the axial direction has
been neglected in this model for the reasons given above. This system of
nonlinear second-order partial differential equations was integrated by
Froment using a Crank-Nicolson procedure (45, 46). A computational
scheme claimed to be faster was presented recently by Liu (47).
Froment used this model to simulate a multitubular fixed bed reactor
for a reaction which involved yield problems and was fairly representative
of hydrocarbon oxidation. Figure 10 illustrates the importance of radial
gradients, even for a mild situation and a tube diameter of only 2.54 cm.
These calculations revealed great sensitivity of the reactor performance
with respect to D,,. These conclusions were confirmed by Carberry and
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White (48). Therefore, it does not seem worthwhile refining our data
on D, any further.

Figure 11 compares predictions based upon the present model with
those based on the basic one-dimensional model discussed previously.
For drastic situations the difference is quite significant. For such a com-
parison to be valid and reflect only the effect of the model itself the
over-all heat transfer coefficient U of the one-dimensional model has to
be derived from A, and «,, as indicated by Froment (45, 46). Beek (49)
and Kjaer (50) have also discussed features of this model.

T,=357°C

-To

t=

0 2 4 6 8 10
T
Ry

Figure 10. Two-dimensional pseudo-homogene-
ous model. Radial temperature profiles.
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Figure 11. Sensitivity with respect to inlet temperature

A: Two-;liimensional pseudo-homogeneous model. Radial mean temperature vs. bed
length.
B: Basic one-dimensional model
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The present model could be refined by introducing a velocity pro-
file. This was done by Valstar (51) who used the velocity profiles of
Schwartz and Smith (10) which exhibit a maximum at 1.5 d, of the wall.
Valstar’s exploratory calculations indicate that the influence of the
velocity profile is worth considering. Progress in this field will require
more extensive basic knowledge of the packing pattern and hydro-
dynamics of fixed beds.

This discussion of the tubular reactor with radial mixing is based
on a continuum model leading to a system of differential equations with
mixing effects expressed in terms of effective diffusion or conduction. A
different approach considers the bed to consist of a two-dimensional net-
work of perfectly mixed cells with two outlets to the subsequent row of
cells. Alternate rows are offset half a stage to allow for radial mixing.
In the steady state a pair of algebraic equations must be solved for each
cell. This model was proposed by Deans and Lapidus (52) and applied
by McGuire and Lapidus (53) to non-steady-state cases. Agnew and
Potter (54) used it to set up runaway diagrams of the Barkelew type. In
fact, the model is not completely analogous to the one discussed above
since it considers heat to be transferred only through the fluid. It is clear
already from the correlations for A, given above that this is a serious
simplification (as illustrated below). More elaborate cell models with a
coupling between the particles to account for conduction or radiation, are
possible, but the computational problems become overwhelming. The
effective transport concept keeps the problem within tractable limits.

The possibilities of present day computers are such that there is no
longer any reason for not using two-dimensional models for steady-state
calculations, provided the available reaction rate data are accurate
enough. The one-dimensional model will continue to be used for on-line
computing and process control studies.

Heterogeneous Models

For rapid reactions with an important heat effect it may be necessary
to distinguish between conditions in the fluid and on the catalyst surface
or even inside the catalyst. As before the reactor models may be either
one- or two-dimensional.

One Dimensional Model Accounting for Interfacial Gradients. For
a singlet reaction carried out in a cylindrical tube and with the restric-
tions already mentioned for the basic case, the steady-state equations are:

Fluid —ua% = kgav(c - css) (16)

dT U
UsPrCp 7 = ha (T —T) — 4 —dT (T - Ty an)
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Solid epTa = k,a.(c — ¢) (18)
(—=AH) opra = ha (T — T) (19)
with boundary conditions: ¢ = ¢, atz = 0

T=T,

This model does not provide any axial coupling between the particles.
Consequently, heat is transferred axially only through the fluid.

In industrial fixed bed reactors the flow velocity is generally so high
that the temperature drop and concentration drop over the film sur-
rounding the catalyst is small in steady-state operation. This may not be
true with very exothermic and fast reactions involving a component of
the catalyst or deposited on the catalyst such as encountered in catalyst
regeneration by burning off coke or in catalyst reoxidation as sometimes
required in ammonia synthesis or steam-reforming plants.

IO_ T L N B o T T T T T T T T T T T T 177717 ]
8
10°F .
: a
$ I~ 4
107t -
L ]
- p
|0-2 )
10° 10 102 103 104
Re= dpG
&

Figure 12. Mass transfer between a fluid and a bed of particles

Curve 1: Gamson et al. (56), Wilke and Hougen (57)

Curve 2: Taecker and Hougen (a) Berl saddles (b) Rashig rings
Curve 3: McCune and Wilhelm (59)

Curve 4: Ishino and Otake (60)

Curve 5: Bar Ilan and Resnick (61)

Curve 6: deAcetis and Thodos (62)

Curve 7: Bradshaw and Bennett (63)

Curve 8: Hougen (64), Yoshida, Ramaswami, and Hougen (65)
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Figures 12 and 13 show most of the correlations available to date for
k, and h; (55). Except perhaps for the most stringent conditions these
parameters are now defined with sufficient precision. The distinction
between conditions in the fluid and on the solid leads to an essential
difference with respect to the basic, one-dimensional model—namely, the
problem of stability, which is associated with multiple steady states.

1.0
5
3
2
s \ 20
L \
ol— . — N
10 2030 50 100 1000 10000
o828
Figure 13. Heat transfer between a fluid and a bed of
particles

Curve 1: Gamson et al. (56), Wilke and Hougen (57)

Curve 2: Baumeister and Bennett (a) for de/dy > 20 (b) mean
correlation (66)

Curve 3: Glaser and Thodos (67)

Curve 4: de Acetis and Thodos (62)

Curve 5: Sen Gupta and Thodos (68)

Curve 6: Handley and Heggs (69)

This aspect was studied first independently by Wicke (73) and by
Shean-Lin-Liu and Amundson (70-72). They compared the heat pro-
duced in the catalyst, which is a sigmoid curve when plotted as a func-
tion of the particle temperature, with the heat removed by the fluid
through the film surrounding the particle, which leads to a straight line.
The steady state for the particle is given by the intersection of both lines.
For a certain range of gas and particle temperatures three intersections
and therefore three steady states are possible. From a comparison of the
slopes of the sigmoid curve and the straight line in these three points it
follows that the middle steady state is unstable to any perturbation, while
the upper and lower are stable to small perturbations but not necessarily
to large ones. Hence, when multiple steady states are possible, the steady
state the particle actually operates in also depends on its initial tempera-
ture. When this is extended from a particle to adiabatic reactor, the
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concentration and temperature profiles are determined not only by the
feed conditions but also by the initial solid temperature profile from
which the reactor was started up. If this is not equal to the fluid feed

800¢ .08
T P
[

T {.06 Ps
(°c) (atm)
600} {.04

4 .02
400

z(m)
Figure 14. One-dimensional heterogeneous model

with interfacial gradients. Unique steady-state case;
pPo = 0.007 atm; T, = 449°C.

1200
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(°c) goo
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Figure 15. One-dimensional heterogeneous

model with interfacial gradients. Non-unique

steady-state case; p, = 0.15 atm; T, = 393°C;
T, = initial: A < 393°C. B: 560°C.
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temperature, transients are involved. The design calculations would then
have to be based upon the Reactions 16-19 complete with non-steady-
state terms. Figures 14 and 15 illustrate this for an adiabatic reactor (70,
71, 72). Figure 14 shows a situation with a unique steady-state profile.
In Figure 15 the gas is first heated along the lower steady state and then
jumps to the upper steady state as soon as its temperature exceeds 480°C.
The higher the initial temperature profile, the earlier the profile jumps
from the lower to the higher steady state. From a comparison with the
unique steady-state case of Figure 14 it follows that the shift from one
steady state to another leads to temperature profiles which are much
steeper. The reactor of Figure 15 may be unstable while the reactor of
Figure 14 is stable, which does not exclude parametric sensitivity and
runaway, as discussed earlier, however.

Are these multiple steady states possible in practical situations?
Inspection of Figures 14 and 15 shows that the conditions chosen for the
reaction are rather drastic. It would be interesting to correlate the limits
on the operating conditions and reaction parameters within which mul-
tiple steady states could be experienced. These limits will probably be
extremely narrow so that the phenomena discussed here would be limited
to special reactions or to localized situations in a reactor, which would
probably have little effect on its over-all behavior.

One-Dimensional Model Accounting for Interfacial and Intrapar-
ticle Gradients. When the resistance to mass and heat transfer inside the
catalyst particle is important, the rate of reaction is not uniform through-
out the particle. Equations 16-19 then no longer adequately describe the
system. It must be completed with equations describing the concentra-
tion and temperature gradients inside the particle; the complete set may
be written as:

Fluid:
dc .
—U 5 = ka.(c — ¢f) (16)
aT U

u,pfc,,w = hfa,,(T,' - T) —4 —d'; (T - Tw) (17)

Solid:
D, d(,, de, N
? Eg(& dE ) + PsrA(cxy Ts) - 0 (21)

A d (., dT., _
? d—&<é W) - p,(—AH) rA(csy To) - 0 (22)
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with boundary conditions

c=co atz =0 (23)
T=T,
de, _ dT, _ _
G- aE =0 atf=0 (24)
dc
s _ = — s 2
kﬂ(cs C) Ds d& & _ b ( 5)
dT
s _ = — (= 26
(T — T) Ae E | _y (26)

D, and ), are the effective diffusivity and conductivity inside the particle.
Numerical values for D, are given in Satterfield and Sherwood’s book on
diffusion in catalysis (74, 75). Equations 21 and 22 form a pair of second-
order nonlinear differential equations which must be integrated at each
node of the computational grid used in integrating the fluid field equa-
tions (16 and 17). This is feasible on present day computers but is still
very lengthy. The computations may be simplified with the help of the
effectiveness factor concept. In its classical sense » is a factor which
multiplies the rate at the particle surface conditions to give the rate
actually experienced when not all the reactant is converted at those
surface conditions. The effectiveness factor 7 is expressed as a function
of a modulus which is related to the ratio of the reaction rate at surface
conditions to the mass transfer rate towards the inside of the particle.
The use of this concept in essence permits the separate integration of
Equations 21 and 22. The system is now reduced to Equations 16 and 17
with boundary condition (Equation 23) while Equations 21-22 and
25-26 are reduced to the algebraic equations:

koa.(c — ¢*) = vewrales, Ts) 27

hao(Ts — T) = wes(—AH) rales, Ts) (28)
With n = f(css) Tss)

Equations 27 and 28 differ only by the factor 5 from Equations 18 and 19.

The effectiveness factor depends on the local conditions which are
introduced through the modulus; therefore, it has to be computed at each
point of the grid. The saving in computational effort now depends on the
relation between the effectiveness factor 4 and the modulus, ¢. An ana-
lytical expression is only possible for isothermal particles and simple
power law rate equations. For a first-order irreversible reaction and an
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isothermal particle the relation between 5 and ¢ is:

n = 3/¢% (¢ coth¢ — 1)

where ¢ = X—" I/ k(—Tls;)—p—" (29)
P 8

For other cases there is little or no gain in using 5. Fortunately, even
with strongly exothermic reactions the particle is nearly isothermal; the
main resistance inside the pellet is to mass transfer, and the main resist-
ance in the film surrounding the particle is to heat transfer. Until recently,
n had always been expressed as a function of conditions at the particle
surface—c,* and T,>. When, however, the concept is used with models
that account for a difference between bulk fluid and particle surface
conditions, it may be preferable to base the effectiveness factor on bulk
fluid conditions. The equivalent of Equation 29 then is (for isothermal
conditions in both film and particle) (74):

« _ 35h ¢ cosh ¢ — sinh ¢ (30)
= "$2 $cosh ¢ + (Sh/2 — 1) sinh ¢

With this version of the concept » in Equations 27 and 28 has to be re-
placed by »*, and r, has to be expressed as a function of fluid conditions
(¢, T).

In the general case the relation between the effectiveness factor and
the modulus can be obtained only by numerical integration of Equations
16-26. The result is shown in Figure 16 (76). With isothermal situations
» tends to a limit of 1 as ¢ decreases. With non-isothermal conditions »
or n* may exceed 1. Curve 1 corresponds to the classical concept with
T, = T and ¢,* = ¢ while Curves 2, 3, and 4 include gradients over the
film into », thus leading to »*. The dotted portion of Curve 4 corresponds
to a region of conditions within which multiple steady states inside the
catalyst are possible. The range of parameters leading to this possibility
is very narrow although it is widened somewhat when the film is included
into the concept. Consequently, non-unique profiles are possible in the
reactor. The steady state actually experienced depends on the initial con-
ditions, so that transient calculations have to be performed. To avoid
these when they are unnecessary, recent, considerable effort has gone into
defining criteria for the uniqueness of the steady state of a particle. The
reasoning and treatment is entirely analogous to that explained already
for the tubular reactor with axial mixing. By restricting the treatment to
the particle itself—the classical approach—Weiss and Hicks (78) arrived
at the following condition for uniqueness for a first-order irreversible
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Figure 16. Effectiveness factor diagram for non-isothermal
situations
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Luss (30) found that uniqueness is guaranteed for an adiabatic reaction
in a porous catalyst particle when

(7, - 7 LRI (32)

foral T¢ < T, < T,
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where f(T,) is the expression of the reaction rate as a function of tem-
perature—e.g., for a first-order irreversible rate equation:

sy = M0 e (e — 1 ol 21 - )]

This analysis does not include the external film. When applied to a first-
order irreversible reaction, Equation 32 leads to

By < 4T/ Ts) (33)

Even with isothermal conditions in the particle multiple steady states
may occur when the rate increases with conversion, as may happen with
some Langmuir-Hinshelwood rate equations. In such cases the condition
for uniqueness of the concentration profile in the particle is, according
to Luss

(e — o) L2 < 4 (34

for all ¢ > ¢, > c,*¢

Recently Cresswell (79) and McGreavy and Thornton (80) included the
film in their analysis of the multiplicity of solution. Clearly, when the film
is included, multiple steady states are possible even with isothermal situ-
ations, no matter what the kinetics are. Cresswell came to the following
criterion for uniqueness:

E_¢(=AH) D, Nu , ¢(—AH) D,
RT ~ nT < 8(Sh toT )
or vy < 8(Nu/Sh + ) (35)

where T and c are the temperature and concentration in the bulk fluid
surrounding the particle considered. With the large ratio of Sh/Nu found
in practice it is apparent that Nu/gSh < 1, even for small values of 3,
so that Equation 35 can be simplified into: y < 8. Cresswell's work shows
that even when the film is included, the region in which multiple solu-
tions can occur is very narrow. The range of parameters investigated
seems realistic (y: 10-40; 8: 0-0.1; Nu: 0.1-10; Sh: 100-500). Luss and
Lee (81) developed a method for obtaining stability regions for the var-
ious steady states, based on the knowledge of the steady-state profiles.
Thus, it is possible to predict which steady state a particle will tend to-
ward, starting from given initial conditions. This whole field of unique-
ness and stability has been reviewed recently by Aris (82).
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As mentioned previously the possibility of multiple steady states com-
plicates the design of the reactor seriously. Transient computations have
to be performed to ensure the correct steady-state profile throughout the
reactor is predicted. Another way would be to check the possibility of
multiple steady states on the effectiveness factor chart for every point in
the reactor. This would, in principle, require an infinite set of such charts,
because 8 and y vary throughout the reactor. McGreavy and Thornton
(80) reformulated the problem to enable a single graph to be used for
the whole reactor and to reduce the effectiveness factor curve to a single
point in the new chart. For this purpose they introduced a new parameter

6 = (dp/2)V (Aps/Dy)

which replaces the Thiele modulus and is based on the preexponential
factor A rather than on the rate coefficient itself. Another convenient
group is
8 _ (-AH) D.R
Nu - dnE

800

600

(°c)

400 Non-unique

region

200
conditions

B
T Nu

Figure 17. Tubular reactor with interfacial and intraparticle gra-
dients. c-T phase plane and region of multiple steady states.

.‘05

For a given system this group depends only on the reactant concentration
in the fluid. Therefore, it is an implicit function of axial position. Taking
advantage of the fact that the particle is generally isothermal, a relatively
simple formula for the bounds on the fluid temperature within which
multiple steady states may occur can be derived. It is represented graph-
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ically in Figure 17. With a reactant concentration corresponding to a
B/yNu value of 8 X 103, for example, multiple steady states are pos-
sible when the gas temperature is between 265° and 320°C. Figure 17
is essentially a c—T phase plane and allows a trajectory through the re-
actor to be plotted. When a trajectory intersects the non-unique region,
multiple profiles are possible. Figure 17 shows a trajectory for adiabatic
conditions which just intersects the zone. In the corresponding reactor
zone the temperature may jump to the higher steady state, but since the
region is very narrow, it is possible that instabilities will be damped. As
soon as conditions are no longer adiabatic, only unique profiles are pos-
sible in the example considered. Since McGreavy and Thornton really
used a two-dimensional model for the reactor in the non-adiabatic case,
Figure 17 shows longitudinal profiles in the axis and at the wall. The
parameter values used appear to be realistic although rather drastic.

Two-Dimensional Heterogeneous Models. In the last couple of years
attempts have been made to develop two-dimension heterogeneous mod-
els. McGreavy and Cresswell proceeded by adding to the one-dimen-
sional model accounting for interfacial and intraparticle gradients (dis-
cussed above) the terms accounting for radial heat and mass transfer
in the bed (76). From an inspection of the equations it is clear, however,
that it is assumed that heat transfer in the radial direction occurs only
through the fluid phase. Figure 8 shows that even for typical industrial
flow rates the solid and stagnant films contribute at least 25% in the
radial heat flux. With regard to the extreme sensitivity of the profiles
to A, (46, 48) the model used by McGreavy and Cresswell can be con-
sidered only as a rough approximation. The model by Carberry and
White (48) is hybrid in the sense that it distinguishes between conditions
in the gas and on the solid, but nevertheless makes use of the A.r and aw
concept of Yagi and Kunii and Kunii and Smith, which lumps gas and
solid (explained before).

To account correctly for heat transfer through the solid the equations
concerning the solid should not be limited to a single particle as is gen-
erally done; they should be extended to the complete cross section occu-
pied by the catalyst. This was done for the one-dimensional model
(Equations 18 and 19) but without accounting for eventual radial tem-
perature gradients. In addition, one must distinguish between the effec-
tive thermal conductivity for the fluid phase, A,/ and that for the solid
phase A.* (84). Strangely enough, this concept of A.,/ and A,* was intro-
duced as early as 1953 by Singer and Wilhelm (83). All subsequent work
in this field made use of the global A, concept, however. The preceding
considerations led DeWasch and Froment (84) to the following mathe-
matical model:
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ac % 1 dc .
Us a_z = SDer(W + —7' &) - kgav(c C,)

aT T 1 aT
— = N+ ——) + L
uspfcp az )\er ( 61‘2 r ar ) hjav(Tg T) (36)

kya,(c — ¢*) = nppra

or? r or

9T, | 1 3T,
hiao(Tst — T) = nps(—AH) 14 + ler‘(— + )

with boundary conditions

c=c atz =0
T=T,
dc/or = 0 atr =0 all z

dT/dr = aT,/or = 0

dc/or = 0 atr = R, all z
a’ (T — T) = N,/ (3T /0r)

™ (Ty — Ts) = Ner*(T,/0r)

The distinction between solid and fluid also appears in the boundary
conditions for heat transfer at the wall. There are several possibilities
for the boundary condition for the “solid” phase at the wall. The simplest
is to set the temperature of the solid equal to that of the wall itself. A
better approximation is to consider the temperature profile in the “solid”
phase to be linear near the wall (92T,/82 — 0). Still another possibility
is to use a boundary condition for the “solid” analogous to that for the
fluid.

These different possibilities and the numerical values to be given to
the parameters are discussed by DeWasch and Froment. Figure 18 shows
radial mean temperature profiles through a reactor for the three boundary
conditions discussed above and no intraparticle resistance (n — 1). The
influence of the boundary condition is obviously quite important. The
boundary conditions for the “solid phase” 3T,/8r> = 0 and ay,*(Tw — Ts)

oT . . .
= Aer’ a—r" lead to results which are in excellent agreement. Assuming no

heat transfer through the solid predicts far too important hot spots. Such
a model is no improvement at all with respect to the two-dimensional
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Figure 18. Two-dimensional heterogeneous model. Radial mean tem-
perature as a function of bed length. Comparison with other models.

Curve 1: Basic pseudo-homogeneous one-dimensional model
Curve 2: One-dimensional heterogeneous model with interfacial gradients
Curve 3: Two-dimensional pseudo-homogeneous model
Curve 4: Tulzg-;iigzensional heterogeneous model. Boundary conditions as in
ef. 36.
Curve 5: Two-dimensional heterogeneous model. Boundary condition at the
s __
wall: 3 = 0.
r
Curve 6: Two-;ilimensional heterogeneous model. Boundary condition at the
wall: ts = tw.
Curve 7: Two-dimensional heterogeneous model. Radial heat transfer only
through the fluid [McGreavy and Cresswell (76)].

pseudo-homogeneous model discussed earlier. For the conditions used
in these calculations the solid temperature exceeds the gas temperature
only by 1° or 2°C. This is generally the case in industrial reactors.

Conclusion

Before 1960 little more than the basic pseudo-homogeneous model
had been investigated. Owing to the increasing possibilities of computers
the modelling of fixed bed catalytic reactors has been a rapidly developing
field in the last decade. Models with more and more complexity have
been set up and compared with more elementary ones so that it became
possible to assess the effect of simplifying assumptions on the predicted
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results. This has now paved the way to judicious model reduction which
would lead to models sufficiently accurate and simple to be used in tran-
sient simulation and process control—a field in which the application of
the recent complex models is still out of the question. Finally, it is hoped
that model studies and analysis of phenomena in reactors will be based
on real data and real reactor configurations so that a bridge can be laid
between researchers in the field and those involved in design and oper-
ation of reactors.

Nomenclature

A preexponential factor in Arrhenius law

A, external surface area of a particle (mg?)

a, particle surface area per unit bed volume (m,*/m?)

b particle radius (m,)

c conceﬁl’;ration of reference component A in the fluid (kmoles/
m3

Co inlet concentration in fluid (id)

Cs concentration on the surface of the particle (id)

D, molecular diffusivity (m3/m hr)

D.., D., effective diffusivities in axial and radial direction (m®fl/m hr)

D, effective diffusivity inside the particle (m® fl/m, hr)

d, particle diameter (m,)

d; tube diameter (m)

E activation energy (kcal/kmole)

G mass flow velocity (superficial) (kg/m?hr)

h; film heat transfer coefficient (kcal/m,? hr °C)

(—AH) heat of reaction (kcal/kmole)

R
Us

in _ ch—/C Pr2/s

P

k, first order reaction velocity coefficient at inlet temperature
(m?® fi/kg catalyst hr)

k(Ts#)  idem at catalyst surface temperature (id)

k, film mass transfer coefficient (m?® fl/m,? hr)

L reactor length (m)

Nu Nusselt number for film heat transfer = h;d,/\,

p partial pressure (atm)

Pe, Peclet number for effective mass transfer in axial direction
based on particle diameter, dyu;/De,

Pe’, idem, but based on reactor length w;L/D,,

Pe, Peclgt/nDumber for effective mass transfer in radial direction,
UiGp/ Uer

Pr Prandt]l number c,p/A,

Ta rate of reaction based on component A (kmoles/kg catalyst hr)

T radial coordinated (m)

R gas constant (kcal/kmole, °K)

R, tube radius (m)
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Sc Schmidt number, n/p;D 4

Re Reynolds number, df,G/ M

Sh Sherwood number for film mass transfer, k,d,/D4

Tr bed temperature at radius R (°C or °K)

T fluid temperature (idem)

T, solid temperature (idem )

T, temperature at surface of particle (idem)

T, inlet fluid temperature (idem)

Ty wall temperature (idem)

Tea adiabatic temperature (idem)

U global heat transfer coefficient (kcal/m? hr °C)

Us superficial velocity (m?® fl/m? hr)

u; interstitial velocity (m/hr)

V, volume of a particle (m?)

z axial coordinate (m)

z dimensionless axial coordinate = z/L

aw wall heat transfer coefficient (kcal/m? hr °C)

o’ wall heat transfer coefficient for solid phase (idem)

oy’ wall heat transfer coefficient for fluid phase (idem)

(=b8H)e, Tou—T,. _¢'(—AH)D, . -

B group: T, T, in Ref. 12; T in Ref.
31; Lﬁ% in Ref. 35

€ void fraction of the bed (m?®/m?)

v group: E/RT, in Ref. 12; E/RT, in Ref. 31; E/RT in Ref. 35

Acar Aer effective thermal conductivity in axial and radial direction
(kcal/m hr °C)

As solid thermal conductivity (idem)

o effective thermal conductivity for the fluid phase only (idem)
Aer effective thermal conductivity for the solid phase only (idem )
B dynamic viscosity (kg/m hr)
pr fluid density (kg/m?fl)
pB catalyst bulk density (kg catalyst/m?)

Ps catalyst density (kg catalyst/m,®)
¢ coordinate inside the particle (ms)

7 effectiveness factor based on particle only
7* effectiveness factor including the film
@

Thiele modulus = (V,/A,) ﬁ%s)ﬂ for a first-order reaction
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A Mathematical Model for Simulating the Behavior of Fauser-
Montecatini Industrial Reactors for Methanol Synthesis

A. CAPPELLI, A. COLLINA, and M. DENTE,’ Montecatini Edison, Direzione
Centrale delle Ricerche, Milano, Italy

This paper describes a mathematical model for simulating industrial
reactors of Fauser-Montecatini type for methanol synthesis. These re-
actors consist of quasi-adiabatic catalytic layers, with indirect cooling
between one layer and the next, and of a final non-adiabatic layer with
tubes immersed in the catalyst. The model has the main features dis-
cussed below.

The chemical reactions considered are:

CO + 2H, = CH;0H
CO; + H, =2 CO + H.0

The kinetic equation of the first reaction, studied by Natta et al. (1, 2, 3,
4, 5) has been modified on the basis of new experimental data to take
into account the presence of CO; in the reacting gas and is of the type:

R = feoPcof*u,Pu; — fensonPcmon/Keq
' A% + BfcoPco + Cfu,Pu, + DfcmsonPcmon + Efco.Pcoy)?

Under synthesis conditions the rate of the second reaction is relatively
high; hence, it has been assumed that for this reaction the conditions of
thermodynamic equilibrium are reached at the catalyst surface. This
reaction is significant, particularly in cases where the gas flowing into
the reactor has a relatively high CO. content according to the present
tendency for industrial plants.

Owing to the presence of this reaction, the phenomena of mass and
heat transfer between the gas and the surface of the catalyst, which would
be negligible on the basis of the main reaction only, are important and
thus taken into account. Deviations from ideal behavior are estimated

! Politecnico di Milano, Ist. di Chimica Industriale, Milano, Italy.

35



Published on August 1, 1974 on http://pubs.acs.org | doi: 10.1021/ba-1972-0109.ch001

36 CHEMICAL REACTION ENGINEERING

by introducing fugacity coefficients and using suitable corrections in
calculating the enthalpies of the mixtures (6, 7, 8, 9, 10). The effects of
the diffusion of reagents and products within the porous catalyst are cal-
culated without applying the simplified estimates generally used for
complex kinetic reactions (11, 12, 13, 14). In this case, in view of the
presence of a reaction influenced by the equilibrium and since low effi-
ciency factor values are expected, it was considered preferable to evaluate
this coefficient by solving numerically the differential equation which
describes the diffusion phenomena. This equation, in integral form, has
been solved by successive approximations, introducing a suitable nor-
malizing factor to hasten convergence (15, 16). On the basis of the
mathematical model described a calculation program in Fortran V has
been prepared for a Univac 1108 computer. The program, set down ac-
cording to modular technique, can be modified easily to simulate reactors
in which cooling between one layer and the next is achieved with cold
reacting gas. The calculation time for checking a reactor with four
adiabatic plus one non-adiabatic layer is about 1 minute. This calcula-
tion program is currently used to check the operation of synthesis reactors
in various Montecatini-Edison plants. Moreover, it may be used con-
veniently for design calculations.

We report experimental and calculated data of a test carried out in
a small capacity industrial reactor with the following operating conditions:

Total feed flow-rate: 26245 Nm?®/hr

Pressure: 254 atm

Composition of the gas at

the reactor inlet: CO 11.20%

CH;OH 011
H. 65.46
H,O 0.15
CH, 13.75
N, 7.72
CO, 1.60

Inlet temperature to the 1stlayer: 335°C
2nd layer 369
3rd layer 368
4th layer 364
last layer 368

The compositions of the gas going out from each layer, compared with
the experimental values, are given in Table L.

The production measured experimentally is 25.6 tons/day, and the
calculated production is 25.7 tons/day. The model appears capable of
supplying results which agree well with the experimental data, and in
particular the hypothesis of considering the conversion reaction at equi-
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Table I. Calculated and Experimental Gas Composition Values

Layer
1st 2nd 3rd 4th 5th
CcO exp. 10.85 1046  10.05 9.64 9.15
cale. 1099 10.70 10.22 9.65 9.11
CH,;0H exp. 1.11 1.61 2.14 2.55 n.d.
cale. 0.93 1.48 2.15 2.90 3.15
CO, exp. 1.08 1.09 1.11 1.17 1.33
cale. 1.20 1.09 1.07 1.07 1.43
CH, exp. 13.98 14.10 14.25 14.50 14.65
cale. 13.98 14.13 1431 14.52  14.59

librium and the modification made to Natta’s kinetic equation appear
justifiable.

This model can be improved along the following lines, which are

now being pursued:

(a) Introduction of empirical kinetic equations which describe the

formation of methane and dimethyl ether.

(b) Modifications to perform reactor simulations with cooling by

direct injection of fresh gas.

Finally, the same model can be used to perform optimization calcu-

lations in the industrial reactor design stage.
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Phthalic Anhydride Production by the Catalytic Oxidation of
o-Xylene

P. H. CALDERBANK and A. D. CALDWELL, Department of Chemical
Engineering, University of Edinburgh, Mayfield Rd., Edinburgh, Scotland

Commercial catalyst was obtained with the following specification:
promoted V,0; on SiC support; mean particle diameter, 0.6 cm; surface
area, ca. 0.2 m2/gram. This was sometimes diluted with inert alundum
spheres of the same size before being loaded into the fixed bed reactor
described below. Kinetic measurements were made using the spinning
catalyst basket (CSTR) reactor. The catalyst was evaluated (with and
without dilution by inert support material) in a stainless steel tubular
reactor of l-inch internal diameter and length 6 ft; this was submerged
in an isothermal air-fluidized sand bath, provided with controlled elec-
trical heating. The reactor contained many thermocouples along its
length at the axis. o0-Xylene was pumped and metered into a preheated
air stream entering the reactor, and the product stream leaving the reactor
was cooled to allow the phthalic anhydride to be collected, weighed, and
analyzed. The range of variables studied was as follows,

air flow rates 0.84-1.26 ft3/minute at room temperature
o—xylene, vol 9, 0.59-1.35
bath temperatures, 370-418°C.

Results and Discussion

The fixed bed reactor showed the phenomena of (a) ignition to a
high temperature steady state where phthalic anhydride was abundantly
produced and (b) hysteresis when the bath temperature was reduced
since extinction occurred below the ignition point when a slow reaction
unprolific of phthalic anhydride was established. This behavior suggests
that mass and heat transfer are influential as discussed in detail later.

The temperature profiles in the fixed bed reactor showed that reac-
tion was nearly complete at a short distance from the inlet. Thus, the
reactor was substantially infinite in length and gave no kinetic informa-
tion other than the selectivity, which remained remarkably constant at
58-60%, being independent of both temperature or flow rate. This
behavior was also found by Bhattacharyya and Gulati (1), who record a
yield of 55-60%, and is close to the value previously predicted by us
(2) from Froment's kinetics.

Yields of phthalic anhydride obtained with the isothermal spinning
catalyst basket reactor were much lower than those with the fixed bed,
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suggesting that an increasing temperature sequence might be optimal in
contrast to our conclusions (2) arrived at on the basis of Froment’s
kinetics which favor nearly isothermal operation. The reaction tempera-
ture sequence in the fixed bed can be varied by diluting the catalyst with
inert particles and by changing the air-hydrocarbon ratio. When these
operations were carried out, the yield of phthalic anhydride remained
unaltered, showing that the energies of activation for the production of
phthalic anhydride and combustion of o-xylene are the same while the
combustion of phthalic anhydride occurs to a negligible extent.

Theory

The steady-state “redox” model of Mars and van Krevelen (3) arose
principally because the rate of oxidation of aromatic hydrocarbons over
vanadium pentoxide catalysts of several formulations is directly propor-
tional to the oxygen partial pressure and almost independent of the type
of the type of aromatic hydrocarbon or its partial pressure (4, 5, 6).

The “redox” model is simply stated,

k*

7‘=sz(1—9)=~6—

Hence, the rate of hydrocarbon oxidation depends on the fraction of

catalyst surface in the oxidized state which is determined by the steady-
state rates of reduction and oxidation. From the above,

POze (1)

kPs

6= = (2

kPs + Y Py,

giving,

r=—>% 3)

I

k*Po,, = kPg

. k* k*

showing that r — — Pg, when k > — 4)

< 8

the result which has been observed experimentally. The energy of activa-
tion associated with k* has been reported as about 40 kcal/mole (7, 8),
while that associated with k is much less and probably of the order of
27 kcal/mole. The condition k >> k*/pB apparently arises at the rela-
tively low temperatures used experimentally and could conceivably be
reversed at the local high temperatures encountered in nonisothermal
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industrial fixed bed reactors. However, at such high reaction rates, the
rate limitation imposed by the finite rate of mass transfer of hydrocarbon
to the catalyst surface is likely to become important as also, by analogy,
is the rate of heat transfer from the catalyst. These rates are given by,

r = ka(Pp — Ps) = 5’% (Ts — T5)

where Ts — Ty = (kzi)H ) (Pp — Ps) (5)

We have an almost impervious catalyst particle and hence no diffusion or
reaction in pores.

Substituting Equation 5 into Equation 3, and setting R, = k—k‘;; R, =
k* ’

- L (6)

1 5 k,AH
Ts— Ts| T R.Ps, 3

h

When Equation 6 is solved numerically, it is found that multiple steady-
state solutions are sometimes possible. Thus when the L.H.S. is calculated
from typical data for a series of fixed values of T as a function of Tg —
T3 and plotted, a corresponding series of curves is obtained which inter-
sect the plot of the R.H.S. against (Ts — Tp) at either one or sometimes
three points (see Figure 1). In the former case, at high values of T,
“ignition” is obtained at a high reaction rate which is determined almost
completely by the hydrocarbon mass transfer rate when,

k,AH
h

Ts—Tn—’ P};&SPS—)O

and the catalyst particle is some 200°C above its environmental tempera-
ture, Tp.

As T} is reduced, three solutions are possible: a relatively slow re-
action rate-controlled steady state where Tg — T, an unstable inter-
mediate state, and the high temperature physical rate controlled state
previously mentioned.

When T is further reduced, only the relatively slow reaction rate-
controlled steady state is possible corresponding to relative “extinction.”
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Figure 1. Multiple states for a single catalyst pellet

Po: = 0.210 atm; Pg — 0.0097 atm; AH — 359,300 cal/gram mole

S = 5.475 X 10° gram moles/gram-sec-atm; A — 27,450

S* = 4.143 X 10° gram moles/gram-sec-atm; A* — 4000

k:a = 0.00143 gram mole/gram-sec-atm; h/k; = 17.0 cal atm/
gram mole °C

Thus the phenomena of ignition, extinction, and hysteresis as observed
here with the fixed bed reactor are predicted by the “redox” model with
an imposed mass transfer limitation.

The application of this theory to the results with the spinning basket
reactor follow since with this apparatus, physical resistances are removed
and the rate of a chemical step is observed. The latter rate would be that
previously observed using isothermal, differential plug-flow reactors and
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believed to be the rate of reoxidation of the catalyst (Equation 4). When
this rate-limiting step obtains, § — 1, and there is evidence that this
reduced form of vanadium oxide is ineffectual for producing phthalic
anhydride, favoring instead complete combustion of o-xylene (9). This
is observed to be the case with air as oxidant, but when the rate of
catalyst reoxidation is substantially increased by using pure oxygen in
the spinning basket reactor at high temperatures, the rate-limiting step
presumably changes to the rate of surface oxidation of o-xylene, § — 0,
and high yields of phthalic anhydride are obtained. In theory this desir-
able state is obtained in any reactor system when a rate-limiting step,
other than surface reoxidation, prevails.

Nomenclature

Any consistent system of units may be used.

a area of a catalyst particle

AH heat of reaction per mole of o-xylene reacted

h heat transfer coefficient from catalyst surface to bulk gas phase
k surface reaction velocity constant for o-xylene oxidation

k, mass transfer coefficient of o-xylene at the catalyst surface
k* reaction velocity constant for surface reoxidation

Py partial pressure of o-xylene in the bulk fluid

Po, partial pressure of oxygen

Py partial pressure of o-xylene at the catalyst surface

r rate of reaction of o-xylene per unit mass of catalyst

Ts temperature in the bulk fluid

Ts temperature at the catalyst surface

A energy of activation 2 k — sg-A/RT

S pre-exponential factor —se

B moles O, consumed per mole of o-xylene reacted

0 fraction of catalyst surface in the reduced state

¢ see Equation 6
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Radiant Analysis in Packed Bed Reactors

D. VORTMEYER, Technische Universitit Miinchen, 8 Miinchen 13 Tengstrasse
38, Miinchen, West Germany

While it seems acceptable to neglect radiative transfer in homo-
geneous gaseous reactors, the situation is different in packed beds. A
large amount of heat is emitted by the surface of the solid particles,
particularly at higher temperatures, since the emitted energy is propor-
tional to T*. Therefore, the temperature gradients in the reaction zones
of exothermic reactions lead to radiative fluxes as they produce conductive
fluxes. For radiation the magnitude of the fluxes depends mainly on
temperature level and surface emissivity. In the field of heat transfer
several authors have been concerned with radiative transfer in packed
beds. Since their work has been appreciated in earlier papers by the
author, the important contributions are mentioned without discussion
(1,2,3,4,5,6,7).

Equations for Radiative Transfer and Energy Conservation

A one-dimensional treatment of radiative transfer must include ab-
sorption, emission, and reflection or scattering. The previously developed
theory (8) includes these effects. In this theory the radiative flux Q, is
calculated from the partial energy fluxes I and K

Qr=1-K (1)
ar _ — al 4+ bsT* + gK 2)
dx
dK _ _ .
r e aK — bsT gl 3)

These fluxes are assumed to transverse the catalyst bed from the left to
the right (I) and vice-versa (K). The difference between I and K at
any point of the reactor leads to the net flux Q (9, 10).

One of the main achievements of the author’s analysis is the fact
that expressions for a, b, and g were derived so that those coefficients
can be calculated from fixed bed data.

_0+B’+ 0+ B)(1 - B)(1 -1 — B)2

G+ B —0-Bf -9 {4+ B 4)
(1+B2—(1-B2(1-2* 1+ B)d

Q4B+ +B1-B), . (1-B2 .
I=G+B-a-Ba-9" " 9T+ B ©)
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Coefficients a, b, and g depend on the surface emissivity ¢ for ex-
ample, the reflectivity, g, disappears if ¢ — 1. Further, the coefficients
depend on B, a dimensionless number which is called radiation trans-
mission number. This number had to be introduced because radiation
penetrates the bed by the void volume. The numerical value of B may
be taken as ca. 0.1 for average conditions (11).

From photon theory 1/a can be considered the average mean beam
length A for photons. For an emissivity ¢ — 1 and a particle diameter of
d = 0.5 cm a numerical value of A — 0.3 cm is obtained. The radiative
transport Equations 2 and 3 are derived for the homogeneous model of a
packed bed. The equations for a discrete model may be taken from
Ref. 8 or 12. For the simple model of an exothermic fixed bed reactor
the steady-state energy balance may be written as

&T dT _ d(I - K)

e = +|AHI| =0 (7)

hegp T W g T @

where I and K are given by Equations 2 and 3 and r = r (c;, T). The
conservation equations of the chemical species are not included since
they are well known and radiation does not affect them directly.

Steady-State Boundary Conditions

The combined solution to Equations 2, 3, and 7 requires four boun-
dary conditions. Following the normal procedure for evaluating these
conditions, Equations 8 to 11 are obtained.

Entrance section: x = O,

Energy balance:

c aT
UpCp(Tor — To) + (Tor — Kot) — has (—) =0

dr
o+
ar Pe I,, — K
hudad = = (T, — T. ot —hob 8
or (%) =7 @ = 1o 4 T ®
I,, known 9)

Exit section: x = L
Energy balance:

L. |
A |AHI'| dr = upE,, (TL- - Ttn) + (IL- - KL_)
+

dT
- )\az (Tx L (10)

K;_ known (11)
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Without radiation, Equations 8 and 10 lead to the well-known expressions

aT Pe dT
o+ L—-

These conditions depend only on local gradients and properties. The
inclusion of the radiative fluxes I,, and K;,. introduce some changes since
these terms depend not only on local properties but also on longer range
transmission effects. Thus, I,, and K;. depend on the statement of the
problem and must be evaluated for each particular case—e.g., if the
catalyst particles are imbedded between inactive particles with the
emissivity e,

I, =¢eTo*+ (1 — Kot
and KL- = GO'TL_4 + (1 - €)IL-

are not the precise but quite good assumptions. Further, Equation 10
usually can be simplified for an optically thick medium as a packed bed.
Since then long range effects of radiation are absent, T;,. may be regarded
as T,4, and Equation 10 simplifies to:

= aTy _

(IL— - KL—) = )\az (%)L_ =0 (12)
Solutions of Equations 2, 3, and 8 together with the boundary conditions
are presented in Figure 1, where all three possible steady-state solutions
are presented with and without radiation for an Arrhenius type reaction
function.

800 T l T
7833 o , ]
750 ——— : / 01 —]

I [ Up=00gms ! —— without radiation ‘
- A ~~- with radiation

00 —f+- F
/ / ;
/Up= 0086 ms*t
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550 I | I
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Figure 1. Boundary conditions and solutions to
Equations 2, 3, and 8
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Pronounced effects are observed in two cases:

(1) The increase of heat diffusion by radiation decreases the end
temperature of the unstable middle solution.

(2) At a velocity of 0.09 msec? the upper solution is fixed at the
reactor entrance. Without radiation it is just on the verge of being blown
to the reactor end.

Fourier-Type Transport Equation for Radiation
A rearrangement (8) of Equations 2 and 3 results in the following
expression

8 [+
a—+g

Qr =

dT 1  dQre
3
T dx + a® — g* da? (13)
If the second term on the right is zero or much smaller than the first term
on that side, Q; may be calculated for the steady state from a Fourier-
type equation

Qr = — Az dT/dx (14)

2B+ <1 — B)
= 201=B)-<1-B)

with AR 45T3%d = y4sT%d (15)
If there are no chemical reactions, calculations (12) show that there are
no dramatic changes of d?Qr/dx* and |Qr”/(a* — g*)| << |[AedT/dx].
However, for the upper solutions in Figure 1 with steep temperature
gradients, Figure 2 shows that there might be an error of up to 20% if
the radiation flux is calculated from Equation 14. However, the radiation

A ary
é —1_ 0, I-K
N
\
\ e
\
\\
2.0 ‘\
i
|
0 001 002 x [m]—003

Figure 2. Possible error in using Equation 14
to calculate radiation flux (see text)



Published on August 1, 1974 on http://pubs.acs.org | doi: 10.1021/ba-1972-0109.ch001

Library
American Chemical Society

VORTMEYER Radiant Analysis in Packed Beds 47

conductivity approximation reduces the problem of bc’s considerably
since then the conventional conditions are valid with (Ae. + Ar) instead
of Ags.

Figure 3 shows plots of the y factor as a function of ¢ and B and com-
pares them with results of other authors. The author’s analysis covers
most of the previous results as special cases.

/
U] /
Vortmeyer: B =02
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u. Smith
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Figure 3. ¢ as a function of e and B for this work
and that of others

Moving Reaction Zones

From the solution of the unsteady-state energy equation the moving
velocity of reaction zones could be calculated with and without the
influence of radiation. Results obtained so far agree well with experi-
mental work on this subject.

(1) Damkohler, G., “Der Chemie-Ingenieur,” Bd. III, 1. Teil, pp. 445-6,
Akad. Verlagsgesellschaft mbH, Leipzig, 1937.
(2) Argo, W. B., Smith, J. M., Chem. Eng. Progr. (1953) 49, 443.
(3) Yagi, S., Kunii, D., AI.Ch.E. J. (1957) 3, 373.
(4) Schotte, W., A.I.Ch.E. ]. (1960) 6, 63.
(5) Hill, F. B., Wilhelm, R. H,, A.L.Ch.E. ]. (1959) 5, 486.
(6) van der Held, E. F. M., Appl. Sci. Res. (1952) A3, 237.
(7) Chen, J. C., Churchill, S. W., A.I.Ch.E. J. (1963) 9, 35.
(8) Vortmeyer, D., “Fortschritt-Berichte VDI-Zeitung,” Reihe 3, Nr. 9 (1966);
Habilitation vom 28.7.1965; Chem. Ing. Tech. (1966) 38, 404.
(9) Schuster, A., Astrophys. J. (1905) 21, 1.
(10) Hamaker, H. C., Phillips Res. Rept. (1947) 2, 55, 103.
(11) Vortmeyer, D., Borner, C. J., Chem. Ing. Tech. (1966) 38, 1077.
(12) Vortmeyer, D., Ber. Bunsenges. Phys. Chem. (1970) 74, 127.
(13) Wicke, E., Vortmeyer, D., Z. Elektrochem., Ber. Bunsenges. Phys. Chem.
(1959) 63, 145.
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Experimental Evaluation of Dynamic Models for a Fixed-Bed
Catalytic Reactor

J. A. HOIBERG, B. C. LYCHE, and A. S. FOSS, Department of Chemical
Engineering, University of California, Berkeley, Calif.

Several dynamic experiments were perfarmed on a laboratory fixed
bed reactor to evaluate the importance of the various physical and physi-
cochemical phenomena influencing reactor behavior. The reactor’s ob-
served frequency response was compared with that predicted by three
different mathematical models. The models comprised both one- and
two-dimensional continuum representations, one of which accounted for
resistance to intraparticle transport of reactant. By this approach it was
possible to investigate the importance of such effects as heat transport
processes, nonlinear phenomena, and intraparticle transport resistance.

The highly exothermic reaction between hydrogen and oxygen was
carried out in a l-inch diameter glass tube reactor 20 inches long. The
catalyst was platinum and was deposited in small amounts on silica gel
granules about 0.5 mm in diameter. Typically, the reactor was operated
with a feed of 1 mole % oxygen and 99% hydrogen at 100°C. Dynamic
experiments were performed by perturbing the feed concentration or
feed temperature in a sinusoidal manner. Temperature and oxygen con-
centration were measured every two inches along the reactor centerline
and occasionally across the radius.

In experiments in which the peak-to-peak temperature excursion
reached 114°C within the reactor, we observed definite distortions of the
sinusoids, but these were very simple in character. The peaks of the
sinusoids were either flattened or sharpened, and the waves were slightly
skewed, with the back side the steepest. The distortion of the peaks can
be traced to the convexity of the reaction rate-temperature function; the
origin of the skewness was not investigated.

No noticeable distortion in the sinusoids was observed when peak-
to-peak temperature excursions everywhere in the bed were less than
30°C. Some typical results of experiments under those conditions are
shown in Figure 1. Amplitude and phase of both the temperature and
concentration waves resulting from temperature forcing are displayed as
a function of position in the bed at three forcing frequencies. Similar
data were obtained for the forcing of feed concentration but are not pre-
sented here. These results show at a glance the complex behavior of
disturbances in this type of reactor. A detailed interpretation of such
behavior has been given (1). Figure 1 also shows that the two-dimen-
sional model investigated is remarkedly descriptive of the physical proc-
ess. A one-dimensional model was found to do almost as well.
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Temperature Forcing
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Figure 1. Amplitude and phase behavior of temperature and concentra-
tion waves at the centerline: temperature forcing

All three mathematical models investigated were of the plug-flow,
locally linear, continuum type. The two-dimensional model, whose pre-
dictions of reactor behavior are shown in Figure 1, accounted for the
radial transport of heat and mass by diffusive processes, radial velocity
profile, variable gas density, pressure variations, thermal capacitance of
catalyst and reactor wall, and finite rates of heat exchange with these
capacitances. In this model, the concentration and temperature within
the catalyst particles were considered uniform. The influence of intra-
particle concentration gradients was investigated, however, by studying a
second model. This model was one dimensional, but otherwise retained
the features of the two-dimensional model. The simplest model consid-
ered was one-dimensional with no account taken of variable gas density
or gradients within the catalyst particles.

A study of these models and comparison of calculations with experi-
ments have led us to the following conclusions.

(1) The only dynamic element of consequence in these reactors is
the transport of heat at finite rates to and from the stationary thermal
capacitances. One must therefore take care in modeling the thermal
dynamics of the bed. The other physical and physicochemical processes
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interact with and are influenced by the heat transport process in a way
that may be considered nondynamic.

(2) Locally linear, plug-flow models are remarkably descriptive of
the principle dynamic characteristics of these reactors, even with tem-
perature excursions that cause a doubling of the chemical reaction rate
(30°C in these experiments). Nonlinear effects that appear for larger
excursions are simple in nature. These models require accurate modeling
of the steady state, which implies care in representing heat exchange with
surroundings and heat generation by reaction.

(3) Evidence of intraparticle diffusion limitations was found in the
most reactive locations of the bed. However, these effects under dynamic
conditions can be treated in a purely quasi-static manner.

(4) A major concern in choosing between a one- and a two-dimen-
sional model is accuracy in representing the steady-state profiles. A
two-dimensional representation seems necessary when radial temperature
differences exceed 20% of the absolute tempreature level. The dynamic
behavior in these experiments was represented well by a one-dimensional
model because radial temperature gradients were small.

(5) The influence of a nonuniform fluid velocity across the bed
radius was found to be negligible. Under dynamic conditions, coupling
between temperature and fluid velocity owing to density changes was
also found to be negligible.

(1) Sinai, J., Foss, A. S., AL.Ch.E. ]J. (1970) 16, 658.

Fixed Bed Reactor Analysis by Orthogonal Collocation

BRUCE A. FINLAYSON, Department of Chemical Engineering, University
of Washington, Seattle, Wash. 98105

Consider the equations governing a fixed bed catalytic reactor under
the assumptions of constant physical properties and plug flow.

ac 19 ac
&“’;7(%7)“’“0’” M
T 10 [ aT )
&— a;a—r(ra)-i-BR(c,T)
9 _ o, - _ BT — Twyatr =1

ar T
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where « — Ld,/R?Pey;, o — Ld,/R?Pey, L and R are the length and
radius of the reactor, d, is the particle diameter, Peyy = Gd,/Dep and
Pey — Gd,C,/k, are the Peclet numbers for mass and heat, G is the
mass flow rate, D, and k, are the effective diffusivity and conductivity.
The Biot number h,R/k, is defined in terms of the effective thermal
conductivity and tube radius, whereas the Nusselt number, h.,d,/k; is
defined in terms of the particle diameter and fluid thermal conductivity.

The orthogonal collocation method is applied as outlined by Villad-
sen and Stewart (1) and Ferguson and Finlayson (2). It reduces the
system of partial differential equations (1) to a set of ordinary differential
equations in z, which are integrated numerically.

de. N+1
7; =a igl Bjic; + BR;
j=12...,N
N+1
dT;
7—" = az' Z BjiCi + S'Rj (2)
z i=1
N+41
- ’Zl AN+1,iTi = Bi(TN+l - Tw)
1=
N+1
> Anpyici=0
1=1

where T; and c; are the temperature and conversion at the collocation
points and the matrices A and B are easily calculated (1). In the first
approximation the equations are identical to a lumped parameter model
(no radial variations in ¢ and T) with the equivalent heat transfer
coefficient, U.

1 1 /1 1

N = (57 + 3) ®)
—l}. = i + 31—% (Jacobi) 4)
1 1 R
U= + 1% (Legendre) ®)

where Nu' — 2UL/GC,R. If Legendre polynomials (2) are used, in the

first approximation the concentration is constant in r, the temperature is
parabolic in 7, and the reaction rate is evaluated at the average tempera-
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ture. The equivalence (5) has been shown before for a parabolic tem-
perature profile (4, 5,6,7,8,9).

The ratio of 1/Bi compared with 1/Bi + 1/3 gives the percentage
of the thermal resistance occurring at the boundary: Bi — 1, 75%; Bi —
20, 13%. Thus for small Biot numbers most of the resistance occurs at
the wall, and only a one-dimensional treatment is necessary. Since the
one-dimensional model corresponds to the first approximation in the
collocation method, as Bi increases, the number of terms in the approxi-
mate solution can be increased to account for the two-dimensional nature
of Equation 1.

Numerical computations were made for Bi = 1 or 20, « = o’ = 1,
B=03p=02R=(1—c)exp (y —y/T),y=20,T, —=0920r 1.
When Bi — 1, the first approximation predicted the hot spot within 2%.
The Jacobi polynomials gave better results than Legendre polynomials
in the first approximation, whereas the Legendre results converged faster
(in higher approximations). A two-term collocation solution was as
accurate and four times as fast as a six-term finite difference solution.
For Bi — 20 the first approximation was less suitable, but a four-term
collocation solution was as accurate and three times as fast as an eleven-
term finite difference solution. When using 200 steps in the z direction,
four collocation points, and the Runge-Kutta method of integrating the
ordinary differential equations, the computation time on the CDC-6400
computer was 2.1 seconds.

Computations were also done using the experimental velocity pro-
files of Schwartz and Smith (10) for a 4-inch diameter tube, 80 inches
long, packed with 5/32-inch diameter spheres. The effective diffusivity
and conductivity were calculated using

G(r)d,/D(r) p = 10 (6)
ko/k; = 8.1 + 0.09 Re Pr, Re = G(r)d,/u. )
k./k; = 6.9 + 0.01 Re Pr, within 14 d, of wall (8)

Equation 6 and the form of Equation 7 have been verified experimentally
by Schertz and Bischoff (11), while Equations 7 and 8 are predicted
using the methods of Baddour and Yoon (3). Experimental comparisons
are given by these authors and Yagi and Kunii (12).

When using Equation 8, the heat transfer resistance at the wall is
accounted for by the lower value of k. rather than a heat transfer coeffi-
cient. During the calculations, a Biot number was calculated using

Bi = 45—,
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where <T> is the average temperature within one-half particle diameter
of the wall. This distance was chosen because the void fraction rises
rapidly from 0.4 to 1.0 there. This Bi varied only a few percent down the
bed, and typical values are given in Table I. This Bi was then used in

Table I. Typical Bi Values
Re ke(1)/keyarg  Bi(predicted)

375 0.23 15
189 0.35 20
85 0.52 29

the model with a flat velocity profile and heat transfer resistance (Equa-
tion 1), and good agreement was obtained between the two models. This
suggests that it may be possible to predict the heat transfer coefficient
which causes the two mathematical models to agree.

(1) Villadsen, ]J. V., Stewart, W. E., Chem. Eng. Sci. (1967) 22, 1483.
(2) Ferguson, N. B., Finlayson, B. A., Chem. Eng. J. (1970) 1, 327.
(3) Ba;ldour, R. F., Yoon, C. Y., Chem. Eng. Prog. Symp. Ser., No. 32 (1961)
7, 35.
(4) Crider, J. E., Foss, A. S., ALCh.E. J. (1965) 11, 1012.
(5) Barkelew, C. H., Chem. Eng. Prog. Symp. Ser., No. 25 (1959) 55, 37.
(6) Beek, J., Jr., Singer, E., Chem. Eng. Sci. (1951) 47, 534.
(7) Froment, G. P., Chem. Eng. Sci. (1962) 17, 849.
(8) Hoelscher, H. E., Chem. Eng. Sci. (1957) 6, 183.
(9) Quinton, J. H., Storrow, J. A., Chem. Eng. Sci. (1956) 5, 245.
(10) Schwartz, G. S., Smith, J. M., Ind. Eng. Chem. (1953) 45, 1209.
(11) Schertz, W. W., Bischoff, K. B., A.I.Ch.E. J. (1969) 15, 597.
(12) Yagi, S., Kunii, D., A.I.Ch.E. J. (1957) 3, 373.

Oxidation of SO, in a Trickle-Bed Reactor Packed with Carbon

M. HARTMAN, J. R. POLEK, and ROBERT W. COUGHLIN, Lehigh Uni-
versity, Bethlehem, Pa.

Both the Lurgi “sulfacid” and the Hitachi processes for removing
SO, from flue gas involve the reaction of SO, and oxygen at the surface
of a carbon catalyst to form SO, which is washed away with water as
sulfuric acid. The steady-state, continuous, countercurrent contacting of
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SO,-bearing flue gas with water in a column packed with carbon can be
modeled by combining the classical treatment for gas absorption with
expressions for the rate of transport through the liquid and for the rate
of catalytic reaction within the porous carbon.

The rate of chemical reaction was determined by carrying out ex-
periments in a well-stirred batch reactor saturated with sulfur dioxide
and oxygen into which catalyst is introduced and the rate of sulfate
production measured. By doing this with both powdered and pelletized
or granular carbon, effectiveness factors can also be estimated. Some
representative results are given in Table I.

Table I. Typical Experimental Results
Oxidation Rate,  Effectiveness

Type of Carbon mg SO.2~/min gram Factor
North American carbon extruded

pellets, 1/16 by 3/16 inch 190 0.55
Westvaco WV-G, 12 X 40 mesh 240 0.27
Pittsburgh BPL 12 X 30 mesh 490 0.78

The model of steady-state, countercurrent contacting of gas and
water in a carbon-packed column is based on the rate of transfer from
gas to liquid and to packing in a differential section of the column, dz:

Gdy, = fK1a)(Chi — C1)Adz + (1 — )KmC1iC2>°Adz
and
Gdy2 = fKLa2(02,’ - Cz)Adz + Vz(l - f)KrT]CIi02iO5'AdZ

G is the molar gas flow rate, y is the mole fraction of SO, (subscript 1)
or O, (subscript 2) in the gas, K;a is the composite mass transfer co-
efficient, f is the fraction of the carbon packing wet by the liquid, Cy
and C,; are the liquid compositions at the gas-liquid interface, C; and
C; are the bulk liquid compositions, A is the cross sectional area of the
column, K, is the reaction rate constant per unit volume of packed col-
umn, and 4 is the effectiveness factor. The rate of transport into the
liquid equals the rate of increase of bulk liquid composition plus the
rate of chemical reaction:

fK 1ay(Cy; — C1)Adz = LdC, + fK xCa®3Cs2Adz
and
fK 1a2(Cy; — C2)Adz = LdCy + V4fKCnC2-3Adz

where L is the liquid flow rate and C,; and C,. are the liquid composi-
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tions at the liquid-solid interface at the exterior surface of the carbon
pellets.
The rate of production of HoSO, (subscript 3) may be written:

LdC; = fKmCuCs*%A4dz + (1 — f)KmC1:C2:0-%Adz

The variables C,; and C,; may be eliminated using the expressions:

1(1"f10.310.s20'5 = KLsal(Cl - Csl)

and

KrnCleﬂo's = 2KLsa'2(C2 - Ca2)

where Ky.a is the composite mass transfer coefficient for transport from
bulk liquid to the interface between liquid and the external area of the
carbon catalyst. Aside from the usual kinds of assumptions, the equa-
tions above imply that transport takes place only in directions perpen-
dicular to the external surface of the carbon packing, that the non-wet
portions of the carbon are coated with an infinitestimally thin layer of
liquid in equilibrium with the gas, and that the pores in the carbon are
filled uniformly with liquid.

When the above equations are solved numerically using vapor—
liquid equilibrium data, experimental reaction rate data, and correlations
for mass transfer coefficients it is found that if f is assumed equal to unity,
the model and experiment do not agree at the lower liquid rates. The
experimental data indicate more reaction than does the model when liquid
rates are low. At larger liquid rates, however, the predictions of the
model tend to converge with the experimental results. This implies that
the carbon packing is not completely wet (f < 1) at the lower liquid
flow rates. Choosing values of f < 1 can force the model to agree with
experiment at lower liquid flow rates.
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Polymerization Kinetics and Reactor Design

REUEL SHINNAR and STANLEY KATZ

Department of Chemical Engineering, The City College of the City University
of New York, New York, N. Y. 10031

An informal review is given of the author's view of the
present state of engineering knowledge in polymerization
kinetics and the present state of the art in the design of
polymerization reactors. The discussion focuses on key
areas where information for reactor design is needed and
relates them to the design and scale-up of the reactor.
Special emphasis is given to the effect of reactor configura-
tion. Optimization methods and the importance of proper
control strategy are also discussed.

The recent advances in polymerization kinetics and design of polymeri-
zation reactors have been aptly summarized in recent reviews (I1—4)
which include most of the published articles. We therefore decided that
instead of repeating these efforts we would devote this review to taking
stock of our opinion of where we stand today and what problems must
be solved to bring the design of polymerization reactors to the same level
as conventional reactor design.

Basically, polymerization is a complex chemical reaction, and there-
fore most of the concepts developed with respect to the design of re-
actors for such reactions apply also to the design of polymerization
reactors. Thus, what are the significant differences of polymerization as
compared with other complex chemical reactions that merit special
attention? Let us briefly consider what is the information generally
needed for the successful design and control of a chemical reactor.

Assume we already have a process giving a desired product. What
we need for design is:

(1) Specifications and tolerances for the product quality, the yields
needed, etc.

(2) An engineering kinetic model allowing us to predict the effect

of changes in the process parameters (temperature, inlet concentration,
transport processes) on the yield and desired products.

56
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(3) A description of the transport processes occurring in the re-
actor; in other words, a flow model and an evaluation of the effect of
transport processes on the kinetics.

With this information in hand, we can then undertake to consider:

(41 ) A suitable design configuration allowing safe scale-up and easy
control.

(5) Optimization of design and operating conditions.

(6) Control strategy to ensure conformance to specifications.
The body of this review takes up these points in order.

Product Specifications

Perhaps the most characteristic feature of polymerization reactor
engineering is the fact that in a majority of cases the specifications are
not given in terms which are suitable for reactor design. Let us assume
for a moment that we have a simple polymerization process, where only
one type of polymer is possible and that we know the kinetics sufficiently
to predict the effect of all variables. What we are going to predict are
molecular weight distributions (MWDs). However, product specifica-
tions are given in completely different terms: mechanical strength, elec-
trical properties, corrosion resistance, performance in molding and
extrusion equipment, etc. While for this simple case all these properties
should be completely specified by the MWD, what these relations are
is in no way obvious. Nor is it clear that anybody is ready to undertake
the research and testing necessary to collect the data allowing one clearly
to translate the product specifications into limits on the allowable MWD.

What is often done is to set arbitrary specifications on the leading
moments of the MWD, usually on the weight average molecular weight
2 which is accessible by intrinsic viscosity measurements, and sometimes
on the ratio u./p (weight average to number average molecular weight)
which is related to the variance of the distribution. For quality control,
where perturbations are very small, this is satisfactory. As a general
specification this is more questionable since some properties depend
more strongly on the tail of the MWD (5, 6, 7).

It has been shown that non-Newtonian properties of solutions de-
pend strongly on the higher moments of the MWD. In general one would
expect that viscoelastic properties in the liquid state (melt or solution)
which affect the processing properties of the polymer are strongly affected
by the high molecular weight tail of the distribution. Stability and
chemical reactivity, on the other hand, might often depend on the low
molecular weight tail. Some work has been published on the effect of
molecular weight distributions on melt fracture (8).

Sometimes even a qualitative knowledge as to the effect of the tails
of the MWD could be valuable. People sometimes tend to say that a
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more uniform molecular weight is desirable, but there is often no evi-
dence that this is true.

In no way do we intend to present here a comprehensive review
of this important subject. What we do want to point out is that this is an
important area which must be much further advanced than it is today
before we can really think about optimization strategies in both design
and control since any such optimization procedure will affect the MWD
as well as the degree of branching or copolymerization. Without a more
precise knowledge of what is desirable or permissible such optimization
procedures will often remain mathematical games.

The problem of proper specifications becomes much more difficult
if we are dealing with more complex systems involving branching, co-
polymerization, etc., in which the MWD alone does not specify the
polymer.

There are many chemical processes in which similar problems exist,
such as for example in the oil and drug industry. However, in the oil
industry the final properties are easier to measure and less critical, and
in the pharmaceutical industry purification processes are often possible.
This brings us to our last point—namely, that polymerization normally
leads to a product which cannot be further corrected by purification,
though other correction methods are often possible.

Kinetic Models

Kinetic modelling for purposes of reactor design and operation in-
cludes a wide range of approaches. Seldom do we need (or can we
obtain) an accurate kinetic description of the elementary steps involved
in the process. The level of complexity needed often depends on how
the model is to be applied. For example, consider a complex reaction
from another field—i.e., fluidized bed cracking. An extremely simple
model of this process

fuel oil — gasoline — gaseous products

contains most of the essential features for safe scale-up. It tells us that
we are dealing with a consecutive reaction and that deviations from plug
flow might have undesirable effects. Evaluating the temperature de-
pendence of the two pseudo-reaction rates might give us a good idea as
to the allowable tolerance on the temperature. On the other hand, the
model might be much too crude to answer questions about optimum
process conditions. Thus, if we want a kinetic model to predict the per-
formance of different fuel stocks in a reactor, we need a much more
elaborate model. In no case do we even attempt to describe the behavior
of the several hundred identifiable chemical compounds involved, and
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as in any simplified model one important question is to understand the
errors introduced by simplifications. There have been considerable ad-
vances in this area with respect to complex chemical reactions, and
similar work might be useful in polymerization kinetics. However, the
problems arising in polymerization kinetics are somewhat different and
merit discussion.

To illustrate these problems, we consider in turn several areas of
polymerization study, first, from homogeneous polymerization, and sec-
ond, from heterogeneous polymerization.

Homogeneous Polymerization. In most homogeneous polymeriza-
tion processes, there has been tremendous progress in recent years in
understanding and modelling the kinetics both in batch processes and in
continuous reactors. These include linear free radical polymerizations
(9, 14), polycondensation (15), as well as polymerization processes
involving branching (16).

These modelling methods have some problems in common. All of
them deal with the development of a distribution in time, a problem
which is not normally encountered in the study of kinetics of complex
chemical processes mentioned before. These problems are similar to
those encountered in the study of particulate processes such as crystalli-
zation, fog formation, etc. (17). One of the problems in a study involv-
ing distributions is the dependence of rate parameters on particle size
(in our case radical size) and on the state of the system.

Consider a simple free radical polymerization with mutual termina-
tion, described by the following set of equations:

ko
Initiation: M+1I->R,
ke,
Propagation: R;+ M — R;.,
kr,,

Termination: R; + R; — Py

M denotes monomer, I, initiator (catalyst), and R; and P;, respectively,
growing radical and terminated polymer of the indicated number of
monomer units. The simplest thing is to assume that all the rate constants
k are functions of temperature alone, independent of i, j, and the state of
the system, but it is hard to put up convincing prior argument for these
assumptions. First, one would expect from purely kinetic considerations
that rates of elementary steps would depend on the complexity of the
molecules and their steric configuration. Thus the chance of two large
complex molecules terminating on collision should be considerably lower
than that of a large molecule with a smaller one, or of two smaller ones.
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Termination at least should be size dependent. For some complex
molecules one could also make a similar argument with respect to propa-
gation. On the other hand as the polymerization progresses, the presence
of dead polymer dissolved in either the monomer or the solvent will affect
the diffusivities and the viscosity of the system and in some cases this
will affect the rate constant.

Mathematically one can find ways to handle these effects. Some
mathematical approximation for the dependence of kr and ke on i and j
lead to still manageable expressions. One can also make ke and kr
depend on the conversion, as given. Some of these problems are dis-
cussed in more detail in this volume (14).

Similar arguments can be made with respect to more complex
polymerization models. The amount of complexity that is desirable is
limited not just by mathematical considerations but much more by what
is experimentally accessible and further by what are the goals of our
modelling.

If only a weight average molecular weight based on intrinsic vis-
cosity measurements and perhaps a number average molecular weight
based on osmotic pressure is available, then obviously there is little sense
in making very refined assumptions with respect to the size dependence
of the kinetic constants. On the other hand, if those averages change
significantly with conversion, one can still make some reasonable deduc-
tions as to the dependence of the rate coefficients on the state of the
system.

With the availability of more accurate methods of measuring a
complete MWD, by gel permeation chromatography (GPC) or by other
methods of fractionation, we are coming to the state where we can get
data to test the validity of our basic kinetic models and the simplifying
assumptions involved.

Most of the work until now has dealt with summary properties of
the MWD and trends predicted by the kinetic models, and there has
been little work to confirm the results by accurate measurements of the
MWD. There has also been little attempt to measure and estimate the
individual rate constants for the more complex models, and here one
faces a formidable task for which there is a need not only for more
accurate experimental method and data but also for more basic theo-
retical work. One of the summaries (18) in this volume deals with an
interesting attempt to estimate rate constants together with their activa-
tion energies for the homogeneous polymerization of polyethylene. Since
the full results are not published, it is premature to discuss these results,
but we can discuss the inherent difficulties of such an undertaking.

The basic difficulty is to determine confidence limits on our estimates
of the rate constants, which is always a problem when we deal with the
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simultaneous estimation of several rate constants from integral data. We
ask over what domain the set of rate constants, k;, k, etc. can vary and
still be statistically consistent (at an assigned probability level) with our
experimental results.

To determine these limits we need first an idea of how accurate our
measurements are and how many independent measurements we have.
Assume at first that we have only intrinsic viscosity and osmotic pressure
measurements. These give us data related to the first two moments of
the distribution. We know something about the accuracy of these meth-
ods, but not enough about the dependence of this accuracy on the form
of the distribution. These are not direct measurements of the moments,
and their accuracy does indeed depend strongly on the form of the
distribution. A low molecular weight tail will not affect the osmotic
pressure since this part of the distribution often passes the membrane
or is washed away in sample preparation. In the same way, while the
intrinsic viscosity is related to weight average molecular weight, the
averaging process is not especially straightforward, and the accuracy
depends strongly on the form of the distribution.

The same applies to methods of measuring distributions, like GPC,
which normally, unless special efforts are made, are adjusted to be more
accurate in the middle of the distribution than at the tails.

When fitting a measured distribution, how many independent ob-
servations do such measurements really contain? If the distribution were
really measured accurately and independently over the whole size range,
the number of (statistical) degrees of freedom would be infinite. In
GPC, with its limited experimental accuracy, the number might however
be no more than three or four. In some ways the problem is similar to
the estimation of the spectral distribution of a random signal, and the
analysis of Tukey (19) and others might be suggestive in this context.

It is just in extrapolation to conditions far from those studied experi-
mentally that it is important to have tight confidence limits on the kinetic
parameters. In the range of the experimental data, the fit will usually
be quite good.

Heterogeneous Polymerization. We turn now to a consideration of
some problems from heterogeneous polymerization, noting that many of
the industrially important polymerization processes—emulsion precipi-
tation, and suspension polymerization—are carried out in heterogeneous
systems.

Two idealized models of heterogeneous processes have been studied
well. One is the case where the second phase is treated as a uniformly
mixed single continuum with mass transfer between the phases (20).
The second is the case of emulsion polymerization, in which it is assumed
that the termination rate is high and the number of particles very large
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so that each particle contains either one or zero growing radicals (21,
22). Experimentally, it has been shown that in the non-ideal state of
emulsion polymerization the number of radicals is larger than one-half
but still small. The first model involves the assumption that the number
of free growing radicals in a single droplet or particle is very large. The
necessity of this assumption was checked in a recent paper (23) in
which it was shown that it is sufficient that the number of free radicals
per particle exceeds 2 for the resulting distribution to be approximated
reasonably by the case of an infinite number of radicals. The intermediate
case is also treated.

The main difficulty with either assumption is that the second phase
is assumed to be uniformly mixed, with the rates of growth and termina-
tion (or probabilities, in stochastic models) independent of the size of the
radical or its position inside the particle. This is not a very reasonable
assumption in suspension polymerization in those cases where the free
radicals are generated in the water phase. There have been very few
data as to how justified this assumption is in emulsion polymerization or
precipitation polymerization, and more work is needed to show if these
models lead to sensible over-all predictions for these processes.

There has been considerable work on the molecular weight of emul-
sion polymer as a function of processes variables, though not too much
has been published in the way of experimental results on the actual dis-
tribution. In many cases there seems to be an initial time span during
which the ideal assumption that the mean number of radicals per par‘icle
n — % seems to hold. One common check of this assumption is the sud-
den introduction of additional initiator into the system. If n — %, the
rate of polymerization should remain constant. This effect is often used
to test the applicability of the basic theory.

The basic Smith-Ewart theory not only predicts the molecular weight
distribution for this case but also the number of particles as a function
of initiator and soap concentration and seems to lead to correct estimates
of the magnitude of these parameters. However, recent, more detailed
measurements throw some doubts on the validity of the theory.

Williams and others (24) have followed the developing molecular
weight as a function of time and found that in some cases the molecular
weight of the polymer formed increases strongly as the particles grow
while initiator perturbation experiments indicate that n is still %. One
possible explanation would be that the transfer of a small growing radical
to a polymer particle depends on the surface conditions and perhaps also
on soap concentration at the surface. As these change, the effective num-
ber of free radicals generated changes since the rest terminate with a very
small size in the water phase. However there are several other hypotheses
that could explain the same phenomenon, and more experiments are
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needed to clarify the problem. Thus, this case illustrates a point men-
tioned previously—namely, that a model can fit some over-all data fairly
well and break down when some more detailed predictions are required.

Another test of a kinetic model is to predict, for example, the be-
havior of a continuous stirred tank reactor from batch data. Here the
data presented by Poehlein (25) are very interesting. Most of the data
were obtained with low conversion in a system where one would expect
the Smith-Ewart theory to hold. With respect to some important parame-
ters like average molecular weight the theory does not even predict a
correct trend. The molecular weight seems to be completely independent
of residence time, whereas the theory predicts a strong dependence (25).
The size distribution of the particles themselves is also completely differ-
ent in shape from what one would expect and is much flatter, again indi-
cating some basic difficulties. On the other hand, the dependence of the
average size of the particles on the system parameters is predicted with
remarkable accuracy. We note therefore that even in the simplest case of
emulsion polymerization we need much more work before we can apply
the results with confidence to the prediction of the steady state and
dynamic behavior of a reactor.

Another problem in which one needs considerable additional infor-
mation is the mechanism of nucleation in both precipitation and emulsion
polymerization (21, 26, 27). Such reactions involve continuous simul-
taneous nucleation of new particles as well as growth and in that sense
are similar to crystallizers. It has been shown for continuous crystallizers
that prediction of their behavior requires a good understanding of the
dependence of the rate of new particle formation on the process
parameters.

Most theoretical studies of free radical polymerization deal with
cases in which the reaction does not depend on the degree of polymeriza-
tion or in the state of the product. In many real cases these are dominat-
ing effects on the MWD. Thus in homogeneous polymerization the gel
effect becomes important at higher viscosities (14, 28). In emulsion
polymerization there are several effects. The effectiveness of capture de-
pends on particle size and soap concentration (24), the termination rate
depends on particle size (29), and furthermore the propagation and
termination of captured radicals will depend on their mobility inside the
particle, which changes with particle size and degree of polymerization
(30), all effects which have had little theoretical or experimental treat-
ment till now. Similar arguments apply to precipitation polymerization
(31).

The fact that most of our theoretical models are only imperfect
idealizations is often not mentioned when dealing with practical prob-
lems (32). In experimental research we often concentrate on those con-
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ditions where one would expect that our assumptions have the best
chance to be correct, such as low viscosity systems in homogeneous
polymerization and the initial phase of emulsion polymerization. This is
justified in research, but one should be very careful when applying the
results to real systems in which these non-idealities may have a dominat-
ing effect on the MWD.

Transport Processes

The critical transport process for reactor performance is commonly
material mixing, and we accordingly present here a brief discussion of
how mixing and mixer design affect the performance of polymerization
reactors. These effects may be classified under two headings. First, in
heterogeneous systems, the mixing affects the physical state of the system,
and thus the particle size, etc. Second, mixing affects the apparent
kinetics and the resulting MWD in homogeneous as well as heterogeneous
systems.

We discuss first the specific effects in heterogeneous systems. In
suspension polymerizations the monomer is dispersed in water and kept
dispersed by the combined action of turbulent agitation and a protective
colloid. To prevent occlusion of water and impurities, it is important
that the individual droplets do not coalesce and redisperse throughout
the polymerization process. The prevention of coalescence of such large
droplets by agitation was studied by Shinnar and Church (33), but the
authors are not aware of any industrial data published since then. It is,
however, well known that correct design of the agitator is important in
scale-up of such reactors, and that scale-up can lead to changes in the
size and stability of the droplets. In continuous reactors the droplet sta-
bility problem becomes somewhat more complex since fresh monomer
is immediately exposed to partially polymerized droplets of higher vis-
cosity. No experimental data have been published with respect to this
problem. In some applications uniform size is important, but there are
no published data on the effect of colloid and agitation on the size distri-
bution, though the authors are aware that there is considerable industrial
know-how in existence and that the variance of the droplet sizes can be
strongly reduced by proper choice of the above parameters.

There have been several attempts to study the effect of agitation on
emulsion polymerization (34). However there is little evidence that
agitation has any effect as long as the intensity is above a minimum
threshold value that prevents separation of the monomer or any large
scale sedimentation. There is no evidence for a maximum allowable
intensity, nor is the process as sensitive to agitation as suspension polym-
erization. This is not surprising since normal agitation has little effect
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on emulsion particles in the submicron size, which are much smaller than
the smallest eddy. However, agitation affects the monomer droplets, but
it seems that their size is not critical. There seems to be little indication
that further work would lead to a big payoff. In continuous emulsion
polymerization there is, however, one aspect of agitation that might need
attention, and that is the effect of locally higher concentration of emulsi-
fier on nucleation. Nucleation phenomena are often sensitive to agitation,
because nucleation is a highly nonlinear phenomenon and might be
controlled by higher concentrations near the inlet.

The considerations noted above about nucleation and about the
effect of agitation on particle size apply equally to precipitation
polymerization.

We turn now to the question of how mixing affects the apparent
kinetics and the resulting MWD in polymerization reactors. These effects
arise in both homogeneous and heterogeneous polymerization, although
in systems where nucleation must be considered they are complicated
by the effect of mixing on the nucleation rate.

The strong effect of mixing on the MWD has been documented by
Denbigh (35) and others (34, 36, 37) but in these studies, the mixing
properties and the flow regime interrelate so strongly with the choice of
reactor configuration that this discussion is carried to the next section.

Reactor Configuration

Questions of reactor design and scale-up in quite general contexts
can be formulated as follows:

(a) Given a complex chemical reaction, what is the best reactor
configuration?

(b) Given pilot plant experiments in a given reactor configuration,
how can we with confidence predict the behavior of the large scale plant?
Sensible answers to these questions depend most strongly on knowledge
of flow patterns and mixing processes.

Let us start with the second question. Reading the literature one
might somehow get the impression that we can take any complex reactor
—e.g., a fluidized bed—and predict its scale-up for any complex reaction
by admittedly complex but reliable computations based on measurement
of the residence time distribution. In fact what we can really do is much
less ambitious though often satisfactory. The only reactors that we can
really scale up with good confidence are plug flow reactors (or near plug
flow reactors) and stirred tanks which are close to being ideally stirred
tanks. First, we seldom know the reaction mechanism for complex reac-
tions that well, and secondly, even if we did, it would be hard to predict
the exact flow regime of a complex reactor for a new system unless we
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built one. Let us not confuse our ability to explain the behavior of exist-
ing reactors with confident scale-up. As long as we deal with small devia-
tions from either plug flow or a stirred tank, it really does not matter too
much what the exact nature of such deviations is since most analyses show
that for small perturbations the nature of the perturbation has only minor
effect. Indeed, we can often put a bound on the possible magnitude of
such deviations and estimate their effect. We can base such estimates
on an approximate knowledge of the kinetics, or we can simulate such
deviations experimentally to see if they have an effect. The possibility of
simulating small deviations from complete mixing in a pilot plant is often
overlooked. In most cases such simulation cannot be done by reducing
agitator speed. Large vessels have considerable mixing times. To simu-
late the same ratio of mixing time to residence time in a small reactor of
the same design will often change the flow regime or call for impractical
mixer design, a fact that limits many of the experimental investigations of
imperfect mixing. However, mixing patterns involving small deviations
from ideal mixing can be simulated under perfectly controlled conditions
using highly stirred tanks such as in Figure 1.

These difficulties do not mean that we cannot scale up a simple
fluidized bed or any other complex flow. Many reactions are not sensitive
to mixing patterns or to contact time distribution. This insensitivity can
be deduced for simple reactions by theoretical considerations or by
experimental perturbations of the system. We can often decide quite
confidently on the basis of previous experience what the risks of a scale-up
are. '

It is the combination of complex mixing and a flow-sensitive reaction
which we cannot confidently handle. Luckily, these cases are not that

Figure 1. Controlled simulation of finite initial mixing
times in a pilot plant reactor
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frequent, and it will probably always be cheaper to redesign the reactor
to avoid such problems than to perform the research necessary for confi-
dent scale-up. Thus, we can if necessary modify a fluidized bed so that
it approaches a plug flow reactor. We can do this by baffling or by using
a multistage reactor. Admittedly, we lose some of the advantages of a
fluidized bed, but this can be minimized by intelligent design.

Plug flow can always be approached by suitable staging. The resi-
dence time distribution of a system with 10 stages will be close to plug
flow even if each stage deviates considerably from any clearly defined
flow model. The deviations can again often be estimated by suitable
tracer experiments. The reasoning behind this is similar to that leading
to the law of large numbers in probability theory, and need not be dis-
cussed here.

It is much more difficult to achieve a completely stirred tank, al-
though luckily in most chemical reactors the viscosity is not too high, and
even large reactors will be fairly well mixed, with the mixing time small
as compared with the residence time. There are few cases of chemical
reactions in which simultaneously a single ideal stirred tank is preferable
to plug flow, the reaction is sensitive to micromixing, and the mixture is
so viscous that mixing is slow compared with through-put. If we were
to look for such an example, the first thought that would cross one’s mind
would probably be to look for a polymerization reaction.

A second problem in scale-up is nonuniform temperature. With a
knowledge of the reaction rates, we can again predict the maximum tem-
perature deviations with reasonable confidence and investigate experi-
mentally the effect of such temperature dependencies and modify our
design accordingly.

The foregoing is a general discussion of difficulties in scale-up. If
we ask which aspects apply especially to polymerization reactors, two
points immediately emerge. One is that in polymerization reactors, we
much more frequently deal with very viscous and often non-Newtonian
mixtures. Heat transfer is slow, and it is harder to achieve uniform tem-
peratures. Complete and rapid mixing is often unobtainable. Luckily,
however, many polymerizations are not too sensitive to micromixing
effects (34, 36, 37). Those that are remain a challenging problem. It
might be that when mixing is slow, the exact pattern is also not important,
and that we could apply perturbations around segregated flow, just as we
can do it with perfect mixing. The plug flow case is much simpler as we
can always modify our design by suitable staging. Thus, for example it
has been shown that flow in a tube at high viscosity deviates considerably
from plug flow. This can easily be remedied by having several small
remixing sections, arranged by means of baffles or flow distributors. The
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effectiveness of such devices can be checked by tracer experiments and
from fluid dynamic considerations. What is more difficult is to judge if
such added expenses are justified.

The other difficulty that arises especially in polymerization reactors
is that it is much harder to evaluate the results of any change by chemical
analysis. That is, perturbation experiments in polymer pilot plants are
often hindered by the fact (mentioned earlier) that the specifications are
not defined in terms suitable for the reactor engineer. Indeed, it is often
very hard to pin anybody down to a confident answer that two samples
of polymers are exactly equivalent. This will sometimes involve time
consuming testing programs, which increase the complexity of the prob-
lem considerably.

Another approach to scale-up is the prediction of the behavior of a
large scale continuous reactor from batch data. Thus for many reactions
we can with confidence predict the behavior of a continuous stirred tank
from batch data. There are very few industrially important polymeriza-
tions for which this is possible. It has been done in homogeneous polym-
erizations but for very constrained conditions. We know far too little
about emulsion polymerization or precipitation polymerization to do this
with any confidence. The paper by Poehlein in this volume (25) demon-
strates this quite clearly. Surprisingly, in his results, the observed molecu-
lar weight is independent of residence time, whereas our present kinetic
models would all predict a strong dependence. The paper by Graessely
on branched polymers (16) also shows that such extrapolations are very
difficult and might lead to considerable errors.

We turn now to the first question formulated at the beginning of
this section, the search for the best reactor configuration for given re-
action kinetics.

As long as we deal with the simpler cases such as an isothermal plug
flow reactor vs. a stirred tank, we often need only a very qualitative and
primitive understanding of the reaction mechanism to make a sensible
choice. For homogeneous reactions the problem has been discussed, and
we have enough understanding to solve this simple problem. For hetero-
geneous reactions even this simple problem is not that simple, and we
need either a better understanding or more data. It is, however, acces-
sible by experimentation.

Let us however discuss some of the problems related to emulsion
and precipitation polymerization. In both cases the nucleation is strongly
affected by the configuration. In emulsion polymerization correct pre-
diction of the nucleation in a continuous reactor from batch experiments
has been achieved in some cases, though more experiments are needed
to be conclusive. Regretfully in both cases the experiments were at low
conversions where one would expect the theory to hold best since condi-
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tions are not too different from those encountered in a batch experiment.
It is at very high conversions and with the type of nucleation that in
batch reactors leads to uniform particle size that one would expect diffi-
culties and where one could test the theory. However, qualitatively we
know that at high conversion, nucleation rate is less than at low con-
version, and therefore particle size in a continuous reactor should be
larger at high conversion because of suppressed nucleation.

In precipitation polymerization our knowledge is much more quali-
tative. We know experimentally that in a continuous stirred tank, nuclea-
tion rates are lower and particle sizes are much larger since nucleation is
suppressed by the capture of small nuclei (26, 27).

Particle size in itself has in both cases an effect on the uniformity of
the molecular weight. Larger particle sizes might cause a high molecular
weight tail because of trapping of free radicals which might offset any
gains arising from more uniform polymerization conditions during the
life of a particle. This can be overcome by introducing a separate nuclea-
tion stage. All these problems need further investigation before we can
make even qualitative a priori prediction of the effect of reactor con-
figuration on the MWD.

Other types of polymerization processes in which prediction of mix-
ing effects on polymer properties is difficult are copolymerizations and
graft polymerizations, which often depend on proper distribution of the
monomers. This is a subject which has received so little theoretical con-
sideration in the literature that one can hardly review it, but it is a subject
in which fruitful work could be done. However, if one deals solely with
scale-up, the considerations for safe scale-up discussed before will apply
here too and will allow one at least to recognize those cases that need
extra attention.

The search for best reactor configurations leads to a more refined
class of optimization questions than we have encountered yet in this
review. These are taken up on the next section, and the associated con-
trol questions are considered in the final section.

Optimization

Once the over-all configuration of an ordinary chemical reactor has
been set, a variety of optimization problems present themselves. At the
design stage, one has for example the question of minimum volume
(cost) with suitable constraints on the reactor performance. However,
since reactor cost is not often a really significant matter, one is more
likely to encounter such questions at the operating stage, where the plant
already exists, and one looks to maximize the yield.
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In either case, these optima are commonly sought through variation
of flow and temperature—i.e., by distributing suitably the feeds and the
energy inputs (or takeoffs). The mathematical methods appropriate to
the problem depend on the manner of this distribution. If the distribu-
tion is discrete, as when staging the feed in a cascade of reactors, methods
ranging from school calculus to modern techniques in mathematical
programming can be brought to bear. If the distribution is continuous,
as when studying temperature profiles in a pipeline reactor, methods of
the calculus of variations are called for. For chemical reactor problems,
where the situation is described by a small number of ordinary differ-
ential equations, one has resources ranging from the modern dynamic
programming techniques of Bellman to the more classically grounded
results of Pontrjagin. In addition there are always methods from linear
algebra or from functional analysis for problems in isothermal first-order
kinetics (linear problems).

One should bear in mind that at the operating stage, optimum prob-
lems are more likely to be solved experimentally than mathematically if
only because of lack of knowledge of reactor kinetics. The methods here
are carefully designed perturbation experiments, backed up by careful
statistical analysis of the results, so as to be confident (at an assigned
probability level) of detecting a real effect despite random fluctuations
in the process and errors in measurement.

The foregoing discussion is for chemical reactors in general. How
does it apply to polymerization reactors? At the operating stage, to
maximize the production rate makes economic sense, just as it does for
ordinary chemical reactors. Mathematically, it is likely to be much harder
to do for polymerization reactors since even a simple homogeneous
polymerization system is described by a large number of ordinary differ-
ential equations, one for each radical R; and polymer P; of i monomer
units, or by a pair of partial differential equations if the degree of polym-
erization is treated as a continuous variable. Only if a small number of
summary ordinary differential equations can be developed in the leading
moments of the MWD—this will usually be possible when the rate con-
stants are independent of the degree of polymerization—will the methods
for conventional chemical reactors be applicable (38).

While to maximize the production rate always makes economic sense,
to improve the quality of the product is likely to have even greater payoff
in polymerization reactors. This must be done experimentally since one
does not know quantitatively how the MWD defines the quality parame-
ters of the polymer. Again, it will be especially difficult and expensive
to do just because these very parameters cannot be distinguished by
chemical analysis.
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At the design stage the important optimum question for polymeriza-
tion reactors would seem to be to come as close as possible to a desired
MWD. Ideally, one would only know what MWD to ask for if one knew
already how to predict product quality in terms of the MWD; in the face
of competing quality demands, to characterize the desired MWD would
itself be an optimum problem. In practice, if the desired MWD is
broader than what can be obtained in a single reactor, one would be more
likely to tailor it by blending than by implementing this or that algorithm
in the calculus of variations. Still, some more immediate questions pre-
sent themselves that can perhaps be answered in terms of distributed
feeds and temperatures. One might, for example, aim at uniform molecu-
lar weight, or at the same MWD as an ideally mixed reactor but under
conditions realizable at high viscosity. Also there is the whole question
of specifying different polymer structure, such as in graft polymers or
copolymers, a subject which has received little attention from the reactor
engineer. One situation especially where proper staging might lead to a
narrower MWD is that in which the termination rate depends strongly
on the degree of polymerization. In homogeneous polymerization, this is
simply the gel effect, and here temperature staging might well reduce the
high molecular weight tail. In heterogeneous polymerization, this occurs
when intraparticle diffusion becomes controlling (trapping), and here a
separate nucleation stage operating at different conditions might have
the same effect.

Even in the simplest case of a well known chemical reaction seldom
are such optimization procedures used in the actual design of reactors.
What this type of work leads to is an understanding of what would be
gained by better design and in what direction one should go. Even if the
reaction is only imperfectly understood, theoretical considerations might
lead to suitable experiments. It is in this area that a better understanding
of these problems would lead to real gains.

Control

In complex reactions, when product quality is important, easy con-
trollability of the reactor should be one of the major considerations in
reactor design. We often design a control system around a finished re-
actor instead of incorporating the control into the initial design. How-
ever these concepts are only slowly entering reactor design in general,
and in that aspect polymerization is not different from other reactors,
only that cases involving control difficulties are more frequent. Thus
close temperature control might be more important in some polymeriza-
tion reactors than in almost any other type.
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Another specific aspect of continuous control in polymerization is the
fact noted earlier that the desired properties of the product are not always
clearly related to parameters easily measured in a continuous reactor. We
therefore must try to keep as many parameters as possible constant and
rely upon changes in easily measurable parameters as alarm signals.
From a theoretical point of view we are dealing with a control system in
which only some of the state variables are measured and used for con-
trol, and what we need is a better understanding of the region of the
total state space open to us under such partial control.

Consider, for example, homogeneous polymerization of a monomer,
such as in a prepolymerization reactor. Control of temperature as well as
viscosity will bound the molecular weight, and from the limits of the
two measured variables one can quite easily deduce bounds on the MWD
of the mixed total product. If the polymerization were in solution, solvent
concentration in the product stream would also have to be measured,
otherwise the bounds become too large. However measurement of the
molecular weight by intrinsic viscosity would suffice as a single control
parameter in a stirred tank reactor.

On the other hand in a continuous emulsion or precipitation polym-
erization where the uniformity of the molecular weight might depend
on intraparticle diffusion, measuring the intrinsic viscosity is not enough
to put a bound on the MWD unless we know from experience that for
this specific polymer it is a sufficient control criterion. We can easily
imagine that by changing particle size and conversion the same intrinsic
viscosity might relate two polymers with different MWD. For copolymers
this becomes even more complex. Some theoretical work on the possible
bounds of imperfectly controlled systems might be very valuable for a
better understanding of such systems.

This question of partial measurement of the state vector must also be
considered in any considerations of optimal control of batch systems,
intentional periodic operation, or other optimal trajectory problems.

Another feature of some continuous polymerization systems is their
tendency to low amplitude low frequency limit cycles (39) and possibly
to multiple steady states (20). Although multiple steady states com-
monly arise in situations that are heat transfer controlled, they may arise
as well in heterogeneous systems involving a nucleation step because of
the dependence of the particle nucleation rate (and perhaps the growth
rate also) on the existing particle surface. Such systems may also have a
single unstable steady state with a stable limit cycle “surrounding” it,
and so show sustained fluctuations very much like those shown by crys-
tallizers (40). Indeed, stability analyses may be borrowed from crystal-
lization studies and applied to these polymerization systems. However,
instability in polymerization systems may arise in ways having no special
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analogy to crystallizer behavior, for example, because of a viscosity-
dependent termination rate; this particular effect can readily be demon-
strated mathematically by estimating viscosity effects in terms of the
total monomer conversion.

It may also be noted that polymerization reactors are especially
likely to have natural disturbances amplified by the control system. This
is partly because of time delays in the measurement, which is normally
an off-line laboratory procedure, and partly because of imperfect knowl-
edge of (and fluctuations in) the reactor gains. The whole situation is
made worse by the fact that the natural time scale of many disturbances
in the reactor, such as catalyst batch changes, is of much the same order
of magnitude as just these measurement delays, thus permitting the con-
trol system to act as a strong amplifier of these disturbances. While one
has a theoretical understanding of such problems, they are in fact largely
ignored in the operation of polymerization reactors, both manual and
computer controlled. In this respect, the work of Box and Jenkins (41)
can be of interest.

A deeper understanding of all such behavior is very important when
sophisticated control such as direct digital control is considered. Again,
the answer might often be not in a complex control but in designing the
reactor system so that cyclic behavior or amplification of disturbances is
avoided.
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Emulsion Polymerization of Styrene in One Continuous
Stirred-Tank Reactor

GARY W. POEHLEIN and ANDREW W. DEGRAFF, Department of
Chemical Engineering, Lehigh University, Bethlehem, Pa. 18015

Emulsion polymerization studies in a single continuous stirred-tank
reactor (CSTR) can be useful for two reasons. First, the experimental
results can be utilized to design commercial continuous systems which
are destined to become more important in the polymer industry (I).
Secondly, the data might be more discriminatory than batch data for the
elucidation of process mechanisms. Such could certainly be the case for
emulsion polymerization reactions for which the transition from batch
data to continuous reactor predictions is no simple matter. The three-
interval reaction model proposed (2, 3, 4) for the batch reaction cannot
have any significant meaning in a steady-state CSTR. New particles
must be formed in the presence of many existing particles in the CSTR.

The variables subject to the control of the reactor designer and op-
erator are: (1) reaction conditions, (2) emulsifier concentration, (3)
initiation rate, and (4) mean residence time. The influence of these vari-
ables on the important dependent variables: (1) particle size distribu-
tion, (2) polymerization rate, (3) particle number, and (4) polymer
molecular weight is of significant interest to the reactor design engineer.
This paper examines the relationships between these variables for styrene
polymerization.

Theory

Any satisfactory theory must account for (1) particle formation, (2)
particle growth, and (3) distribution of residence times. The area of
least knowledge, and thus the most questionable part of our theory, is
particle formation equation. We have assumed that the particle concen-
tration (N) in the CSTR can be expressed by Equation 1:

75
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_ As
N =R® <——AI T Aa) (1)

where R; = rate of initiation, § — mean residence time, A, — adsorbed
emulsifier, and A; — unadsorbed emulsifier.

Particle growth, at least for styrene particles, can be expressed with
much more confidence (5, 6) as follows.

dv dr
rTi 41:r2d—t = K;[M]n 2)

where v — particle volume, r — particle radius, [M] — monomer con-
centration at the reaction site, n — average number of free radicals in the
particle, K; — constant which depends on monomer and reaction con-
ditions.

For very small particles n — 1/2, and dv/dt is a constant, but for
large particles n is directly proportional to v. Stockmayer (7) has pro-
vided a relationship between n, particle size, and reaction conditions.

The distribution of residence times, which is also the particle age
distribution in the effluent of an ideal CSTR, is given by Equation 3.

j) = g eve Q)

If the particles are small and n — 1/2, Equations 1, 2, and 3 can be
solved in a straightforward manner (8) for the particle size distribution,
polymerization rate, number of particles, and molecular weight charac-
teristics. If the particle size distribution is broad enough so thatn > 1/2
for the larger particles a numerical solution procedure (8) is required
to calculate the parameters listed above.

Experimental Program

The reactor system was a simple, stirred, 1-liter vessel with two inlet
flow streams: the water mixture and the monomer. The materials, con-
centrations, and ranges of experimental variables are listed below.

Initiator: ammonium persulfate—0.3 to 4.0 grams/100 grams H>O.
Emulsifier: sodium lauryl sulfate—0.25 to 3.0 grams/100 grams H20.
Styrene: inhibitor removed by washing with NaOH solutions.
Reaction temperatures: 50° and 70°C.

Reactor mean residence time: 0.12 to 1.0 hours.

Experimental data were obtained only after eight to 10 mean resi-

dence times to assure steady operation. No cyclic behavior was observed
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after two to three mean residence times. Monomer conversion was always
less than 25% so that a free monomer phase was present in the reactor
effluent.

Results

Particle size distributions for moderate (30 minutes) to low values
of mean residence times could be predicted within the accuracy of the
electron microscope measurements by the ideal Smith-Ewart growth
model—i.e., n — 0.5. The Stockmayer modification was required for ac-
curate predictions of particle size distributions for the runs at 1 hour
mean residence time. Typical results for the number-average diameter
(D,) are shown below (6 = 1 hour).

Theoretical Predictions Experimental
Ideal Model Stockmayer M odification Value
D, 858 A 1018 A 1100 A

The experimental values are apt to be slightly high because the prob-
ability of missing small particles in the electron micrographs is greater
than average.

The number of particles predicted by the ideal theory is given by:

RO _

= @

K.R.0 { k,[M]0 }2’""
(Af + Aa) 1 - K2[M]

where: K, and K, are constants which can be determined independently,
[M] is the monomer concentration in the particles, and k, is the propaga-
tion rate constant.

The Stockmayer modified theory predicts the formation of fewer
particles because those which grow larger than the ideal theory suggests
will absorb more soap, leaving less to stabilize new particles. The experi-
mentally measured particle concentrations were always less than pre-
dicted by the ideal theory (average deviation ~ —35% ). The observed
differences could be caused by deviations from ideal theory, experimental
counting errors, and the use of an inadequate particle formation equation.

The rate of polymerization can be related to the number of particles
as follows:
where: <n> is n averaged over all particles.

R, = k,[MIJN<n> (5)

When deviations from the ideal model occur (large 6), N decreases,
but <n> increases. These effects nearly balance, and the predictions of
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the two models are nearly the same. R, experimental data are more accu-
rate than N data, and thus a much better agreement is achieved between
theory and experiment. The experimental data points are scattered
rather evenly above and below the theoretical curve.

Molecular weight averages were measured with a GPC, and M,
values were checked with light scattering. M,,/M, ratios were around
2.5-3.0 for most runs. Theoretical predictions for systems of monodis-
perse particles suggest that M,,/M, should be 2.0 (9). The larger values
observed in our work could be caused by particle polydispersity and/or
transfer reactions to monomer and polymer which were not considered
in the theory (9).

(1) Platzer, N., Ind. Eng. Chem. (1970) 62, 6.

(2) Harkins, W. D., J. Am. Chem. Soc. (1947) 69, 1428.

(3) Smith, W. V., Ewart, R. H., J. Chem. Phys. (1948) 16, 592.

(4) Gardon, J. L., J. Polymer Sci. (1968) 6, 623.

(5) Roe, C. P., Brass, P. D., J. Polymer Sci. (1957) 24, 401.

(6) Vanderhoff, J. W., Vitkuske, J. F., Bradford, E. B., Alfrey, Jr., T., J. Poly-
mer Sci. (1956) 20, 225.

(7) Stockmayer, W. H., J. Polymer Sci. (1957) 24, 314.

(8) Poehlein, G. W., DeGraff, A. W., unpublished work.

(9) Katz, S., Shinnar, R., Saidel, G. M., Apvan. CHEM. SER. (1969) 91, 145.

A Generalized Dimensionless Model of Polymerization
Processes

S.-I. LEE' T. ISHIGE, A. E. HAMIELEC, and T. IMOTO,” McMaster
University, Hamilton, Ontario, Canada

A generalized dimensionless model which includes gel effect and
very high conversion is proposed. This is an extention of the previous
v model developed for the polymerization processes with conventional
free-radical kinetics (I, 2). Assuming that the radical lifetime is short
compared with the reaction time and that the active polymer with chain
length j, Pj, can grow with propagation probability 8 from P;_;, one can
obtain the following equations:

! Stevens Institute of Technology, Hoboken, N. J. 07030.
£ Osaka City University, Osaka, Japan.



Published on August 1, 1974 on http://pubs.acs.org | doi: 10.1021/ba-1972-0109.ch002

LEE ET AL. A Dimensionless Model 79

F(G,V)1, aee = j'P;/Pry 22 ji exp (— j/ )/ — DIV 1)
P_l;uct(y)=FA’0/13I—1=I’y (2)
where P, = ij’Pj and v = 8/(1 — 8) > 1.
=1
ki—f - kd

Suppose initiation:kK (catalyst) + A (monomer) @ — Py, and
t
termination: P; + P; - M; (dead polymer) + M; I;fi_ M;.; and chain

transfer and its reinitiation: P; + S (transfer agent) - M; + S* (radi-
cal),S* + A— S + P,. Then, the MWDs and averages of dead polymer

produced at any instant can be given using Equations 1 and 2. For ex-
ample, for | — 2,

f(.?y V)2; inst = (aFg, act + bF2, act)/(l + Y) (3)
(V) = {2+ 2y +a)/A +7)}-v 4)
where y = kS/kP,and v = (vp=0)/(1 + ¥).

If the reaction takes place in a HCSTR, the above MWDs are the
ones of its output product at steady state. However, if it occurs in a
BSTR, they should be integrated over a reaction time. Therefore, gen-
erally the v changes with monomer conversion ¢ (2). For the kinetics
above, the v»—c relation can be characterized by only one dimensionless
parameter o (= kgk./8k,*fK)*? if there is no gel effect. Using this to-
gether with Equations 1-4, one can eliminate many computational prob-
lems for MWDs and their averages. This » model method can be applied
to the linear dynamics of MWDs in continuous flow reactors (2). For
example, in a HCSTR, the deviation of MWDs can be given in general as

AF(J’ V)l; act/F(j; Vs)z, act = (.7 - I’ly act (V))A V/ Vel (5)

If Av = 0, the reactor produces the polymer with the narrowest MWDs
given in Equation 3. This implies that the same product could be
obtained by keeping » constant whether the reactor is batch or flow.

Let us propose an extended v model (below). We assume that all
the rate constants k = (k;, kp, ki, ...) are changeable and that these
changes can be expressed by the product of the following two factors,
subjective and objective to active species: chain length effect y = (y;,
¥ps Y1, . ..) and reaction environmental effect e = (e, ¢, €, ...). For ex-
ample, ks — y; - & - ki Again assuming that any active polymer is a
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sphere swollen with monomer, one considers the probability P that the
radical end exists on the surface layer of the sphere (2). Then, P « /2
If the radical ends can react with the swollen monomers with the same
reactivity outside (8 — 1), y, — 1. If their reactivity is zero inside (8§ —
0), y, « P. As for terminations, we consider only the case y; « P?
o 3, The e represents the reductive change of relative mobility be-
tween two reacting species. This could be related strongly to the viscosity
of the over-all reaction mixture. We assume e as a function of temperature

T, c, P, etc.,
e=¢(T, ¢, Py, Fi(j), . . .)
Assuming an isothermal case, we have
de/dt = d¢/dc-de/dt + 3¢/dP,- dPy/dt + — — - (6)

The first approximation assumes that the second and the further terms
on the right would be insensitive compared with the first one. Then,

de/dt = de/dc -dc/dt W)

where e is regarded as a function of ¢ only. For a numerical study it was
assumed that de/dc = —he" for each component of ¢ with corresponding
constants h and n. Denoting initial values by “0”, e/

= ki/kio = f ka/fokao, since g; = 1. Als0, ep/ep0 = (kp/kpo) (v/ vo)*/® for 3
= 1 and (kp/kp,) for 3 = 1, and ei/eso = (ke/keo)(v/ vo)*3.
In this way, once the apparent rate constants k;, k,, and k; are evaluated,

e, &, & can be calculated by knowing v which is proportional to radical
lifetime.
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Continuous Reactors in Free Radical Polymerization with
Branching

K. NAGASUBRAMANIAN and W. W. GRAESSLEY, Northwestern University,
Evanston, 1. 60201

The distribution of molecular weights obtained in polymerization
depends on the nature of the elementary reactions that build the mole-
cules and the reactor system. Denbigh (1) pointed out in 1947 that con-
tinuous stirred tank reactors (CSTR) can yield either broader or narrower
distributions than batch reactors, depending on whether the molecules
continue to grow during their time in the reactor or are formed in times
which are short compared with the residence time. Free radical poly-
merization usually conforms to the latter case since radical lifetimes are
typically of the order of 1 sec or less. However, if branching occurs by
reactions between growing radicals and previously formed molecules,
such as in the case of ethylene or vinyl acetate polymerization, the chains
are reactivated periodically, and continued growth is possible. Recent
calculations (2) have shown that substantial broadening is expected in
CSTR. The purpose of the present study is to test these conclusions
experimentally in the vinyl acetate system.

s S
4
M.
TuBULAR (PLUG FLOW)
A

o 20 40 60
PERCENT CONVERSION

Figure 1. Solution polymerization of vinyl acetate
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Solution polymerizations were conducted under argon at 60°C in
batch and in a I-liter continuous stirred reactor. The concentration of
initiator (azobisisobutyronitrile) was 1.6 X 107 mole/liter, low enough
to make the distribution of molecular weights independent of termination
rate (controlled by propagation and chain transfer alone). The solvent
was tert-butyl alcohol with an initial solvent-monomer ratio of 2/1. Con-
versions ranged from 12 to 71% in the batch system and 13 to 63% in
the CSTR at steady state. Preliminary studies had shown an exponential
distribution of residence times in the stirred system. Number-average
molecular weights M, were measured by osmometry; weight-average
molecular weights M,, were obtained by light scattering.
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Figure 2. M vs. percent conversion
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Figure 3. M vs. percent conversion after adjusting Cy, value

Figure 1 shows M,/M, vs. conversion in the two reactors. As pre-
dicted, the ratio is nearly 2.0 at low conversions for both systems, but as -
conversion increases the CSTR products become more broadly distributed
than the batch products. Branching density is also higher in the CSTR
products, and this appears to be the principal broadening influence.

Branching density and molecular weight distribution are controlled
by the relative rates of propagation, monomer transfer, solvent transfer,
polymer transfer, and terminal bond polymerization. The kinetic con-
stants for all reactions except solvent transfer are known from earlier
batch studies on bulk polymerization of vinyl acetate at 60°C (3):

Cm =243 X 104, C, = 2.36 X 104, and K = 0.66

Differential equations were written for the population of polymer mole-
cules and radicals and solved to obtain the first three moments of the
distribution. Theoretical expressions were thereby obtained for M, and
M,, as functions of conversion x, with parameters Cy, C,, K, and C,. The
expressions were quite different for batch and CSTR systems. Further-
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more, the expressions were sensitive to the degree of segregation in the
CSTR. Two cases, perfectly micromixed and perfectly segregated, were
analyzed.

In the batch system excellent agreement was obtained for both M,
and M,, vs. x when C,, C,, and K from bulk polymerization were used
with C, = 0.48 X 10 However, when the same constants were used
to compute M, and M,, vs. x for the CSTR, the agreement was poor since
experimental molecular weights were somewhat below both the micro-
mixed and segregated curves (Figure 2). When C, was adjusted to
3.2 X 10, the values at low conversions were fitted, and the experimental
data followed the segregated curve rather well (Figure 3).

The discrepancy is believed to arise from trace impurities (perhaps
atmospheric oxygen) present in both reactors. An inhibition period was
observed in batch polymerization, and we assume that during this time
the impurity is consumed by initiator radicals. Normal polymerization
subsequently takes place. In the CSTR system however, the impurity
enters continuously with the feed, acting thereby to lower the molecular
weight and retard the polymerization rate. Lower polymerization rates
were indeed observed in the CSTR.

Thus, continuous stirred polymerization yields broader distributions
than batch systems in branching polymerizations. However, although
calculations for the segregated CSTR fitted the data best, one must regard
the case as unproved until the inhibition anomaly is cleared up.

(1) Denbigh, K. G., Trans. Faraday Soc. (1947) 43, 648; ]. Appl. Chem.
(1951) 1, 227.

(2) Graessley, W. W., AIChE—I. Chem. E. London Symp. (1965) 3, 16.

(3) Graessley, W. W., Hartung, R. D., Uy, W. C., J. Polymer Sci. Pt. 2A
(1969) 7, 1919.
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The Use of Free Radical Homogeneous Addition
Polymerization in Estimating Mixing Effects in an
Imperfectly Mixed CSTR

R. W. DUNN" and C. C. HSU, Department of Chemical Engineering,
Queen’s University, Kingston, Ontario, Canada

A generalized mixing history model of an imperfectly mixed CSTR
is developed where the reactor is considered to have two regions—a com-
pletely segregated entering environment and a micromixed leaving en-
vironment. It is assumed that the transfer from the entering environment
to the leaving environment is instantaneous and that the distribution of
times of transfer can be modelled by a mixing time distribution (MTD)
which in properties is analogous to the residence time distribution (RTD).

The model requires the age distribution functions to calculate the
output concentrations of the reactant from each environment. In the case
of entering environment, the age distribution functions as defined by
Danckwerts (1) can be used. These functions cannot be applied to the
leaving environment because of the nature of the input. However, it can
be shown that

El(t) = Eo(t) - Ee(t)
where E is the age frequency distribution and the subscripts o, e, and [
refer to the over-all reactor system, entering environment, and leaving
environment.

The average reactant concentration transferring between the environ-
ments C,, can be obtained by integrating batch reactor data with respect
to the age «* (2) which is defined as the maximum age of a molecule
from the time it enters the system to the time it transfers to the leaving
environment with a maximum life expectancy A*.

Cn = f E(a*)C(a*)da*
The concentration of a leaving environment plug flow reactor C; is ob-
tained by the following equation

dC, _ - . G R
6 = 1) + (€ = Co) ™ p)

with the boundary condition

%=Oat6=m

! Present address: Rio Algom Mines, Ltd., P.O. Box 1500, Elliot Lake, Ontario,
Canada.



Published on August 1, 1974 on http://pubs.acs.org | doi: 10.1021/ba-1972-0109.ch002

86 CHEMICAL REACTION ENGINEERING

In this equation r(C,) is the rate of reaction, 6 the dimensionless time,
and F the residence time distribution function. When the volume of
entering environment is zero—i.e., F,(§) — 1 and A — 6—the above
equation reduces to that derived by Zweitering (3).

The simplified kinetic model of a free radical homogeneous addition
polymerization proposed by Tadmor and Biesenberger (4) was used to
test the model. Experimental runs were simulated with a selected MTD
and a perfectly mixed RTD by calculating the outlet conditions—i.e.,
monomer concentration and the moments of the molecular weight dis-
tribution of polymer products. It was shown that the parameters of the
MTD could be obtained from the outlet conditions of a known reactor
system using the Rosenbrock pattern search method as described by
Wilde (5) to minimize the deviation between the calculated sum of
first three moments of the molecular weight distribution and that of the
experimental values.

The results from this theoretical study are promising, and the method
proposed here might be useful to study the imperfect mixing in a poly-
merization process in viscous region and to diagnose the mixing difficulties
in existing industrial polymerization reactor system.

(1) Danckwerts, P. V., Appl. Sci. Res., Sect. A (1953) 3, 279.

(2) Danckwerts, P. V., Chem. Eng. Sci. (1958) 8, 93.

(3) Zwietering, T. N., Chem. Eng. Sci. (1959) 11, 1.

(4) Tadmor, Z., Biesenberger, J. A., Ind. Eng. Chem., Fundamentals (1966)
5, 336.

(5) Wilde, D. J., “Optimum Seeking Methods,” Prentice-Hall, Englewood
Cliffs, N. J., 1964.

Calculation of High Pressure Polyethylene Reactors by
a Model Comprehending Molecular Weight Distribution and
Branching of the Polymer

J. THIES and K. SCHOENEMANN, Technical University of Darmstadt,
61 Darmstadt, West Germany

This investigation of the structural kinetics of high pressure poly-
ethylene is the continuation of the development of the industrial process.
In discontinuous batch experiments the conversion of ethylene was deter-
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mined from the pressure decrease (Figure 1) and described by the
simplest free radical chain mechanism which sufficed for the design of a
plant of 24,000 tons/year capacity (1, 2, 3, 4).

—
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2 End

| 2 Time

Immediate measurements
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to the degree
of conversion

Temperature T
Reaction pathin the P-T-diagram Conversion — time —curve

Figure 1. Determination of the reaction velocity by
batch polymerization

This result was encouraging enough to proceed towards the final
objective of determining by a kinetic model the molecular weight
distribution and the branching of the polymer. This objective includes
the fundamental problem of whether such a complicated project is
feasible experimentally as well as mathematically.

To obtain the rate constants of the mass balances in the form of
simple algebraic equations the laboratory experiments were carried out
in a continuously operated stirred vessel microreactor (5). The molecu-
lar weight distribution was determined by gel permeation chromatogra-
phy (6). The molecular weight was calculated after an indirect method
based on the Flory relation of the hydrodynamic volume (7, 8) and on
the still unknown long chain branching,

To describe the polymerization a model was postulated which in-
cluded nine types of reactions: initiation, propagation, radical transfer to
the monomer and to the polymers, intramolecular radical transfer, de-
polymerization of radicals, an undefined formation of radicals for the sake
of empirical corrections, termination by disproportionation and by
combination.

The mass balance of a reactant i involved in n kinds of reactions
carried out in a stirred vessel in a steady state flow with the admission
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concentration c¢; , the exit concentration ¢; and the mean residence time
r="V/q is expressed by:

1 n
~ (i, — C) -|-Z-:lr,~m =0

As an example the mass balance for a polymer P of chain length v can be
formulated as follows:

1 E =
; ‘Cpy = kUM *CM “CRy + kyp (CR,y Z cp, — CPVZ; C}ei) +
i=

=1

© Y_1
2kp -cry- D Cr; + kK X CR;CR_y
i=1 i=1

The quantity of P, is formed according to four rate terms; the first repre-
sents the formation by transfer of radicals R, to monomers M, the second
the transfer to polymers P, the third the formation by disproportionation,
and the fourth that by combination.

By means of such mass balances, which then were established for all
molecules of v — 1... o, both formed and consumed, the nine types
of reactions of the entire system are interconnected, and, therefore, the
formation of the structure of the polymerizate is described.

The probability w of the appearance of a polymer P with chain
length v as a function of v is expressed by the ratio of the respective indi-
vidual concentration cp, to the total concentration of the sum of all
polymers

wp(y) = %
Cpl.
=1
This ratio enters the statistical zero moments p; of the molecular weight
distribution (9)

wpk = D, v -wp()
v=1

in which k represents the number of the successive statistical zero mo-
ments; thus p is experimentally determinable.

To establish the balance equations of the statistical zero moments
(which therefore represent the interdependence of the postulated nine
kinds of reactions) each of the single balances for a polymer (or for a
radical) of the chain length v was multiplied by the individual factor
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¢/* which is taken from the complex Fourier series from which the zero
moments are derived.

@
kua -eu Z CR;
i=1

%‘wp( v) e = — wgr(v) + kvpg criwr(v) — wp(V)] +

® 2
kx (z:l cRi)

® 2
2’61) ( C}ei>
i=1 v—1 .
————wr(v) + ———— - 2 wr(@) -we(v —10) pe™”
® © =1
2 cp; 2 cr,

i=1 i=1

The infinite number of single balances modified in this way is always
added to form a summarized balance in which the entire information of
the many single balances and, therefore, of the molecular weight distri-
bution is contained.

In these summarized balances complex Fourier series of the form

©

Fp = Z eivsz( V)
v=1
appear which express the molecular weight distribution. Continuing the
above example, the summary balance of the formation of polymers (v =
1... o) reads

1 (kUM e kup ) cp;
T\~ . =
kK Z CR,,‘. E cRi

The branching of the molecules which represents the second main
characteristic of structure, prevails in high pressure polyethylene in
contrast to low pressure polyethylene. This is because the velocities of
the various kinds of reaction depend strongly on reaction conditions. The
main influence on branching is exerted by the transfer of radicals. Di-
rected to polymers, it determines the long chain branching and thus
viscosity, melt index, etc.; intramolecular radical transfer, however, causes
short chain branching which influences density, crystallinity, etc. To
determine this branching the material balances for the formation of the
structural groups were established in a manner similar to the one as
described above.

For each of the polymerizates produced at different reaction condi-
tions, the above system of mass balances of the individual components

+ 2kD)‘(FR — Fp) + FR2 —Fp =0
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involved was solved for the unknown velocity constants by substituting
15 balance equations into one another.

The reaction velocity constants determined in the various experi-
ments for each of the nine types of reaction were plotted in Arrhenius
diagrams log k vs. 1/T (Figure 2). Since satisfactory regression lines
could be drawn in all cases, the usefulness of the postulated model is
proved.

The optimization by means of extensive programs (necessary for the
nonlinear regression) and by the many iterations was made possible only
by the good approximation values read from the Arrhenius diagrams (10).
The internal consistency of the model was checked by comparing the
conversion degrees and structure characteristics calculated with the ex-
perimental values (11). The mean deviation from the experimental
values is not yet quite satisfactory, but it arises mainly from experimental
errors in the microreactor rather than from imperfections in the model.

It is now possible to describe the structure of a polymer by a model
without exceeding reasonable bounds of mathematical effort.
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The Effect of Imperfect Mixing on the Initiator Productivity
in the High Pressure Radical Polymerization of Ethylene

TH. J. VAN DER MOLEN and C. VAN HEERDEN, DSM, Central Labora-
tory, Geleen, The Netherlands

The initiator consumption in the radical polymerization of ethylene
was investigated in a 1-liter stirred autoclave (h/d ~ 2). Polymerizations
were performed continuously at a constant pressure of 1600 atm. Five
different types of initiators (peroxides) were needed to bridge the tem-
perature range of 130°-270°C.

Formulation

The general formulation for the over-all polymerization rate r in
moles/liter/sec is:

r = ko JM]IP? = (ne) Y2k A2 M[T]V2 1)

(2’0 )1/2
For use in continuous polymerization experiments this equation can be
modified by a mass balance for monomer, initiator, and radicals. By
means of the initiator mass balance the concentration in the reactor [I]
can be converted to the concentration in the feed [I,]—uviz., [I] (kir+1)
= [I,]. For the continuous process the initiator decomposition rate is
so high that always ks >> 1, with the consequence that k; can be
eliminated by substituting [I] = [L]/ks in Equation 1. One then
obtains:

ky I, kp
(2k )1/2 (ne)' (M) [ 1]/2 (k) (ne)! 2[M] V1/2 2)

r

In developing the equations, in agreement with Symcox and Ehrlich (1),
we used molar concentrations instead of fugacities.

The initiator consumption per unit time is not an unambiguous
function of the polymerization temperature. On the one hand, theoreti-
cally the initiator consumption should decrease with increasing tempera-
ture since the propagation rate is favored more strongly than the termina-
tion rate; on the other hand, in the continuous polymerization of ethylene
under high pressure a higher temperature means a higher degree of
ethylene conversion and hence an increase of initiator consumption.

Thus, we use a more convenient parameter, the so-called initiator
productivity: » in terms of (moles converted ethylene)/(mole initiator),
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both per unit time. Starting from Equation 2 the following relation for
» can now be obtained simply:

moles converted ethylene _ 2k,? 1-&
== = — 3
K mole initiator k. ne(M] E * 3)

In developing Equation 3 we assumed that (in theory) each molecule of
initiator yields n radicals and that the efficiency amounts to e At con-
stant pressure (1600 atm) the relationship between » and the temperature
can be determined only if 4 is related to the same values of [M], =, and &
That is why for each series of experiments calculated by Equation 3 the
value of 5 is always corrected to standard conditions [M] = 14.0 moles/
liter, + — 120 sec, and ¢ — 0.10.

If ne is assumed to be constant and k,. ~ k,/k:> can be described
by an Arrhenius relation, a rectilinear relation can be expected to exist
between log » and 1/T as long as the reactor can be considered to be
perfectly mixed.

n and Polymerization Temperature

In Figure 1 the corrected values for 4 are plotted against 1/T(°K).
For each initiator (n — 2) a similar curve is found, showing the following
three regions:

(1) The Lower Temperature Region. For every initiator the log 7
curve terminates at the low temperature side in a point where the continu-
ous polymerization process terminates because of a relatively too small
over-all rate of polymerization. For temperatures higher than this mini-
mum,  increases owing to the increase of k,2/k;. The slope of this part of
the curve is determined by 2 E, — E,, which is independent of the type
of initiator and amounts to 14 kcal/mole, in good agreement with the
results of other investigators (2).

(2) The Transition Region. By raising the temperature further a
transition region is found for each type of initiator, in which a maximum
in 5 is reached at a critical temperature T;. The values of 7 and T} are
dif?erent for each initiator investigated.

(3) The Upper Temperature Region. For temperatures above T 4
appears to decrease rapidly in all cases. This presumably is caused by a
premature initiator decomposition before the contents of the reactor have
been mixed sufficiently—in other words, radicals are wasted.

To account for these phenomena, the following characteristic times
are introduced: (a) r = reciprocal space velocity, (b) =, = 1/k; = char-
acteristic time constant for initiator decomposition, (¢) r. = characteris-
tic time constant for mixing in the reactor, which is of the order of the
reciprocal stirrer speed. In the lower temperature region: m, < 7 < 7.
Here perfect mixing in the reactor can be assumed. In the transition
regionat T — T} : vy, = 7 < 7. The half-lifetimes of the initiators, used
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in this investigation, are known only at low temperatures. Extrapolation
of the half-life curves, as a function of the reciprocal of absolute tempera-
ture, up to the real polymerization temperatures, and taking into account
the effect of high pressure on the initiator decomposition rate (a decrease
of about 30% at 1600 atm relative to atmospheric pressure ), results in the
following values for r; at T — Ty—viz., 0.07 sec (1), 0.04 sec (I3) and
0.18 sec (14). This means that if r,, ~ =; at T = T}, mixing in the reactor
is accomplished after one to four rotations of the stirrer (speed = 1500
rpm), which is a reasonable result.

log iyl

+4ﬂ

init. I4
init. 1s

a
A
o
+
v

v <—— deg K™

5 °C
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Figure 1. Polymerization temperatures and initiator produc-
tivity (corrected to standard conditions) at 1600 atm
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In the upper temperature region: =; < = < 7. With regard to the
initiator concentration the reactor can no longer be considered perfectly
mixed. One may attempt to describe the rapid decrease of the log »
curves at the higher temperatures proceeding from a recirculation model
with 7, as recirculation time. From this model a modified formulation
for » is deduced, which also comprises the upper temperature region
T > Tk—UiZ..’

_ kS
n = g, "l

mizt @
= Tm 271/2
[+ )]
The appearance of a maximum in the log  curve now can be explained
simply, with the help of Equation 4. As long as T < T, mm/7: < 1 and
Equation 4 becomes equivalent to Equation 3. In this lower temperature
region 5 increases with temperature as k,?/k; (apparent activation energy
14 kcal/mole) and does not depend on the choice of the initiator. How-
ever, as soon as T > T} so that r,,/r; > 1 the temperature dependency of
tm/ 7 (activation energy ~ 35 kcal/mole) will be much stronger than
that of k,2/k;, and the value of 5 will decrease more and more, going

finally to a slope with an apparent “negative” activation energy of about
20 kcal/mole.

Nomenclature
E,, Activation energy (over-all rate), kcal/mole
» Activation energy (propagation rate), kcal/mole

E, Activation energy (termination rate), kcal/mole
ko Over-all rate constant, liter!/2 mole™/2/sec
k; Initiator decomposition rate constant, sec™
ky Propagation rate constant, liter/mole/sec
k; Termination rate constant, liter/mole/sec
r Ethylene conversion rate, moles/liter/sec
£ Degree of monomer conversion to polymer
M] Ethylene concentration in the reactor, moles/liter
1] Initiator concentration in the reactor, moles/liter
(L] Initiator concentration in the feed, moles/liter
Q: Initiator feed rate, moles/sec
7 Initiator productivity

moles converted ethylene

mole initiator
W Initiator productivity at T = T
r,=1/k; Characteristic time constant for initiator decomposition,
sec

Tm Characteristic time constant for mixing in the reactor, sec

T Reciprocal space velocity, sec
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Time, sec

Absolute temperature, °K

Critical temperature at which 4 is a maximum, given the
type of initiator, r, and r,, °K

Theoretical number of radicals per molecule of initiator

Real number of radicals per molecule of initiator

Reactor height, meters

Reactor diameter, meters

Reactor volume, liters

NN

L

<3

(1) Symcox, R. O., Ehrlich, P., J]. Am. Chem. Soc. (1962) 84, 531.
(2) Ehrlich, P., Mortimer, G. A., Advan. Polymer Sci. (1970) 7, 386.

The Degradation of Linear and Branched Polymers:
A Quantitative Study Using Simulation Techniques

P. J. MEDDINGS'’ and O. E. POTTER, Department of Chemical Engineering,
Monash University, Clayton, Victoria, Australia

A simulation procedure has been developed for studying the degrada-
tion of linear and branched polymers. The simulation procedure is sto-
chastic, requiring the repetitive scissions of the bonds to obtain the
appropriate statistical features of the process. The application of the
simulation procedure to linear polymers for the degradation of which
analytical solutions (1, 2) are available has been used to test the simula-
tion, with satisfactory results.

For linear chains the units may be defined simply by numbering
bonds, but for branched structures the problem is more complex. A
typical branched molecule is amylopectin, a component of starch, in
which the monomeric unit is glucose and each glucose unit is potentially
capable of being linked with other glucose units by an «-1,4 bond and
an o-1,6 bond. Three types of chains are considered to occur in the
amylopectin structure. The average structure of amylopectin is known,
but it is highly improbable that each external chain would have the same
length or that the number of units between branch points would always
be identical. Molecules were simulated in the computer, variations of
chain length and type being included by the use of probability functions.

? General Manager, Mauri Bros. and Thompson Ltd., Australia.
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By adjusting the means and variances for the various operations per-
formed, many different types of structure can be obtained. Figure 1
shows a typical result for the amylopectin molecule built with a mean
distance between branch points of eight units with a standard deviation
of 2, and the length of external chains having a mean of 12 units with

a standard deviation of 2.
] / !

’
’

‘ '

‘f ®

-------

Figure 1. A simulated amylopectin molecule

The simulation procedure can be used for reactions other than first
order—e.g., for enzymic reactions. For such reactions involving polymers
the substrate molecules available for complexing include degradation
products of previous reactions. The procedure involves:

(a) The definition of a number of molecules of the substrate.

(b) Choice of one molecule of substrate which is equivalent to com-
plexing with a single enzyme molecule.

(c) Choice of a bond in the molecule.

(d) Calculation of the interval of time involved in complexing the
molecule and in the subsequent breakdown.

(e) Acceptance or rejection of the bond for scission, depending on
steric qualifications etc.

(f) Redefinition of the units in the fragments of the broken mole-
cule, including codes on the first unit and all end units to indicate their
position and also the type of molecule in which they are incorporated.
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To test the program for the enzymic hydrolysis of branched and
linear substrates, numerical solutions of the set of nonlinear differential
equations can be obtained conveniently if the molecular size of the initial
substrate is small, say 12 units long. The numerical solution and the
stochastic simulation procedure were compared and gave similar results
—e.g., at an arbitrary time the numerical solution in a particular case
indicated 19.9% of bonds broken as against 20.3% for the simulation
procedure and a concentration of the six-unit molecule of 6.8% as against
6.7% for the simulation procedure.

The simulation procedure provides the facility to study large and
complex structures in reasonable computer time, within acceptable and
predictable limits of accuracy. It is possible to allow for steric effects, a
mixture of enzymes, competitive and non-competitive inhibition. If the
components of a heteropolymer (e.g., protein) are known, synthesis and
degradation can be simulated by the method.

(1) Simha, R., J. Applied Phys. (1941) 12, 569-578.
(2) Liu, S-L., Amundson, N. R., Rubber Chem. Technol. (1961) 34, 995-1133.

Syntheses of Minimum-TimeTemperature Paths for Free
Radical Polymerization

YOUNG D. KWON, LAWRENCE B. EVANS, and JAMES ]J. NOBLE, Depart-
ment of Chemical Engineering, Massachusetts Institute of Technology, Cam-
bridge, Mass. 02139

Although many papers on computing molecular weight distributions
from polymerization kinetics have been published (1), few studies have
been reported (2, 3) on the optimization of polymerization processes.
Apparently, this is because of the complexity of the kinetic model which
involves thousands of reacting species. This paper introduces a “con-
tinuous blending model” as a manageable and useful method of comput-
ing the molecular weight distribution in a free radical polymerization
system and demonstrates its utility in ascertaining the system controlla-
bility and in synthesizing minimum-time—temperature paths for the ther-
mally initiated bulk polymerization of styrene in a homeneous batch
reactor.
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The continuous blending model accounts for the various blending
effects arising from reaction, convection, diffusion, and final mixing in
polymerization systems. This model identifies the incremental portion
of polymer which is formed successively at each instant of time during
the batch and assigns a molecular weight distribution to it with the
parameters x,°, x,.° and w,°. Then the parameters of the final molecular
weight distribution, %, , ., and w, , can be computed simply by blending
these incremental polymer portions. The blending processes can be repre-
sented by differential equations with x,, x., and w, as the state variables.

The continuous blending model is equivalent to use (4) of the
moments of the molecular weight distribution if the definitions x,° —
dQ,/dQ,, x.,° = dQ,/dQ,, and w,> — d(x[M,]/dQ,) are admitted.
These definitions call for short average life of active radicals. In the
styrene polymerization system, as in many other polymerization systems,
x,%, %%, and w,° can be represented by relatively simple empirical expres-
sions rather than by the complex kinetic expressions. This is where the
major simplification is effected with the continuous blending model.

The model is tested by applying it to the system studied by Hamielec
et al. (5), who polymerized styrene in benzene with an initiator and com-
pared the molecular weight distribution determined by gel permeation
chromatography with that predicted by integrating differential equations
describing the rate of change of x-mer concentration for 5000 species.
Values of x, and x,, calculated by the two blending equations and values
of w, calculated by one blending equation at intervals of Ax — 100 gave a
result which is practically identical to that of Hamielec et al.

The continuous blending model is used to synthesize the temperature
paths which polymerize a monomer to a desired conversion with desired
values of Xu, and x,., in the minimum possible time. Bulk polymerization
of styrene by thermal initiation is taken as the example system. Because
the minimum-time problem presupposes controllability, it is desirable to
answer the question: is there at least one temperature path which can
steer the system from the given initial state to the desired fixed end state
subject to the system dynamics and the control constraint? For a non-
linear system, this is a difficult question. The continuous blending model,
however, lets us ascertain the controllability of the styrene polymerization
system in an explicit manner. The range of allowable temperatures re-
quired for the controllability is a function of the end value of poly-
dispersity.

Synthesis of minimum-time-temperature paths with the continuous
blending model are amenable to the application of the Lagrange multi-
plier method (6). For the case of 80% conversion the resulting computa-
tional problem involves simultaneous solution of 82 nonlinear equations.
An algorithm has been developed for solving this nonlinear programming



Published on August 1, 1974 on http://pubs.acs.org | doi: 10.1021/ba-1972-0109.ch002

100 CHEMICAL REACTION ENGINEERING

problem; its main features are a method of determining the multipliers
and a method of satisfying the two-point boundary conditions during
the iterations.

The resulting minimum-time—temperature paths show a gradual rise
from a relatively low initial temperature to a higher terminal tempera-
ture. This pattern of the temperature path reflects the compromise be-
tween the decrease of reaction rate with the progress of conversion and
the decrease in molecular weight averages for the incremental polymer
portions formed at the increased system temperature.

The work reported here is a part of a comprehensive investigation
(7) of the minimum-time trajectories for a distributed parameter system
with the reaction and diffusion effects of blending and the regulation of
these trajectories against disturbances.

Nomenclature

Q..: nth moment of molecular weight distribution

Xn, %w, Wy: Number average, weight average chain lengths, x-mer weight
fraction

[M,]: Molar concentration of x-mer polymer chains

Superscript ° refers to the incremental polymer, and the subscript f refers
to the final values.

(1) Amundson, N. R., Luss, D., “Polymer Molecular Weight Distribution,” J.
Macromol. Sci., Rev., Macromol. Chem. (1968) 2 (1), 145.

(2) Ray, W. H., “Modeling Polymerization Reactors with Applications to Opti-
mal Design,” Can. J. Chem. Eng. (1967) 45, 356.

(3) Hicks, J., Mohau, A., Ray, W. H., “The Optimal Control of Polymerization
Reactcl;rs,” AIChE Natl. Meetg., 65th, Cleveland, 1969, Symp. Paper,
No. 8b.

(4) Bamford, C. H., Tompa, H., “The Calculation of Molecular Weight Distri-
bution from Kinetic Scheme,” Trans. Faraday Soc. (1954) 50, 1097.

(5) Hamielec, A. E., Hodgins, J. W., Tebbens, K., “Polymer Reactors and
Molecular Weight Distribution: Part II. Free Radical Polymerization in
a Batch Reactor,” AIChE ]. (1967) 13 (6), 1087.

(6) Athans, M., Falb, P. L., “Optimal Control—An Introduction to the Theory
and Its Applications,” McGraw-Hill, New York, 1966.

(7) Kwon, Y. D., “Optimal Design and Control of Bulk Polymerization Proc-
esses,” Sc.D. thesis, Department of Chemical Engineering, Massachu-
setts Institute of Technology (August 1970).
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Some Design Models for Viscous Polymerization
Reaction Systems

W. C. BRASIE, Process Systems Engineering, The Dow Chemical Co.,
Midland, Mich. 48640

One of the more significant challenges in polymer reaction engineer-
ing is in the design of systems to produce polymers in mass or in solution
with solvents plus monomers (I). It is useful to provide a qualitative
model of such processes whether the systems are batch or continuous and
particularly for those cases where the viscosity of the system plays an
important role. Models useful for these systems are described briefly.

There are several general characteristics of mass or solution polymeri-
zations which the model must take into consideration (1). These include:

(a) A single-phase essentially homogeneous solution throughout the
conversion range, whose viscosity may easily vary over a range of six to
eight decades.

(b) The rate of polymerization involves classical mechanisms of
initiation, propagation, and termination, is not necessarily single-ordered
throughout the conversion range, and has typical Arrhenius temperature
dependence. Exothermic heats of polymerization are in the range of 10
to 26 kcal/mole.

(¢) Molecular weights produced vary inversely with temperature.

The basic data required to construct the model include the rate of
conversion vs. temperature, monomer and solvent concentration, and con-
centrations of catalyst or other materials. Physical, thermal, and transport
properties as a function of temperature and component concentration are
needed. These include density, specific heat, thermal conductivity, dif-
fusion coefficients, fluid viscosity, including non-Newtonian effects for
continuous flow, and enthalpy and heat of reaction values.

The basic equations required to construct the model are the classical
equations of continuity, momentum, energy, and reactant balances. These
must be solved via numerical techniques on a digital computer using vari-
ous finite difference methods, solution of simultaneous equations and
iteration schemes which are well known but generally complex. As in
most typical numerical methods, a grid of points is superimposed on the
reactor control volume of interest. For flow systems, a radial grid and
iteration for each related flow axis distances comprise the grid. For batch
geometries, a two-dimensional system with iteration with respect to time
steps and both dimensions is necessary. The use of subroutines to calcu-
late various physical, thermal, and rate parameters allows basic building
units to be used in models describing either flow or batch reaction sys-
tems. A single model can describe several different geometries by making



CHEMICAL REACTION ENGINEERING

102

*0.S3I Pup “.GGI ‘81T ‘. FII ‘0T f0 sainpiadway jom
JUDISU0D L0f 1030024 YoIDQq D 10f fi}IS00SIA UOKN]OS FAUDINWND PUD UOISIIAU0D ‘Dungpiadway “Sa sun] T 28]

o

4

[4A

8L

2.01L1

?
o4
e )

o~
—

oy

09

08

sdo’/ A

A41500sIA *ujOg *wnD

ozl

SINOH

4

oy

09

08

UoIsIaAUCD)

001

orl

ainyosadwa]

200Y9"60T0-2.6T-80/T20T 0T :1op | Bio'sde'sgnd)/:dny uo 26T ‘T 1snbny uo peusijond

00¢



Published on August 1, 1974 on http://pubs.acs.org | doi: 10.1021/ba-1972-0109.ch002

BRASIE Viscous Polymerization Systems 103

small changes in boundary conditions—e.g., flow inside round tubes or
parallel plates or outside (parallel to) tubes or in annuli.

Accurate models must include all first-order terms and all terms of
significance which affect local concentration, temperature, viscosity, or
energy release including diffusion of monomers and viscous dissipation
for flow systems of very high viscosity. Heat transfer is assumed to be by
conduction. Natural convection is ignored, and body forces are neglected.
To avoid iteration and convergence difficulties, grid spacing and time
steps should be such to limit the local fractional conversion at any grid
point per time step to less than 0.01.

Local Conversion, Percent

Local Solution Viscosity, cps.

Figure 2. Local values of temperature, conversion, and solution viscosity in
a 1 X l-inch control volume of a batch reactor at 1.6 hours (Tw = 110°C)

The exact details of the models are too voluminous to present here.
Instead, it is useful to show some example results of using the models.
Figure 1 shows calculations of the variation in mass average temperature,
conversion, and cumulative solution viscosity (a direct measure of
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molecular weight) vs. time for a batch reactor consisting of 0.84-inch od
heat transfer tubes in a 1.5-inch square pitch array. The variation of tube
wall causes local runaway or hot-spot temperature conditions of increasing
severity at higher wall temperature values. Correspondingly, the cumu-
lative solution viscosity decreases, and a significant variation in terminal
solution viscosity is possible by small temperature variations. Local
instantaneous temperature, conversion, and solution viscosity profiles are
shown in Figure 2 for a control segment of a 2-inch square pitch array of
0.75-inch od tubes at 1.6 hours after startup at 110°C and with constant
wall temperature. The results are based on published data (2) for styrene
but are illustrative of the type of results the models yield—i.e., complex
variations of temperature, conversion, and molecular weight.

Results for flow systems are more complex and depend strongly on
individual monomer and geometric variables. The general models will
predict velocity, temperature, and concentration profiles, “hot-spots,”
stagnant polymer layers, and similar results. Complex reactors such as
Figure 3 (3, 4) may be modeled in principle by dividing the reactor into
pieces, each of which can be described by an appropriate model with
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Figure 3. Patented reactors for polymeriaztion of exothermic, viscous mono-
mer—polymer mixtures

Left: U.S. Patent 3,280,899 (3)
Right: U.S. Patent 3,206,287 (4)
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qualifying assumptions. Thus, a reactor may be a series of well-mixed
pots, or partially mixed pots joined by unmixed channels of finite
geometry, for example. All that is required are reasonably good assump-
tions on the flow patterns, and good data, particularly concerning rate
data and viscosity parameters. Within these limits there are few limita-
tions to modeling viscous polymerization reaction systems, and results
providing engineering accuracies are easily achievable.

(1) Brasie, W. C., “Elements of Polymer Engineering,” AIChE Professors
\(?Vorksl)lop on Polymer and Monomer Engineering, Midland, Mich.
1968).
(2) Boundy, R. H., Boyer, R. F., “Styrene—Its Polymers, Copolymers, and
Derivatives,” Reinhold, New York, 1952.
(3) Brasie, W. C., U.S. Patent 3,280,899 (Oct. 25, 1966).
(4) Crawford, J. R., U.S. Patent 3,206,287 (May 1965).
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Fluidized Bed Reactors: A Review

D. L. PYLE

Department of Chemical Engineering and Chemical Technology,
Imperial College, London, S.W. 7, England

Recent work relevant to the development of models for
analyzing and designing fluidized bed reactors is reviewed.
Special attention is placed on attempts to develop mechanis-
tic models, and the various features of the existing models
are compared and contrasted and related to other experi-
mental and theoretical studies. In general it appears that
most effort has been placed on the study of single bubbles
and on attempts to correlate reactor performance in terms
of these studies. In practice, as experimental studies show,
many of the important characteristics of fluidized reactors
can be explained only in terms of more complex models
accounting for bubble interactions, coalescence, and growth.
Although it is now possible to explain qualitatively, at least,
many of the features of such reactors, much more theoretical
and critical experimental work is needed before a priori
design methods can be used with confidence.

The analysis of fluidized bed reactors provides one of the clearest
examples we have of the complex interaction between different physi-
cal and chemical processes that typify chemical engineering. This review
attempts to describe some of the characteristic features of gas fluidized
beds, particularly those which seem to have the most important effect on
their operation as chemical reactors. It is intended to provide a reasonable
background to the field although it is not a comprehensive literature
survey.

Even a superficial study of a fluidized bed in operation reveals its
essential complexity. Bubbles form, at an apparently unpredictable rate,
and subsequently grow—perhaps to the same dimensions as the bed
itself—coalesce, and split. There is clearly a flow of gas through the
bubbles and a consequent interchange with the bed. The particles move
up and down and around as the bubbles pass; a fraction of the particles

106
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may be steadily elutriated from the bed. What is more, the behavior of
a bed will depend strongly on many variables: particles, gas flow, bed
diameter, distributor design. The questions that must ultimately be
answered are (1) whether all the relevant features of bubbling fluidized
beds are understood and can be built into reactor models, and (2) which
features are important or critical for satisfactory reactor design and
operation. This review was prepared with these questions in mind
although the choice of topics for discussion was quite selective.

A number of different types of reaction are commonly carried out in
fluidized reactors: gas-phase reactions, solid-catalyzed reactions, and
reactions involving reaction within and between the gas and solid phases.
Catalytic reactions are probably the most common in chemical engineer-
ing, but in all these cases, and particularly the last two, what is important
is the contact time distribution between the two phases. For heterogene-
ous reactions the contact time distribution plays the same role as the
residence time distribution for homogeneous reactions. The problems
discussed below are those which have a particular influence on the con-
tact time distribution.

When attempts failed to describe fluidized bed reactors in the con-
ventional terms of a reactor with dispersion, a series of papers in the
1950’s developed a model for a fluidized bed which recognized that many
of the problems and contradictions in the operation, and particularly
scale-up, of fluidized reactors stemmed from their two-phase character
(I-5). It is the presence of bubbles, and their effect on gas/solid con-
tacting and mixing, that lies at the root of the bed’s behavior and gives
rise to the great difference between the R.T.D. (which is easily measured)
and the C.T.D. (which is not). For example, May’s mcdel (6), which
today with a much more detailed knowledge of the fluid mechanics in-
volved, is known to be essentially correct, described the bubbling bed as
a two-phase system, characterized by an interchange between the bubbles
and the emulsion or dense phase, and by mixing within the emulsion
phase (Figure 1). The bubble phase, which is free of particles, is in
essentially plug flow, and the gas mixing in the dense phase is charac-
terized by a dispersion coefficient. With these assumptions, material bal-
ances on the two phases lead to:

aC, _ W,
- W, (Cr — Cv) (1)
DV, aC aC
and 7 5t~ We gy T Wa(Co = Cp) — KV,C, = 0 2)

Although we shall examine the mechanics of the two-phase system in
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more detail later, it is worth noting that May’s model gives a reasonable
account of the effects of gas interchange on reactor performance. What
is probably the least satisfactory aspect of the theory and those preceding
it is its reliance on experimental values for the various parameters in the
model. The only exception is what is now known as the two-phase
theory, which proposes that all the gas in excess of that required just to
fluidize the bed flows through the bed as bubbles. The most significant
improvement of the various bubble-type models developed since then is
the ability to begin at least to forecast some of the parameters and par-
ticularly the rate of interchange between the phases. May’s model was
developed by van Deemter (7), and more recently by Mireur and
Bischoff (8) to enable the parameters of the two-phase model to be
assessed from tracer and reactor experiments; van Deemter (9) and
Bailie (10) have also developed this type of model to include the presence
and interchange of particles within both phases. Although these methods
have probably not yet been sufficiently exploited I want to concentrate
more on the developments in predicting a priori the performance of a
particular reactor.
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Figure 1. Two-phase models

Lanneau (11) attempted to measure bubble velocities and to incor-
porate these into a model of a chemical reactor. His model allowed for
either upwards flow of gas in the dense phase or for the possibility of
downwards flow and backmixing of gas (following simply from a conti-
nuity argument). The gas crossflow or interchange between the two
phases was held to be largely caused by the consequence of solids inter-
change and was predicted to be, per unit volume of reactor,
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Gas Interchange from Rising Bubbles

The work by Orcutt, Davidson, and Pigford (12), subsequently
developed by Davidson and Harrison (13) was really the first to include
results which had become available on the relation between bubble rising
velocity and the bubble size and gas velocity. In this theory the bubble
rising velocity is considered proportional to the square root of the bubble
radius, which is consistent with the assumption that the particles move
around the essentially spherical bubbles like an inviscid liquid. Davidson
(14) developed a simple theory for the gas and particle motion around
a bubble using this assumption and the assumption of constant voidage
fraction, and this theory was used to predict the rate of gas throughflow
through a bubble of diameter d,. A diffusional flow was added to the
convective term, and the basis for this theory was the assumption that
resistance to diffusion resided in a gas film inside the bubble, as developed
by Baird and Davidson (15). We return later to a comparative assess-
ment of the various theories for interchange between the phases. For
the moment we note that Davidson’s theory at that time took no account
of resistance to diffusion within the particulate phase nor of the interaction
between the convective flow or the rate of any reaction proceeding in the
dense phase and this diffusional term. The other point which should be
noted is that the significance of this interchange depends on « = Uy/u,,
which is the ratio between the bubble velocity and the interstitial gas
velocity at incipient fluidization. As Davidson (I14) showed, and subse-
quent experiments have confirmed, the gas flow relative to a rising bubble
depends strongly on o (Figure 2). For air fluidization, systems with
throughflow—i.e., « < 1—are usually confined to large particles (> 400—
500 microns), or “teeter beds” to use Squires’ (16) terminology, except
possibly for conditions very close to the distributor in beds of fine par-

Gas Particles

(@) o <1 (b) o>1
Figure 2. Flow around bubbles in fluidized beds
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ticles. Many situations of industrial importance, particularly catalytic
cracking units, operate with large values of «—i.e., with gas clouds sur-
rounding the bubble. In this latter case, the throughflow predicted by
Davidson, and used by Davidson and Harrison, represents the rate at
which gas circulates between the bubble void and the surrounding gas
cloud. It is not, strictly speaking, the correct interchange between the
bubble phase and the surrounding dense phase. It, or a more rigorous
version of it, would appear to be the correct term to use in the analysis
of the teeter bed reactor.

Since most of the subsequent work on reactor modeling has been
based on this model, with the incorporation of later experimental results
on bubble and wake shape or on a more refined model of the gas and
particle flow (17) it is suitable to consider in more detail the mechanism
of gas interchange between bubbles and the surrounding gas phase. For
the moment let us confine ourselves to bubbles rising in an essentially
infinite medium; the important and frequently encountered case of slug-
ging is dealt with briefly later.

Considering first the case a < 1 (Figure 2), a modification of David-
son’s theory should be appropriate. It is found experimentally (18) that
bubbles carry up with them a wake which occupies around -} of the
bubble volume. Clearly this will contribute to any catalytic or gas—solid
reaction. The effect of the wake on the gas flow in and around the bubble
is as yet unknown. Assuming that Davidson’s or Murray’s analysis is an
adequate representation, the convective contribution to the gas exchange
rate is

¢ =3=UD2 (3a)

or -
q = ‘I UoDez (3b)

Assuming that the effects of dispersion and convection may be super-
posed, the total volumetric throughflow rate is (13):

D 1/241/4
Q =q+ 0975 (—%ﬁ,ﬁ—) xD2 @)

If the effects of the diffusional resistance in the particles are included,
Equation 4 becomes

00975 o D 1/241/4
Q=q+1+si(l”)e$>wDe2 5)
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The assessment of the diffusional contribution to this flow which allows
for the interaction of the convective flow, and the effects of reaction and
adsorption, as necessary, may then be found in the same way as indicated
for throughflow through a slug by Hovmand and Davidson (19). Hov-
mand (20) has allowed for the interaction between convection and dif-
fusion and has given an exact solution to replace Equation 4. The main
conclusion is that, as in the case of slug flow, the percentage of the total
throughflow caused by diffusion is less than predicted by Equation 4.
For a 5-cm diameter bubble and assuming a molecular diffusion coeffi-
cient of 1 cm?/sec, the diffusional contribution to the transfer decreases
to zero from the prediction of Equation 4, over a range of particle sizes
of 50200 microns. This takes no account of the effects of a fast reaction
in the dense phase which would modify the analysis further. For the
particular case in question—i.e., « < 1— we can conclude that the dif-
fusional contribution to the throughflow would in most cases be negligible.

As noted earlier, most cases of interest have « > 1 (neglecting for
the moment the situation in the immediate vicinity of the gas distributor).
Referring to Figure 2b we note the following effects to be accounted for:
(a) the flow pattern and mixing within the bubble, (b) the presence of
the wake and its influence on contacting and gas flow, (c) the convection
and diffusion between the bubble and the surrounding cloud phase (as
discussed above), (d) diffusion between the cloud and the surrounding
particulate phase, (e) convective interchange caused by shedding of
“fragments” of the gas cloud and bubble wake. Although theory (which
neglects the effects of turbulence and diffusion) has been developed for
the flow within the bubble (21-23) and predicts a substantial proportion
of the gas within the bubble to be circulating inside the void and never
contacting the cloud at all, experimental tests are extremely difficult, and
it seems that perfect mixing should be a fair assumption for the situation
inside the bubble. Since little is known of the effect of the wake, those
analyses which allow for its presence on the progress of a catalytic reac-
tion have effectively assumed that it is contained within the bubble phase
gas.

We have already considered the question of flow between the bubble
and the cloud. On the basis of Davidson’s theory of gas and particle
motion, Hovmand’s analysis should be the most appropriate. In Kunii
and Levenspiel’s bubbling bed model, the transfer rate given earlier by
Davidson—i.e. Equation 4—is used. The limitations of this analysis have
already been discussed.

Rowe and Partridge’s (25) model of a fluidized reactor, of which an
application is given in this volume (27), assumes that the bubble plus
cloud ensemble (= cloud in their notation) is perfectly mixed and that a
fraction of the gas within this ensemble equivalent to the volume of the
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Figure 3. Reaction in bubble cloud

surrounding cloud and wake is in contact with the particles at any instant.
The significance of this assumption can be grasped by the analogy shown
in Figure 3. The equations which describe this situation are:

_ Vade,
C; — Cy = E dt (6)
and
o Thde W .
e + 0 )
so that
d—dt(Vlcl + VzCz) = — lecl (8)

The assumption implicit in Rowe and Partridge’s model is that the
time constant (= V,/Q) of the empty bubble is much smaller than that
of the cloud and wake where the reaction is proceeding. Since in general
Vi < V,, this could only be exactly true if interchange were infinitely
fast although in practice with slow reactions the assumption will be more
nearly correct.

The problem of the diffusional interchange between the cloud and
emulsion phase is considered in the elegant paper by Chiba and Koba-
yashi (28). Their analysis assumes that the main resistance to transfer
between the bubble and the emulsion is in the transfer step between the
cloud and the emulsion phase. The transfer coefficient K, which is de-
fined in terms of unit volume of the bubble void, is calculated from
Murray’s solution for flow around the bubble and is

678 @ (DeeUs\1n
i S

Tl —fya-—1 ©)

Kunii and Levenspiel (29) had also previously estimated the mass trans-
fer coefficient for transfer between cloud and emulsion (K,.) by Higbie’s
penetration theory, obtaining

K. ~ 6.8 (s"D ”’U">m (10)

dpd
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The over-all transfer coefficient K may be calculated from

1 1 1

5 - K. K. (D)

where K, is the transfer coefficient for transfer between bubble and cloud,
which is, from Equation 4 above:

Uo _ D 1/241/4
Ky = 45 (7) + 5.85 (Zl—bji—> (12)
In general, as Chiba and Kobayashi point out,
KB &~ Kce (13)

These two theories are quite similar, except at low values of « (i.e., with
large clouds). A significant test of the theories would need to be carried
out with « close to unity, which is of course difficult to achieve experi-
mentally.

Toei and Matsuno (30) have attempted to account for the contribu-
tion made by shedding of fragments of the gas cloud. Their analysis needs
stronger support than it has at present; they conclude that the contribu-
tion to the over-all transfer is relatively small.

Partridge and Rowe (25) have conjectured that the mass transfer
coefficient between the cloud and the emulsion should be the same as
that for transfer between a sphere of gas of the same diameter (d.) as
the cloud, moving at the same velocity as the relative velocity (Ur —
U, — u,) between the cloud and the emulsion gas. The mass transfer
coefficient is thus given by

hnde _ o + 0.69 Sc/*Re'2 (14)
D¢
where Sc = w/pDg; Re = oUgrd./u

Other approximate relationships have also been proposed by Kato
and Wen (31) (an expression which is used by Yoshida and Wen (32)
in this volume):

11
Kn =g (15)
and by Toei et al. (30),
Ko=5~2 (16)
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The experimental results reported by Chiba and Kobayashi (28)
provide a useful means of testing these proposed relationships. One point
concerned with Chiba and Kobayashi’s results must be noted, however.
It is well known that the effect of the container walls on bubbles in both
liquids and fluidized beds is very significant, and in the limit the bubbles
rise as slugs. Theory for the motion of slugs in fluidized beds has been
given by Stewart and Davidson (33), and a sketch of typical gas and
particle streamlines is given in Figure 4. It appears that single injected
bubbles will begin to behave like slugs when the equivalent diameter of
the bubble is greater than about one-third of the bed diameter [Pyle and
Stewart (34)]. Kobayashi’s ozone experiments were conducted in a
10-cm diameter bed; hence, all the results he quotes (bubble diameters
greater than 5 cm) are probably taken from a slugging system or at least
from systems exhibiting transitional behavior. The same is true of the
helium experiments, as of a proportion of the results given by Stephens
et al. (35). Exact theory exists for transfer from a slug to the cloud
[Hovmand and Davidson (19)]. Since in this case the cloud is close to
the wall, gas transferred into the cloud is presumably swept down into
the slug wake and into the particulate phase. The analysis should thus
give the required over-all transfer coefficient.

Particles Gas

\ |

~ Nt

\

1
1
—

—

Figure 4. Flow around a slug
in a fluidized bed

Experimental results (35, 60) for the over-all transfer coefficient de-
fined above are compared with the available theories in Figures 5 and 6.
Hovmand and Davidson’s theory agrees reasonably well with the results
at the slugging end of the range. Wen’s approximate and convenient
relationship appears to be no worse than any other theory. It cannot be
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said that as yet any theory can be accepted as overwhelmingly superior
to any other, and there is clearly a need for further careful experimental
work in this field. Rowe and Partridge’s (25) theory appears to under-
estimate the exchange rate seriously.

These expressions are valid only for bubbles with clouds; for the
case where o < 1, which may occur near the distributor, Equations 4 or
5 must be used.

Bubble Coalescence

Kobayashi’s earlier results using helium (36) and the results quoted
by Stephens et al. were taken in a situation where bubbles were being
produced continuously and probably coalescing. Toei et al. (37) have
produced a theory for transfer from the cloud based on the shedding
which should result when two bubbles coalesce (Figure 7). However,
on coalescence, a further effect must be included. There is reasonable
evidence for the two-phase theory of fluidization—i.e., that the bubble
flow is the total gas flowrate minus the flow needed to fluidize the bed.
When two bubbles with clouds coalesce, therefore, the resulting bubble
should be such that the upwards flux of gas in the bubble phase remains
constant. Thus if two bubbles of volumes V,, V, and rising velocities Uy,
U, coalesce, the resulting bubble will have a volume V3 and velocity
Ub3 Sl.lCh that

ViUs + VaUss = ViUss a7

Since rising velocity and volume are uniquely related, this expression is
sufficient to define V5. Now, since the volume of the resulting bubble
will be different from the volumes of the two coalescing bubbles, the
values of “a”—and thus the cloud dimension—will be different before and
after coalescence.

Consider the coalescence of two identical circular bubbles each of
radius @ in a two-dimensional bed. We will assume, as usual, that the
rising velocity, and thus «, is proportional to a2 The resulting bubble
of radius a, will thus be defined by

a, = 2*5q (18a)
and a, = 25 q (18b)

Using Davidson’s theory, the radius of the cloud A is related to the bubble
radius by

A2 a4+ 1 (19)
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Cloud gas shed

Figure 7. Coalescence, after Toei et al.
(37)
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Figure 8. Gas exchange on coalescence

hence, the volume of the bubble plus cloud, per unit depth of bed, will be

[e4
(A2 — a?) + a® = (a — 1> a? (20)
taking e = 0.5.
The difference between the sum of the total (ensemble) volumes of
the two bubbles before coalescence and the coalesced bubble will be

the volume of gas transferred from the bubble plus cloud to the dense
phase. The transfer ratio K (defined as the volume transferred divided
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by the visible volume of a single bubble of radius a) is thus

1 1
K =2 (a —1 2y — 1) (21)
The corresponding result in three dimensions is
_ a — 0.5\ 4y (272 — 0.5
() -w(Es) @

These transfer ratios are plotted in Figure 8, and Toei’s (two-
dimensional) theoretical value, based on the shed volume of cloud, but
not allowing for the above affect, is also included. The predicted effect
of coalescence is a substantial transfer of gas to the dense phase. If the
above theory is correct, this might well account for the difficulty in
interpreting the experiments referred to above and suggest a further
mechanism to be included in fluid bed reactor models, especially in the
region near the distributor where bubbles are smallest and coalescence
most intense.

Mixing of Gas and Solids

Before discussing the effects of the gas interchange on reactor per-
formance it is appropriate to consider the processes of mixing of gas and
solids. It was soon found that a reactor-with-dispersion model gave an
inadequate and misleading description of a fluidized bed. May (6)
attempted to remedy the situation by including a dispersion term in the
conservation equation for the gas phase. He suggested that since the
mixing processes were intimately linked, the dispersion coefficients for
gas and solids in the dense phase should be the same. We are now in a
better position to assess this judgment. Let us recall briefly some of the
basic physics involved. As far as the solids are concerned, mixing in
bubbling beds is overwhelmingly caused by the following effects: (1) the
transport of solids up the bed in the wake of the bubbles, and transfer
from the wake to the bulk of the bed; (2) the movement and disturbance
arising from the passage of bubbles, which is the phenomenon of “drift,”
first discussed by James Clerk Maxwell (38).

Qualitatively, the effects of both contributions is to create mixing
and circulation within the bed, and a very thorough study of the basic
mechanisms will be found in Rowe et al. (39). Woollard and Potter’s
(40) study broadly confirmed these mechanisms, and they found that the
contribution arising from drift is the displacement of around 30—40% of
the bubble volume from its original (horizontal) position. The wake
occupies about one-third of the bubble volume. Rowe et al. (39) also
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refer to the phenomenon of wake shedding, which looks qualitatively, at
any rate, to be similar to the process involved in wake shedding behind a
cylinder or sphere in a liquid. No quantitative results are available,
however, and it does not seem possible to assess this particular contribu-
tion to the solids interphase transfer, which is a term essential to the
models proposed by Bailie (10) and van Deemter (9). The explanation
proposed by Yoshida, Kunii, and Levenspiel (41) which envisages solids
being drawn through the gas (!) cloud into the wake and then out again
is as implausible as it is elegant. One only need consider a bubble with
a large cloud (i.e. « ~ 1) to realize the dubious character of this model.
Apart from the mechanism observed by Rowe et al., transfer from the
wake region to the rest of the bed will occur at the top of the bed and
presumably as bubbles coalesce. Indeed this last mechanism, which has
not been studied to my knowledge, may well be the dominant one within
the body of the bed. Latham, Hamilton, and Potter (26) provide a simple
model similar to van Deemter’s which is based on the solids movement
set up by the upwards passage of solids in the bubble wakes. The com-
parison of Woollard and Potter’s calculations of this mechanism with
experimental results on the solids circulation rate is not very good.

The effect of drift can be estimated by calculating the mean distance
of particle displacement. One such analysis, based on the (dubious)
assumption of random bubbling (23) shows that the axial dispersion
coefficient should be of the form:

D

'(m ~ constant (23)
- o)Ud

with the usual nomenclature.

Much more careful work is needed, however. It is not at all clear
that a dispersion-type model is likely to be appropriate since the behavior
of a bed is characterized by gross circulation patterns, differences in
bubble dimensions and frequencies up the bed, and the formation of
local bubble concentrations and tracks (16, 42). It is hardly surprising,
therefore, that variations in mixing, and particularly in its scale, are found
throughout the bed (e.g., Refs. 43 and 44).

It is clear that the gas movement depends heavily on the motion of
the solids, and some effects of this interaction have recently been clarified.
Let us first consider the bubble phase. We have already considered
briefly the situation within a single bubble, which may (possibly) be
taken as perfectly mixed. From an over-all point of view, however, the
situation is different since it is difficult to see how backmixing could
occur, on a large scale at any rate, between bubbles. Hence, it is prob-
ably in order to take the bubble phase over-all as being in plug flow.
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However, Krambeck et al. (45) consider that some over-all models are
not very sensitive to this assumption. For a model for control, however,
it would seem important to retain this feature.

Consider next the effects of gas interchange between the bubbles
and the dense phase. Latham, Hamilton, and Potter (26) have shown
that even if the gas within the particles is assumed to be in plug flow,
the effect of gas interchange is to produce a diffusion-type equation for
the dense-phase gas concentration, which was also true of Davidson and
Harrison’s analysis of a reactor yielding as it does a second-order differ-
ential equation for the dense-phase gas. A basically similar scheme was
developed further by Hiraki, Kunii, and Levenspiel (46). However, this
method pays no attention to the other effects which operate, just as they
do in the case of solids mixing. In particular there are two effects which
must be considered: the gas backmixing which is caused by the gross
circulation in the solids phase (discussed above) and the distribution in
gas residence times caused by the presence of bubbles [e.g., Rowe (47)].

Lanneau appears to have been one of the first to recognize the reasons
for gas backmixing which is observed in practice. Local downward gas
movement near a single bubble may arise simply as a consequence of the
fluid mechanics; this mechanism is considered below. The approximate
conditions for gross downward movement of gas in the dense phase as a
consequence of the particle circulation have been devised by Kunii and
Levenspiel (29) and by Latham, Hamilton, and Potter (26). Based on
an argument from continuity, Latham et al. show that the critical gas
velocity for backmixing should be given by

Ucrit 1
v, ~'tar
where U, is the incipient fluidization velocity, ¢, is the dense phase void-
age (~ 0.5), and R is the number of bubble volumes of the dense phase
which are moved, which again will be of order 0.5. It may be concluded
that with fine particles especially “total” backmixing will frequently occur.
Quantitative agreement is not found between theory and experiment,
however, but as Kato and Wen (31) point out, it may often be appropri-
ate to assume that the net upward gas velocity in the emulsion phase is
zero. The implications of this and the effect of large downwards particle
velocities on the bubble behavior and the distribution of gas between
bubbles and dense phases seems not to have been explored sufficiently.
One effect which does not seem, as yet, to have been sufficiently
recognized is the further possibility of drift in the gas phase, precisely
equivalent to that in the solids phase. For a bubble with a surrounding
cloud, Davidson’s (14) theory predicts that the gas should move relative
to the cloud in the same way as an inviscid liquid moves past a sphere
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(or cylinder, in two dimensions) of the same dimensions. The implication
of this theory is that the passage of a bubble plus cloud moving at U,
through a gas interface (moving upwards at u,), will produce a perma-
nent distribution, or drift, of the interface. That such an effect does
indeed occur is shown in Figure 9, showing the passage of a bubble
through a nitrogen dioxide/air interface in a two-dimensional bed (23).
Detailed comparison with the theory and its implications will be pub-
lished later, but this effect will have a particularly distorting effect on the
distribution of gas contact times when the clouds are large.

C d
Figure 9. Gas drift around a bubble [ Anwer (23)]

There is room for a great deal of work into mixing processes in
fluidized beds, and it appears that substantial progress will only be made
when we have a much more substantial understanding of the processes
of bubble formation, coalescence, and distribution within the bed.

Models of Bubbling Fluidized Reactors

As indicated earlier a number of attempts have been made to charac-
terize fluidized beds in terms of a rather general two-phase model involv-
ing mixing and transfer of both gas and solids within and between the
phases [see e.g. van Deemter (9)]. The structure of these models is
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inevitably similar to the more explicitly bubble-based models, apart from
the difficulty noted above in specifying a priori the terms within the
model. Now we consider how different authors have attempted to include
some of the terms discussed above into their models of bubbling fluidized
beds.

The discussions above of the interphase gas exchange and mixing
processes give a good indication of the different methods used by various
workers. Orcutt, Davidson, and Pigford’s (I2) analysis assumed the
bubbles to be characterized by a mean effective diameter D,, and the
transfer rate between bubbles and dense phase to be given by Equation 4.
Assuming either perfect mixing or plug flow of gas in the dense phase
gives a simple pair of equations to be solved for the performance of a
catalytic reactor which are similar, in form at any rate, to Equations 1
and 2 above. Davidson and Harrison compared this model, with fair
success, with the results of many studies of first-order catalytic reactions.
The method of comparison used was the calculation of the bubble diame-
ter D,. Many of the results predicted values of D, that were of the same
order or larger than the bed, and the subsequent development of a simple
theory for the onset of slugging (33) shows that, indeed, many of the
experimental results reported in the literature are taken from slugging
systems for which (noted above) the bubble model is not appropriate.
The model has subsequently been developed, as indicated above, to deal
with the slugging situation (19). In this analysis, the reasonable assump-
tion is made that the gas transferred from the bubble goes into the main
body of the dense phase.

It was indicated above that coalescence is an important factor as far
as gas interchange is concerned; Hovmand and Davidson were able to
measure the slug lengths by a capacitance technique, and they divided
the bed into a small number of regions of (assumed) constant slug length.
Each of the sections was then treated as an individual reactor and the
individual reactor yields multiplied together so that the effect of the
coalescence was to mix (perfectly) the two phases. It would be interest-
ing to see if this were true; it is certainly difficult to see how it might be
of a bubbling bed. One reason for investigating this—and methods of
promoting coalescence—is that mixing the two phases some distance
above the distributor should greatly reduce the effect of gas by-passing,
which is the most serious limitation of fluidized reactors. If, for the
moment, we accept Davidson and Harrison’s model, and for simplicity
assume perfect mixing in the dense phase, the fraction of inlet gas uncon-
verted in a first-order catalytic reaction is given by their equation 6.9:

1 — Qe =

TF 7 = g (24)

¢ = Be* +
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where the transfer factor x — QH/U,V. Now if we consider the same
bed subdivided, for simplicity, into “n” equal sections and we assume
that all other conditions remain the same, then for the nt* section x, = x/n
and k¥, = k’/n. The ratio of the fraction unconverted leaving the n‘®

section, to that given by Equation 21 is thus

a1 1 — Be—x/n )"
° (1 e A W/ — g (25)

1 — Be==
(1 T ey sw))
The effect is most easily seen by considering a fast reaction where by-
passing controls the yield (¢’ — Be™®). In this case ® 5= "%, and since
B = (1 — U,/U) is always less than 1, as expected an improvement in
reactor performance should result. The same is true if plug flow is
assumed in the particulate phase.

Toor and Calderbank (48, 49) used the same model as Orcutt et al.
but included the effect of bubble coalescence by including a term to
account for the variation in bubble frequency with height. They con-
clude that coalescence is unimportant, but it is doubtful if their results
allow one to write off coalescence, and their conclusion is not borne out
by other workers (nor does it reflect the arguments proposed earlier).
This study, like most others, shows the extreme difficulty in setting up
experiments which will clearly test and discriminate between models.
Perhaps the largest contributory factor to this is the virtual impossibility
of making simultaneous measurements of reactor performance and bubble
size and spatial distribution. This is one very strong argument in favor
of experimental work on slugging reactors, where at least the bubble
rising velocity is determined.

In a very useful extension of this work to an 18-inch diameter bed,
Toor and Calderbank (50) spotlighted some of the problems associated
with larger scale operation and scale-up in general. There is evidence that
bubble tracks and the resulting relatively stagnant regions of bed give
changes in performance which are not predictable as yet. The change
from a porous plate distributor to a sieve tray also caused a marked
reduction in performance. It appears impossible, as we have already
seen, to characterize the performance of a reactor in terms of a single
effective bubble diameter because the changes in bubble diameter, and
thus in exchange rate, are so marked. This result is also seen in later
comparison of some theories (Figure 10). Davidson (51) in a review
of Toor and Calderbank’s work shows, however, that a simple bubble
model assuming plug flow near the base of the bed followed by a bubbling
(or slugging) region gives good agreement with the experiments. Clearly




Published on August 1, 1974 on http://pubs.acs.org | doi: 10.1021/ba-1972-0109.ch003

124 CHEMICAL REACTION ENGINEERING

more work is needed if we are ever to be able to predict a priori the
performance of industrial scale reactors. It is noteworthy that Toor and
Calderbank report that a 50% change in reactor performance should
theoretically result from a change in bubble size of 1.5 times.

1.0
Partridge & Rowe

® 5 e - - n :const. dia
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Figure 10. Comparison of reactor models

It is difficult to overemphasize the problems still remaining before
adequate methods of prediction are developed. All the studies referred
to reinforce the complexity of the problem; it is clear that in many situa-
tions the overwhelming influences originate in bubble interactions. The
attempt to base methods of analysis and design on simple, single parame-
ter models (e.g., a mean bubble diameter) is certainly naive and may
well be seriously misleading if applied uncritically. What is clear is that
far more study is needed of the effects of distributor design. Zenz (52)
and Kelsey and Geldart (53) have recently shown the importance of
distributor design. Kelsey and Geldart’s study shows, for example, the
poor performance that may result from the use of a porous plate dis-
tributor: a result that appears, incidentally, not altogether in agreement
with Toor and Calderbank’s finding which was noted above. Similarly
the recent work of Clift and Grace (54) on bubble coalescence shows
that substantial progress is possible along a path which looks at first sight
so daunting.

One of the most striking features of a fluidized bed is the continuous
disturbing effect of bubbles. The model discussed above, and those dis-
cussed later, all treat the continuously bubbling bed as an essentially
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steady-state system. Krambeck et al. (45) have made a significant move
in treating the bed as a stochastic system since, as they point out, the time
and length scale of the disturbances introduced by the bubbles is often
of the same order as the operating scale of the bed itself.

Partridge and Rowe’s model (25, 27, 55) assumes, as noted before,
perfect mixing within the bubble and cloud. Allowance is made for the
effect of the wake, and the mass transfer coefficient for gas interchange
between the bubble and dense phases is given by Equation 11. The other
feature of the model is that it incorporates bubble growth through the
bed—either as an empirical relation or as an analytic function. In their
model, this is certainly a critical factor, as Figure 10 shows where com-
puted results by Partridge and Rowe are compared with predictions using
their model for exactly the same operating conditions but assuming a
mean bubble diameter of 5 cm. It is quite clear from this that the effect
of many small bubbles near the distributor is to improve the yield over
the average performance while their “exact” calculations show the serious
effects of bypassing caused by large bubbles near the surface. What is
needed, of course, is a sensitive experimental study of this. The work by
Ellis et al. (56) does not give very good agreement between this theory
and experiment (the oxydehydrogenation of butenes). Good agreement
is apparently achieved between the theory and experiments on the isom-
erization of n-butenes reported in this volume (27) by assuming (on
quite strong grounds) a linear variation in bubble diameter with bed
height and calculating the coefficients in the expression for bubble diame-
ter to give a good fit with theory.

This same study does illustrate one interesting feature of fluidized
reactors with complex reaction schemes for the effect of the gas bypassing
and interchange can give rise to performance very different from what
might be expected and occasionally superior to a fixed bed reactor. Yates
et al. point to the improvement in selectivity (trans- to cis-2-butene ratio)
resulting from the effect of the gas bubbles as a type of distributed feed.
A similar effect was previously noted by May.

Using Harrison and Davidson’s model it is clear (57) that the as-
sumption of plug flow in the particulate phase shows that the selectivity

in the simple reaction scheme A{g depends on the interchange factor, x.

The selectivity is apparently independent of x if perfectly mixed gas in
the dense phase is assumed. Another effect of the “distributed feed”
nature of the bubbling has recently been reported by Jones and Pyle
(58), and the effects of bubbling on the optimum operating conditions
and yield of a complex reaction scheme has been studied.

The final model to be discussed in detail is that proposed by Kunii
and Levenspiel (24, 59). Its features will probably be fairly clear from
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the earlier discussion on mass transfer from bubbles. Reaction is ac-
counted for in both wake and cloud and could be allowed for within the
bubble itself, and the theory allows for transfer between both bubble and
cloud and the cloud and the surrounding dense phase. The theory has
been developed for the case where gas backmixing in the dense phase is
assumed—i.e. U/U, > 6, say, and there is assumed to be no flow through
the dense phase. Since all the gas added to the bed at a velocity U goes
through the bed as bubbles, the “continuity” addition to the bubble
velocity should thus, apparently, be U rather than U — U,. It is difficult
to see what effect the (large) downflow of solids will have, but pre-
sumably both the bubble rising velocity and the cloud dimensions will be
affected. A slow reaction system would be a good test of this theory since
the possible contribution of the emulsion phase to the reaction would
certainly be significant.

No adequate test of the theory has been reported, but the correlating
bubble diameters reported by Kunii and Levenspiel (59) seem rather
small. The theory would thus appear to be good at correlating existing
results, but perhaps one would not be so confident in using it for design
purposes from first principles (which is not to recommend overconfidence
in any other model).

An alternative approach has also been taken by Latham et al. (26),
but in the absence of experimental results I defer consideration of this
model.

What are now needed are detailed tests of the various models ag.inst
each other and experiment. In the absence of the opportunity to do the
latter (and more important) job, consider Figure 10. In this graph the
predictions of the models discussed are compared for one case only. The
differences between the theories are particularly noticeable near the floor
of the bed where the effect of the small bubbles used by Partridge and
Rowe (25) is in evidence. Over much of the range covered, moreover,
the predictions of the theories differ by up to 100% in either concentra-
tion or bed height, so perhaps experimental tests should not be too diffi-
cult. What will be recognized is the great importance of the correct
prediction of the gas interchange rate under these conditions. The sensi-
tivity of the results to this factor may be seen from the computations at a
bubble diameter of 10 cm. However, reactor performance is by no means
always so sensitive to bubble properties. Davidson’s model shows what
is generally accepted—that under conditions of fast interchange and slow
reaction, the performance approaches that of a CSTR. It would be useful,
however, to have a clearer definition of these conditions.

Kato and Wen (31) have recently reported an extension of Kunii
and Levenspiel’s model, in which bubble growth is accounted for by
dividing the bed into a series of vertical compartments of the same height
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as the bubble diameter at that point. Good agreement is found between
the theory and the results of a number of different workers (even though
—again!l—some of these results appear to be taken from slugging beds
(19) ). This same method applied to a gas—solid reaction but incorporating
a model for solids interchange and assuming perfect solids mixing in each
compartment is presented in this volume (32) and is an interesting ex-
ample of the sort of situation where both gas and solids mixing is relevant.

There can be little doubt that the last decade has seen remarkable
strides in the understanding and modeling of fluidized bed reactors, yet
many problems still remain. There is little strong evidence or information
on bubble inception at the distributor, nor are there any rational accounts
of the effects of distributor design; clearly the phenomena associated with
coalescence require elucidation. Similarly information and . adequate
theory on bubble distribution in large scale beds is vital. As I have indi-
cated, mixing has received a good deal of attention, but no satisfactory
models yet exist to deal with realistic situations, nor have we much
information on the likely effects of mixing [but Toor and Calderbank
(48) find the model rather sensitive to mixing]. There is clearly much
work to be done in a difficult and challenging area.

Nomenclature

a — bubble radius

a. — bubble radius after coalescence

A — radius of cloud

Cv = concentration in bubble phase

Cp = concentration in particulate phase

c — ratio of concentrations at outlet and inlet

dy — bubble diameter

d, = cloud diameter

D = dispersion coefficient

D, = diameter of sphere of equivalent volume

D, — molecular diffusion coefficient

i = acceleration of gravity

= height

hy, = mass transfer coefficient (Equation 11)

H = over-all bed height

H, = bed height at incipient fluidization

k — reaction rate constant

154 = kH,/U, dimensionless rate constant

K — ratio of volume transferred to bubble volume, on
coalescence

Kz — over-all transfer coefficient, defined in terms of unit
bubble volume

K. — transfer coeflicient, from bubble to cloud

K.. — transfer coefficient from cloud to emulsion phase

n = number of reactor stages or coalescences
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q — convective transfer rate from bubble
g — total transfer date from bubble
— ratio of volume of solids moved to bubble volume
U, — interstitial velocity at incipient fluidization
U = gas (superficial) velocity
U, — absolute rising velocity of bubble
U, — rising velocity of single bubble
Uerit — critical gas velocity for gas backmixing
U, = superficial velocity at incipient fluidization
Ur — relative velocity between bubble and emulsion gas
\%4 = bubble volume
Vg = bubble phase volume
Vp = volume of particulate phase
Vi, Vs = volumes of bubble cloud and void (in Figure 3)
Vi, Vs, V3 — volume of bubbles ( Equation 14)
W, = flow rate in bubble phase
W, = flow rate in emulsion phase
W, — total interchange between phases
x = QH/U,V — transfer factor
y = dimensionless distance
@ — ratio of bubble velocity to interstitial velocity = Uy/u,’
o = value of « for bubble after coalescence
B =1-U/U
€ = voidage fraction
A = voidage fraction at incipient fluidization,
P = gas density
b = density of bed
o = ratio of concentrations ( Equation 25)
I = gas viscosity
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A Model of the Mechanism of Transport in Packed,
Distended, and Fluidized Beds

T. R. GALLOWAY and B. H. SAGE, California Institute of Technology,
Pasadena, Calif. 91109

A boundary layer and vortex flow mechanism has been proposed for
single-phase flow heat and mass transfer in packed beds made up with
ordered arrays of particles, distended-ordered arrays, randomly arranged
particles, and homogeneously fluidized beds. The flow is characterized
by a local interstitial Reynolds number based on the actual velocity in
the smallest flow passage and by a free-stream turbulence level charac-
terizing the turbulence in the region of the particle. Both the interstitial
Reynolds number and interstitial turbulence level can be derived from
packing geometry and the given superficial flow velocity.

The transport is calculated from a theory based on stochastic argu-
ments describing heat and mass transfer from single cylinders and spheres
immersed in turbulently flowing liquid or gas streams by replacing the
free-stream Reynolds number and turbulence level by the new interstitial
Reynolds number and interstitial turbulence level appropriate for the
packed bed. The applicability of this bluff body theory was verified ex-
perimentally by studying the local flow and heat transfer in a rhombo-
hedral number six, blocked passage array of 1.5-inch spheres. The inter-
stitial turbulence was established from previous “hot-wire” measurements,
and the local interstitial velocity was measured with a pitot tube. The
local heat transfer was measured with a segmented instrumented copper
sphere, 1.5 inches in diameter, provided with a small calorimeter. The
segment as well as the sphere could be rotated, thus positioning the
calorimeter at almost any point on the surface of the sphere. The super-
ficial Reynolds number was varied from 875 to 3618.

An analytical expression obtained from the theory has represented
available transport measurements from single spheres within 8.8% in-
volving 950 data points and packed arrays of cylindical, spherical, and
commercial packing together with distended and fluidized beds of spheres
within 9.8% involving 762 data points. In commercial packed columns

131
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being irrigated with liquid the height of a gas-phase transfer unit was
predicted within 12% using 12 cases involving both absorption and
vaporization.

Gas Exchange between the Bubble and Emulsion Phases in
Gas-Solid Fluidized Beds

T. CHIBA and H. KOBAYASH]I, Department of Chemical Process Engineering,
Hokkaido University, Sapporo, Japan

In gas-solid fluidized beds, numerous bubbles are invariably gener-
ated near the bottom of the bed, and the gas inside the bubbles is ex-
changed continuously with the gas in the emulsion phase as they rise
through the bed. To predict the extent of chemical reaction in a catalytic
fluidized bed, it is essential to know the rate of gas exchange between
the bubble and emulsion phases. Many theoretical and experimental at-
tempts have been made to obtain reliable data on the rate of the gas
exchange.

In the present study, an attempt was made to determine the gas
exchange coeflicient in a fluidized bed, 10 cm in diameter containing
glass beads or milled glass particles. Gas bubbles containing ozone as a
tracer were injected successively into the incipiently air fluidized bed.
Measurements were made at four different levels in the bed on the changes
of ozone concentration immediately inside the bubbles by means of an
ultraviolet spectrophotometer with simultaneous measurements of the
size, frequency, and rising velocity of the bubbles. Throughout this ex-
periment the bed height was maintained within a range of 63.5 to 74.4
cm, and the heights and frequencies of bubbles measured were within
a range of 4.8 to 8.1 cm and 0.37 to 0.47 sec™, respectively.

It was shown from the measurements that the concentrations of the
tracer gas in the bubble decrease as the bubbles rise through the bed.
From the axial variation of the concentration of the tracer gas in the
bubble, gas exchange coefficients between bubble and emulsion phases
were calculated with the following assumptions: (a) the concentration
of ozone in a bubble is uniform, (b) bubble characteristics such as the
volume, the rising velocity, and the frequency are kept unchanged
throughout the bed, and (c) the shape of bubble voids and that of gas
clouds are a spherical cap and a sphere, respectively. The value of gas
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exchange coefficient based on the unit volume of bubble void decreased
with the increasing value of the height of bubble and for the same size of
bubble it is larger for the larger size of particles.

A model for predicting gas exchange coefficients was also derived,
based on the diffusional flow from the gas cloud surface to the emulsion
phase. Assuming that the composition in the gas cloud is uniform and
the mechanics of gas and particle flow around the bubble follow the
analysis by Murray, the gas exchange coefficient based on the unit volume
of bubble void is given as:

1/2
K, - 878 x (DaemfzuB) (1)

T1—=f, a—=1 \_ D

fw: volume fraction of bubble wake
&= UB Ems/Ums
fw: volume fraction of bubble wake
A = UB Ems/Umys
ug, D’p: rising velocity and diameter of bubble, respectively

€ms, Ums: voidage and superficial velocity of gas at incipient fluidization
respectively

Dg: diffusion coefficient

Thus, the experimental values of K; were compared with those of Equa-
tion 1 and were in fairly good agreement. Hence, we concluded that the
rate of gas exchange between the bubble and emulsion phases was largely
governed by the rate of diffusion from the surface of the gas cloud.

The effect of gas adsorption on the gas exchange coefficient was also
estimated, and the results of calculations were presented to demonstrate
that the effect would become appreciable when the adsorption equi-
librium constant becomes large.

The Isomerization of 7-Butenes over a Fluidized Silica-
Aluminia Catalyst

J. G. YATES, P. N. ROWE, and S. T. WHANG, Department of Chemical
Engineering, University College, London W.C.1, England

The two-phase model of a freely bubbling gas-fluidized bed in which
a chemical reaction is taking place has been described in detail by Part-
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ridge and Rowe (1), and its application to real systems has been investi-
gated (2, 3). We investigated the model further and compared its theo-
retical predictions with experimental results obtained from the study of
a solid catalyzed gas reaction. The reaction chosen is the isomerization
of 1-butene to a mixture of cis- and trans-2-butene catalyzed by silica-
alumina at 104°C. Kinetic data were obtained by a small fixed bed re-
actor. The reaction takes the following course:

A

Ir A\

B=C
where A represents 1-butene, B is trans-2-butene, and C is cis-2-butene.
Although the kinetics seem complex, the system may be considered to
be one of first-order parallel reactions if the reactions of each individual
component are examined at low conversion. All six rate constants may
be derived in this manner, and the results describe accurately the inter-
conversion up to the equilibrium condition. Gas chromatography was
used for product analysis.

The fluidized bed experiments which were carried out in a 15.3 cm
diameter bed were investigations of the effect on 1-butene conversion
and on reaction selectivity (taken as the ratio B:C) of varying gas flow
rate and bed depth. The results were expressed conveniently in terms
of contact time. Comparison was made between these experimental re-
sults and two-phase model predictions; the latter were obtained on the
basis of assumptions as to the bubble size distribution through the bed;
further, the interphase gas exchange was assumed to be diffusional. The
experimental results correlate well with the model predictions if a linear
variation of bubble size with bed height is assumed. The functional
dependence is given by:

dp = ZH + 0.30

where dj is the average bubble diameter at a distance H cm above the
distributor, and Z is a constant for a fixed superficial gas velocity, tsup.
Good correlation is given by the following values:

Z — 0.066 when 4y, = 1.67 cm sec™
Z = 0.048 when ug,, = 0.71 cm sec™

This assumed distribution agrees substantially with that found by other
investigators working with similar catalyst and with the same type of
distributor (4) and shows a similar dependence on superficial gas velocity.
Moreover recent work in this department using the x-ray technique has
produced strong evidence of a linear variation of bubble diameter with
bed height. Many of the salient features of a freely bubbling bed may
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be expressed in terms of the parameter a, the ratio of bubble to remote
interstitial gas velocity. Calculation of « values from the bubble sizes
given by the above equation show them to be large (20 < « < 90) at
most bed levels. This is not unexpected in view of the relatively low
value of the minimum fluidization velocity (0.21 cm sec at 104°C) of
the catalyst particles forming the bed; it leads to the conclusion, how-
ever, that the cloud volume associated with the rising bubbles is small,
and hence that cloud-phase reaction can be expected to contribute little
to the over-all conversion. Furthermore, calculated conversions based
on the incorporation of the bubble wake fraction (assumed to be 20%
of the complete bubble sphere) in the cloud phase reaction zone demon-
strate that this modification is insignificant as far as the predicted con-
version in this case is concerned.

Calculation of the important two-phase model parameter Qr, which
gives a measure of the interphase gas exchange rate, shows clearly that
although in the lower regions of the bed considerable diffusional exchange
takes place, its rate decreases markedly with bed height. This is a further
consequence of the rapidly increasing values of « towards the top of the
bed since on the two-phase model Qg is inversely proportional to a.

The over-all effect of fluidized bed operation on the selectivity of
1-butene isomerization was studied. For the same molar conversion of
1-butene in the fixed and fluidized beds, the cis- to trans-2-butene ratio is
different. This may be accounted for on the basis of the limited solids
contact of cloud phase gas coupled with the efficient contacting achieved
in the emulsion phase of the fluidized bed. This is demonstrated clearly
using a triangular diagram of the reacting system from which it is also
apparent how the gas exchange between the two phases affects the selec-
tivity.

Although the reaction chosen for study in this work is of little indus-
trial importance, it provides evidence of the power of the two-phase
model to predict fluidized bed performance. It should now be possible to
apply the model to reactions and situations of real industrial significance.

(1) Partridge, B. A., Rowe, P. N., Trans. Inst. Chem. Engrs. (1966) 44, T. 335.

(2) Rowe, P. N., Partridge, B. A., Yates, J. G., Proc. Intern. Symp. Fluidization,
Netherlands Univ. Press, Amsterdam (1967) 711.

(8) Partridge, B. A., Ellis, J. E., Lloyd, D. 1., Tripartite Chem. Eng. Conf.,
Montreal, 1968.

(4) Kunii, D., Levenspiel, O., “Fluidization Engineering,” p. 237, Wiley, New
York, 1969.
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Three-Phase Fluidized Bed Reactors: An Application to the
Production of Calcium Bisulfite Acid Solutions

GENNARO VOLPICELLI and LEOPOLDO MASSIMILLA, Istituto di
Chimica Industriale e di Impianti Chimici dell'Universita, Napoli, Italy

Acid bisulfite calcium liquors are used as a leaching agent for pulp
production in the paper industry. A typical liquor contains about 5%
total SO, and 1.7% combined SO,. Generally, the production of bisulfite
acid solutions is carried out by absorbing SO, either in water over a
limestone packing (Jenssen towers) or in milk of lime (Barker columns).
The needs for increasing specific throughput capacity of the absorber,
improving control of the liquor composition, preventing plugging, and
adapting the process to the use of low grade limestones have suggested
the application of fluidization in the production of bisulfite liquors.

Following a previous investigation on the production of bisulfite acid
solutions with ordinary three-phase liquid fluidized beds (1), limestone
from 0.6 to 10 mm in size was fluidized in a 143-mm id and 4-meter high
column with water and sulfurous gas under conditions for three-phase
bubble fluidization (2). Under these conditions limestone particles were
held in suspension by transfer of momentum from the gas to the solid
phase via the liquid medium. The supporting effect of the liquid, pre-
vailing in ordinary three-phase fluidizations, became negligible. For a
given particle size, reducing liquid and increasing gas flow rates switched
the operation from bubble to plain liquid fluidization.

The three-phase bubble fluidized bed is the necessary development
for a useful application of fluidization to the production of bisulfite liquor.
To compete with Jenssen towers, the fluidized bed absorber should have
a throughput of about 15 cu meters/hour sq meter of liquor. Consider-
ing that SO, content in the sulfurous gas is at most 15% (in volume),
superficial gas velocities of about 50 cm/sec are required, which are well
in the range for bubble fluidization, whether the liquid flows concurrently
or countercurrently with respect to the gas. By comparison with the
ordinary three-phase fluidization, flow conditions prevailing in a three-
phase bubble fluidized bed are much less clearly defined. Slugging may
develop at relatively low height-to-bed diameter ratios, but process stoi-
chiometry requirements are met at much higher liquor specific outputs
than those which could be obtained with ordinary fluidized beds.

A drawback in applying three-phase bubble fluidization might have
been a solid concentration in the bed which was too low. Therefore, a
parallel investigation on the behavior of three-phase bubble fluidized beds
was carried out using the nonreacting system: limestone—water—air, with-
out liquid flowing through the column. The influence of particle size,
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gas velocity, and distributor design on the maximum mass fraction of the
solid suspended in the bed ( critical solid hold up) was tested. Practically
any size limestone can be handled, provided the gas is injected at suffi-
ciently high velocity. The only limitation from a fluid dynamic standpoint
is that the higher the particle size, the larger the energy loss at the dis-
tributor. For 1-2 mm limestone, critical solid holdup of about 0.45 could
be obtained at a superficial gas velocity of 140 cm/sec with less than 100
mm Hg pressure drop at the distributor. For 6-10 mm limestone, holdup
was 0.2 with a pressure drop of 800 mm Hg at a superficial gas velocity
of 200 cm/sec.

Increase in energy lost at the distributor might reflect a change in
the particle suspension mechanism. With smaller particles, the liquid
motion induced by bubbles swirling in the bed is effective in suspending
the solid, whereas suspension of coarser material ought to be related to
the liquid motion induced by gas jetting at the bottom of the bed. Both
these mechanisms occurred in three-phase fluidization with reacting sys-
tem. Owing to limestone reaction a substantial amount of fines were
always present in the bed even when close range coarse material was
charged into the column. Stratifications occurred. Fines were intensively
bubble fluidized in the upper part, whereas fresh limestone was jiggling
about at the bottom.

The production capacity per unit volume of the fluid bed absorber
is high. Rates of limestone dissolution of about 2 gram moles/liter hour
and SO, absorption of 3 gram moles/liter hour were obtained at the
experimental conditions investigated. However, the liquid phase in the
fluidized bed absorber is mixed perfectly, and thus the two requirements
for an industrial application—i.e., the strength of leaching liquor and the
degree of SO, recovery—cannot be fulfilled simultaneously with a single
unit. Fractions of SO, taken up in the experimental absorber were about
90% in comparison with recovery of 99.9% to be reached in industrial
applications. The process layout should then be based on a sequence
of absorbers, with gas and liquid flowing countercurrently, in each of
which limestone holdup is regulated in accordance with fluid dynamic
behavior of the bed and chemical aspects of the process. Up to a certain
level, limestone surface available in the bed controls the rates of SO,
absorbed. At higher surfaces both the formation of H,CO; and desorp-
tion of CO; may become slow steps, their relative roles on the kinetics
of the over-all process depending on bed agitation and reaction condi-
tions. On the other hand, an exceedingly high limestone surface might
raise concentration of SO,? in the liquid to induce precipitation of un-
soluble calcium sulfite and plugging problems. Therefore, there is an
appropriate limestone surface at which each unit of the multistage ab-
sorber should be operated. Related to the SO, concentration in the sul-
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furous gas, this surface should be large enough to allow a high fraction
of SO, to be absorbed, but not so high as to increase the concentration
of combined SO, in the liquor above the limits for sulfite precipitation.

From the chemical standpoint, the requirements for a given lime-
stone surface in the bed can be fulfilled with particles of any size. How-
ever, besides considerations of energy loss at the distributor, finer particles
(< 1-2 mm) are preferred to control slugging. The smaller the particle
size the larger is the specific surface and the higher the solid holdup at
which the bed can be operated. Correspondingly, the ratio between the
height and the diameter of the bed is lower.

(1) Volpicelli, G., Massimilla, L., Paper Trade ]. (1965) 66, T-512.
(2) Roy, N. K., Guha, D. K., Rao, M. N., Chem. Eng. Sci. (1964) 19, 215.

Noncatalytic Solid-Gas Reactions in a Fluidized Bed Reactor

KUNIO YOSHIDA and C. Y. WEN, West Virginia University,
Morgantown, W. Va.

Although the performance of fluidized bed reactors has been studied
by many investigators, only a few dealt with noncatalytic solid—gas reac-
tion systems. This paper presents a mathematic model incorporating the
bubble behavior and the solids movement to describe the performance
of a continuously operated fluidized bed reactor in which a noncatalytic
solid—gas reaction is taking place.

When a continuous flow of solids is fed into a fluidized reactor, the
outgoing stream of solids is composed of particles having different ages
and degrees of conversion. The average conversion of this stream depends
on two factors; the rate of reaction of individual particles in the reactor
environment and the flow characteristics of solids in the reactor.

Based on their “bubbling bed model” Kunii and Levenspiel showed
in the book, “Fluidization Engineering,” a procedure for predicting the
conversion of both gas and solids leaving the bed. Their model assumes
complete solids mixing, which may not be realistic under most of the
fluidized bed operating conditions. Besides, it is difficult to predict the
so-called “effective bubble diameter” used in their model since bubbles
vary in size during the rise through the bed. Kato and Wen proposed
the “bubble assemblage model” for catalytic reactions and showed the
possibilities of removing this difficulty by taking into account the bubble
growth and coalescence in the model.
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An attempt is made to extend this model to noncatalytic solid—gas
reaction systems and to demonstrate that the performance of a fluidized
bed reactor can be simulated by this model. As the noncatalytic reaction
we consider the case in which solid particles react with the fluidizing gas
while maintaining its original size because the inert solid layer is formed
around the unreacted core. The following stoichiometric equation can
be used to represent this type of reaction.

aA (gas) + S (solid) — gaseous or/and solid products

The proposed calculation method assumes that the reaction of solid
particles can be described by the shrinking core model and that the rate
of solids conversion is controlled by chemical reaction step.

The fluidized bed is assumed to be represented approximately by
“N” numbers of compartments in series where the height of each com-
partment is equal to the size of each bubble at the corresponding bed
height. Each compartment is considered to consist of the bubble phase
and the emulsion phase. The change of the bubble diameter along the
bed height is given by an empirical equation. The voidage distribution
in the fluidized bed is assumed as follows: up to the bed height corre-
sponding to the incipient bed height, the voidage can be considered uni-
form while above the incipient bed height, it increases linearly along the
bed height. From these two relations, the volume of bubbles, clouds, and
emulsion phase in each compartment can be computed. Also, it is con-
sidered that a part of the solids is distributed in the cloud and the wake
region of the bubbles while the remainders are distributed in the emulsion
phase. Since the solids are carried upward as a part of the wake of the
rising bubbles, this sets up a circulation in the bed with downward move-
ment of solids in the emulsion phase. Two methods of solids feed are
considered: one in which the solids are fed to the bottom of the bed
and withdrawn from the top of the bed at a constant volumetric flow
rate and the other in which the flow direction is reversed. Thus, the net
flow rate of solids must be obtained by either adding or subtracting the
solid circulation rate to or from the solid feed rate depending on the
flow direction.

From these considerations, the material balances of both gas and
solid in each compartment can be established. The computational pro-
cedure is then developed and applied by using the roasting of zinc sulfide
in a fluidized bed as an example.

The adequacy of the proposed procedure is demonstrated by com-
paring the calculated and the experimental conversions. The computa-
tional procedures and the block diagram for computer simulation of
noncatalytic solid—gas reaction in fluidized beds are illustrated, and the
calculations are tabulated.
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The application of this model, however, should be limited to oper-
ating conditions in which the bubble velocities are much greater than
Uns/ems. This implies that the use of the model is limited to fluidized beds
of small particles, and when large particles are used, this model must be
modified since clouds around the bubbles are no longer distinguishable
from the emulsion phase.
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Optimization Theory and Reactor
Performance

F. HORN" and J. KLEIN*

University of Waterloo, Waterloo, Ontario, Canada

Studies of reactor optimization can be classified according
to emphasis (e.g., method of optimization, general reactor
theory), according to the nature of the system being opti-
mized (e.g., an invented model, a plant-data model), or ac-
cording to the number of control variables (e.g., inlet tem-
perature, amount of catalyst). Optimization methods can
be constructive, indirect, or search routines, the last of
which are used to solve most practical optimization prob-
lems. Generally, the problems in reactor optimization revolve
around reactor type and control of process conditions.
Continued investigation of theoretical reactor optimization
problems should be encouraged since reactions or catalysts
which exist could never be discovered by purely practical
laboratory investigations.

This presentation discusses only that work in which either the reactor
model or the optimization method used is mathematically sophisti-
cated. However, many important contributions to chemical reaction
engineering have been made and will be made which do not meet this
criterion (there are also many unimportant contributions which do meet
it). A classification of relevant contributions is followed by a short re-
view of optimization methods and by a section containing general results
in reactor optimization. This is not a complete review of recent literature
(for this see Refs. 1-3) but an overview of the general field using typical
examples.

Classification

Work done in reactor optimization can be classified according to
whether the main emphasis is on (a) method of optimization, (b) gen-
! Present address: Department of Chemical Engineering, University of Rochester,

Rochester, N. Y. 14627.
* Present address: Farbwerke Hoechst, Frankfurt (M), DBR.
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eral reactor theory, or, (c) optimization or improvement of a special
system of practical interest. In case (a) the intention is to develop a new
or improved mathematical optimization method. The reactor or the
reactor model is used only to demonstrate or test this method.

In case (b) the objective is to derive results of general applicability
in reactor theory such as how deterioration of catalyst affects the optimum
temperature policy in general. Often the usefulness of such results lies
in their qualitative nature rather than in quantitative aspects. They may
serve as guidance for experimental trial and error procedures or for work
in category (c).

In case (c) the main objective is to optimize or to improve a par-
ticular system, either existing or planned to exist in physical reality, re-
gardless of the elegance of the mathematics or the generality of the
model used. The frequency of publications seems to decrease as one
proceeds from group (a) to (c).

Another possibility of classification is based on the nature of the
system subjected to optimization. This may be (1) an invented model,
(2) a model derived from laboratory or plant data which incorporates
general physical laws, or (3) a “black box” represented by an existing
pilot plant or plants. Certain pairings between groups (a) to (c) and (1)
to (3), such as (al), (b2), (c2), and (c3) will occur more frequently
than others. However, in principle, all combinations are possible. For
instance, at a certain stage in optimizing a real plant, results obtained
from an invented model may be helpful in suggesting a certain direction
of experimental research (cl). It is also possible to try out a new search
strategy with a pilot plant or laboratory reactor (a3) (see Ref. 4).

The number of control variables subjected to optimization provides
another distinction. The variables which in physical reality can be con-
trolled are always finite in number though they may be numerous. Opti-
mization methods dealing with this situation belong to the field of
mathematical programming (5-8). An example is the optimal choice
of inlet temperatures and amounts of catalyst for the stages of a multibed
catalytic reactor.

In problems of a more general nature the optimum choice of func-
tions of time or position is often considered. Then, the number of control
variables is infinite and the optimization methods used belong to the
field of variational calculus (9, 10). Examples are the optimum variation
of heat input or cooling as function of time in a batch reactor or the
optimum temperature profile along a tubular reactor operated in the
steady state.
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Optimization Methods

We classify optimization methods as follows: (A) constructive meth-
ods, (B) indirect methods, and (C) search routines. Constructive
methods guarantee construction of the optimum in a finite number of
steps or, at least, an arbitrarily close approach to the optimum in a suffi-
ciently large number of steps. Such methods are, for instance, linear
programming (11-15), convex programming (15, 16), dynamic pro-
gramming (17-21), and geometric programming (22).

Indirect methods use necessary conditions which must be satisfied
by the optimum case. Examples are the well known stationarity condition
for certain programming problems, the Euler equations, and the Maxi-
mum principle of the variational calculus (9, 10). If the optimum is
known to exist and if an algorithm is known furnishing all cases (finite
in number) satisfying the necessary condition, then the optimum can be
found by simple selection, and the method becomes constructive and
belongs to class A.

Violation of a necessary optimum condition is sufficient for the possi-
bility of improvement. Thus, to each necessary condition there belongs
a method by which the system can be improved in any case where this
condition is not satisfied. Often improvement is carried out repeatedly
until either the cost (for computer time or experimentation with pilot
plant or plants) becomes prohibitive or the necessary condition on which
the improvements are based becomes satisfied (or very nearly so). Such
algorithms are called search routines. Examples are the many variations
of the method of steepest ascent (23, 24).

Special situations exist where it is known that a particular search
routine will provide the optimum in a finite number of iterations or will
approximate it closely in a sufficiently large number of iterations. Then,
the method is constructive and belongs to class A.

Most practical optimization problems are solved by search routines.
These methods are much more powerful than unsophisticated trial and
error procedures though in general no mathematical proof is available
whether or not the result finally obtained is nearly optimal. A search
routine based on a strong necessary condition will yield improvements
when weaker methods fail to indicate that improvements are still pos-
sible. Necessary optimum conditions are especially useful in investigating
whether a system which is optimal with respect to a set of “conven-
tional” limitations can be improved by unconventional design or oper-
ation—i.e., by relaxing one or more of the “conventional” conditions.
For instance, a continuous process may be optimal under the condition
of stationarity, but the relaxing of this condition may lead to necessary
optimal conditions which are not satisfied by the optimal steady state
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process. If this happens, the process can be improved by dynamic
operations (25).

Problems with a finite number of control and process variables in
most cases, can be formulated as follows:

A vector y,

y = (1,2, - . - Yn) (1)

is to be chosen such that the given real valued function f of y assumes a
minimum (or maximum)

f(y) = min (2)
subject to the conditions
g:(Y)SO j=172)";m (3)

where the g;’s denote given real valued functions. (Equality constraints
are contained in this formulation since each such contraint can be
represented by two inequality constraints. )

The set of vectors y satisfying Restrictions 3 is often called the
feasible set. The function f maps each point of the feasible set into a
point of the real line. The set of all such points, that is the image of the
feasible set under f, is called the attainable set. The minimum (maxi-
mum) of the attainable set corresponds, if it exists, to the optimum
choice (or the optimum choices) of the vector y.

According to a well known mathematical theorem the minimum
(maximum) of the attainable set exists if (a) f and the functions g; are
continuous and (b) the feasible set is not empty and bounded. In
almost all practical cases the continuity requirement is satisfied. (Occa-
sionally, regulations prescribing parameters, such as wall thickness, as
function of other parameters, such as pressure, provide different formulas
for different regions, which do not join continuously. Care must be taken
in such cases since a computer optimization routine may be foiled by
this, though, to the human mind, the matter is rather trivial.) Bounded-
ness of the feasible set is easily achieved by additional restrictions, if
necessary, preventing the coordinates of y to assume values a priori
known to be unreasonably large or small.

The practically only non-trivial case of a non-existent optimum in
programming problems is an empty feasible set. In a problem with
many nonlinear restriction it may take great effort to find feasible vectors
y or to establish that no such vectors exist for the restrictions chosen.
The situation is different and more difficult for variational problems.

Linear programming (11-15) applies to the case where the func-
tions f and g; are linear functions of y. This is a special case of the situa-
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tion where f and the g;’s are convex functions of the vector y. Methods
applying to this latter situation are called convex programming methods
(15, 16). Special methods called geometric programming have been
developed for the case where f and the gj’s are linear combinations with
positive coefficients of power products of the coordinates of y (22).

A large class of optimization methods utilizes certain structural prop-
erties of the objective function f and the restrictions in order to decompose
the problem in a set of optimization problems which can be solved
sequentially and with a total effort which is smaller than the effort
required without decomposition.

Figure 1 shows one of the simplest situations leading to a decom-
position. A reactor is followed by a separation unit. The reactor control
variables are combined to a vector y. Suppose that the output of the
reactor can be characterized by two numbers which, of course, depend
on y. Let fi(y) and f2(y) denote these numbers and consider a two-
dimensional vector space in which points are represented by (fi(y),
f2(y). One can then map the feasible set into this space to obtain an
attainable set representing all possible reactor outputs under the restric-
tions placed on y. Once this set has been determined, the separation
unit can be optimized in a second step and without further reference to
the reactor model. The attainable set together with the feasible set of
the separation controls (i.e., the product of these sets) form the new
feasible set for the optimization of the separation unit.

Reactor Control Separation Control

1 |

fi(v)
Reactor ~ Separationf—— Ob]ef_? five

f2(v)

Figure 1. Simple plant decomposition

Depending on the number of control variables involved it can be
shown that the effort required for the two-step optimization may be
smaller than that for the one-step procedure not utilizing the attainable
set (possible outputs of the reactor) and based on the feasible set equal-
ing the product of the feasible sets for reactor and separation controls,
and the relation between elements of this large feasible set and the output
of the separation. Moreover, the attainable set depends only on the
reactor model and, therefore, can be used again if the separation or the
model for it are changed.
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A further simplification arises if it can be demonstrated that the
objective function (defined on the output of the separation) cannot have
a minimum (maximum) at a point corresponding to an interior point
of the attainable set but only at its boundary. This, for instance, is the
case, if the objective function is linear with respect to the input into
the separation, and in many other situations. In fact, in the example
given here the case where the maximum occurs only at the boundary of
the attainable set is the rule. Then, only boundary points of the attain-
able set need be considered, which further reduces the required effort
for the optimization.

The best known example for a decomposition method is dynamic
programming (17-21). This method is applicable to stagewise struc-
tured systems like the one in the foregoing example. However, the
optimization procedure starts at the last stage not the first and involves
transformations of objective functions rather than attainable sets.

A well known example of an indirect method is utilization of the
condition of stationarity,

of/dy;=0 j=12,...n (4)

for a differentiable objective function at an optimum in the interior of
the feasible set.

An example for a search routine associated with Equation 4 is the
gradient method in which the improvement step is given by

yi* =vy; + «(8f/dy;) (5)

with ¢ chosen as positive (if an increase of f is desired) and sufficiently
small. The improved control variables are denoted y;*. Many much more
sophisticated search routines have been developed. These routines take
restrictions into account, and some of them do not require computation
of derivatives (23, 26).

Variational problems in reactor theory usually can be formulated as
follows. Let x(¢) be a vector the n coordinates of which characterize
the state of the system at time ¢ (or at position t). The system dynamics
is represented by

dx(t)
dt

where f is a vector valued function of the state vector x(t) and the
control vector u(t) (m coordinates). The objective is to maximize F,

= f(x(t),u(t)) (6)

F=f fo(x(8) u(t))dt (7)

t=0
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for either free or specified r by choice of the control u where
u(t)eU (8)

i.e., the control, at any time, has to be taken out of a specified subset U
of m space; and by choice of x(0) subject to

x(0)el

i.e., the initial state vector must lie in a specified initial set in n space.
Furthermore, in most cases it is required that

x(7)eT

i.e., the end state must lie within a specified target set in n space.

The methods most often used to solve this problem are Pontryagin’s
maximum principle (10), an indirect method, and search routines equiva-
lent to the gradient method of programming, Equation 5 (24, 27, 28).

In variational problems, even though the problem under investiga-
tion seems well posed, the attainable set (i.e., the set of realizable values
of F) can be non-empty, bounded from above and yet not contain its
maximum. That is, the supremum of the set is not attained though it can
be approximated arbitrarily closely by realizable systems. In such cases in-
direct methods will fail since either no solution of the necessary condition
(i.e., the maximum principle) can be found or even if solutions exist and
even if all such solutions are known, the corresponding F values may be far
below those obtained for other realizable systems. Search routines, on
the other hand, in such cases, though also failing to produce a nonexistent
optimum will often clearly indicate which physical or economical aspect
was left out when the problem was formulated. For instance, the control
function may show more and more extreme oscillatory behavior as the
number of search steps increases. This then indicates that the cost of
rapid change of control must be considered to make the problem realistic.
The difficulties arising sometimes with indirect methods in variational
problems are demonstrated by means of a reaction example in Ref. 29.

Qualitative Results in Reactor Theory

Early problems in reactor optimization concerned the optimum mix-
ing patterns in isothermal reactors. In addition to the limiting cases of
a plug flow reactor without axial mixing and the continuous flow stirred
tank reactor, various intermediates such as cascade or tube with axial
dispersion have been considered.
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Two optimization problems are particularly simple. In one, the
problem is to maximize a given function of the output composition for
a given total residence time of the system (type I problem). In the
other, the total residence time becomes a control variable itself which
is to be chosen together with the other control variables such that the
value of the product (a given function of the output composition) is
maximal (type II problem). A modification of the type I problem occurs
if a cost, associated with the total residence time, is explicitly considered.

It can be shown with theorems of convex set geometry that for both
types of problems a tubular reactor is superior to all other reactor types
if kinetics and objective function are linear. The proof is given in Ref. 30
where isothermicity is assumed. Very likely the result is also true in the
nonisothermal case (31). Irrespective of whether the objective function
is linear or not it can be shown (30) that for linear kinetics a system
consisting of m parallel tubes is at least as good as any other reactor
type. Here m equals the number of independent reactions plus 1 in a
type I problem and the number of independent reactions in a type II
problem.

Another problem belonging to this general area is the optimum
choice of the distribution of residence times in different tanks of a cas-
cade. In the particular examples with linear kinetics and objective func-
tion considered early in the literature, the optimal cascade has tanks of
equal size. However, it has been shown (30) that a corresponding general
statement is false for type I problems (it is true if there is only one
stoichiometrically independent reaction). As for type II problems the
matter has been clarified only recently (32). The result is that for more
than three linearly independent reactions local maxima may occur in an
unequal size tank cascade. (This contradicts previous results of others
(33) but that, save certain trivial cases, the global maximum can be
achieved only if tank sizes are equal.) The possibility of improving
reactor performance by delayed feed addition, recycling, or local mixing
has been studied in Refs. 34-36.

Another type of intermediate between tube and tank is the piston
flow tubular reactor with axial diffusion. The system of consecutive
reactions

A->B->C (11)

with B as desired product has been investigated for such a reactor (37).
Obviously, for any given diffusivity D there will be an optimum residence
time, for which the amount of B formed is maximal. It is well known
that the optimum residence time in a tank (D = ) is larger than that
in an ideal tube (D — 0). Interestingly, if D is varied from 0 to o, the
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optimum residence time passes through a maximum which is larger than
either of the values at the boundaries (D = 0, D = ).

A large class of optimization problems investigated concerns the
optimum control of a variable such as temperature, feed addition, or
catalyst composition along a tubular reactor or as function of time in a
batch reactor.

The first problems investigated in this class concern heterogeneously
catalyzed exothermic reversible reactions, such as sulfur dioxide oxida-
tion, ammonia synthesis, and the water—gas shift reaction. In a practical
problem of this nature, the cost of heat exchange is important. There
are, however, two idealized problems of significance which can be solved
with knowledge of chemical kinetics alone. These problems arise if it is
assumed that either indirect heat exchange is infinitely cheap or infinitely
expensive. The truth obviously lies somewhere in between.

In the one case (low cost heat exchange) the appropriate problem
is to ask for the temperature profile, which maximizes the conversion
as given amount of catalyst. This “perfect indirect control” problem was
solved long ago by several authors (see references in Ref. 38).

In the second case (high cost heat exchange) one may ask for the
distribution of cold feed gas along the tubular reactor, which maximizes
the conversion » for a given amount of catalyst. This problem has been
referred to as the “perfect direct control” problem (38).

In both cases computations can be carried out for a variety of total
amounts of catalyst m. The optimum reactors can be represented by
two curves in a (, m) diagram. It is convenient to use log (7/(1 — 7))
and log m as coordinates since it can be shown that for ordinary kinetics
the graph approaches straight lines for low and high conversions, 4 (38).

Apart from perfect control many cases of imperfect temperature
control have been considered. Examples are reactors consisting of- adia-
batic stages with indirect and/or direct intercooling (39) and problems
where radial heat transfer resistance within the catalyst bed is taken
into account (40).

For a variety of complex reaction systems the problem of perfect
indirect heat control and optimum temperature profiles have been deter-
mined by the maximum principle or similar methods (29, 41-48). Some
systems with desired species underlined are listed below with the
appropriate references.

A->B- C (29, 41)
A=2B-C (41, 46)

2A=B +C,A+B=D +E (48)
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- D

A+B_)Q—>E

(50)

A+B—C—D (41,49)

) Vool

E F G
-C

A +B - D (50)
- E

Feed addition problems are formally similar to temperature profile prob-
lems. An interesting case regarding a parallel reaction, where both feed
addition and temperature are controlled has been studied recently (51).

The optimum variation of catalyst compositions along the tubular
reactor has been studied (28, 52). A typical example is given by the
reaction system

A=2B->C (12)

where C is the desired product (28). It is assumed that two catalysts
are available, catalyst 1 affecting the reaction A = B and catalyst 2 affect-
ing the irreversible reaction B — C. In such a case one should consider
the possibility of using a mixture of the two catalysts, and one may ask
for the variation of the fraction of catalyst 1 which maximizes for given
total amount of catalyst the conversion to C. For the reaction given
above, where the kinetics are first order, the optimum profile is piecewise
constant. If the residence time is sufficiently large there are three inter-
vals corresponding to pure catalyst 1, a particular mixture of catalysts 1
and 2, and pure catalyst 2. For sufficiently small residence times, on the
other hand, there are only two sections in the optimum reactor each
containing pure catalyst.

More recently problems regarding optimum control in the presence
of decaying catalyst have been studied (28, 53—61). The objective is to
maximize the integral yield of a product over a given time. In the most
general model it must be assumed that the rate of decay of catalyst
activity depends on activity, composition of reacting mixture, and tem-
perature, and it may even be necessary to introduce more than one
variable describing the activity of the catalyst. In the problems treated
in literature special cases only have been considered.

The simplest non-trivial problems in this class arise in connection
with the optimum temperature control in a well mixed batch reactor
containing a catalyst (55) and the spatially (not temporally) isothermal
fixed bed tubular reactor (59, 60). These two problems are not formally
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identical. Both have been solved under the assumptions that the activity
decay is of first order in the activity, depends on temperature according
to an Arrhenius law, but does not depend on the composition of the
reaction of mixture.

The first of the above mentioned problems (well mixed batch re-
actor) is equivalent to an optimum temperature profile problem (distance
replaces time) with the formal system

A4+Ca2B+C
C—->W

where A is reactant, B is product, C is active catalyst, and where W
represents the “inactive part” of the catalyst.

For the second problem the interesting result has been obtained
(59, 60) that under certain conditions, the optimum temperature control
corresponds to a policy where in time intervals at the beginning and
end of the operation the temperature is held at a lower and upper
bound, respectively, while in the intermediate time interval it varies such
that the end conversion remains time invariant.

The numerically most difficult optimization problems arise in con-
nection with the optimum choice of temperature as a function of time
and position in a fixed bed catalytic reactor with decaying catalyst. The
function to be optimized depends here on two rather than one variable.
This problem has been attacked by a search routine corresponding to
the gradient method (28). Because of the great numerical effort involved
only few iteration steps could be carried out, but the result nevertheless
indicates qualitative features which an optimum policy should exhibit.

A somewhat less complicated problem in the optimization of reactors
with decaying catalyst arises if several functions, each of one variable
only, are to be chosen optimally. For instance, one may vary inlet com-
position and pressure as a function of time, and catalyst composition
(dilution) as function of length. Such a problem has been considered
in optimizing a vinyl chloride reactor with a search routine as optimiza-
tion method (61).

Problems arising from the dynamic behavior of normally stationary
processes can be described as follows. First, there are problems con-
nected with the optimum startup, shutdown, and transition between
steady states (62, 65). Secondly, it can be investigated whether periodic
(25, 66-72) or stochastic (73) operation can improve performance over
the best steady-state performance.

As an example consider a system of heterogeneously catalyzed
parallel reactions

(13)

A=P A=Q (14)
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Assume that the concentration of reactant A can be chosen between two
limits. Then under certain conditions, involving the mechanism of P
and Q formation, one can, by cycling A concentration, obtain average
P and Q formation rates which are different from all realizable steady
state formation rates or their mixtures (the latter are obtainable also
as average rates by very slow cycling). Moreover, the average formation
rates obtained by sufficiently fast cycling may correspond to a larger
product value (which is reasonably defined) than the corresponding
value obtainable with any steady state operation (including mixed ones)
(70). In other words, it is possible to increase the selectivity of hetero-
geneous catalyst for a certain class of mechanisms by cyclic operation.

Conclusions

Most of the published work is oriented towards either optimization
theory or reactor theory (cases (a) and (b) discussed earlier). Only a
few publications meeting the criterion established earlier deal with the
optimization of existing or planned reactors (74-82). In general the
more practical problems of reactor optimization are solved by finite di-
mensional search routines. The main problem does not seem to be the
selection of the optimization method but construction of a reliable model.
Thus, one may ask whether continued investigation of theoretical reactor
optimization problems, particularly method-oriented ones, will pay off
in chemical reaction engineering.

Undoubtedly such problems have educational value since their solu-
tion requires knowledge of many areas of applied mathematics (including
numerical methods and computers), physical chemistry, and engineering.
Maximizing an objective function is a problem formulation which appeals
to the mind of an engineer. Furthermore, qualitative results of a greater
nature may suggest unconventional experiments and can provide the en-
gineer with a deeper insight of the influence of certain variables on reactor
performance. On the other hand, many engineers who have successfully
designed and improved chemical reactors feel that reactor optimization
theory, in particular its more sophisticated aspects, has thus far con-
tributed little to their profession.

In the development of a chemical process, chemistry, on the one
hand, and control and optimization, on the other, are separated almost
completely. With very few exceptions (e.g., in pyrolysis) chemical reac-
tions are sought in the laboratory under conditions not involving a
sophisticated control of physical parameters. After the main steps of
the process are established, optimization and control are added to the
large scale development. It is quite possible that reactions or catalysts
exist which never can be discovered in this way since yield or selectivity
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is negligible for the controls usually applied in the laboratory. It is easy
to invent plausible chemical mechanisms for which the yield for an
optimum conventional control is, say only 1% of that for an optimum
unconventional but in principle realizable control. Therefore, it is not
unlikely that such cases really exist, and it seems worthwhile to look
for them.
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The Control of Competing Chemical Reactions

R. JACKSON and R. OBANDO, William Marsh Rice University, Houston, Tex.
77001

M. G. SENIOR,’ University of Edinburgh, Edinburgh, Scotland

We are concerned with controlling a chemical reaction to maximize
the yield of a given product, despite competing parallel reactions gen-
erating useless substances. To be specific, we consider the pair of re-
actions

where C is the desired product and D is waste. The kinetics are assumed
to be of the mass action form and to correspond to the stoichiometry of
the reactions as written, so that the rate of the first reaction is propor-
tional to the concentration of B and that of the second reaction to the
nth power of this quantity. The reactions are carried out in a well-stirred,
thermostatically controlled vessel into which a, moles of A are introduced
initially, and the course of the reactions is subsequently controlled by
regulating the temperature T and the rate r at which B is added to the
mixture. Both variables are physically constrained to lie within specified
bounds,

Tmin < T < Tmax: 0 <7 < 7Th (1)

and the total amount of B to be added during the reaction time r is given
and is denoted by Q.

The problem is to find the piecewise continuous functions of time,
T(t) and r(t), satisfying the constraints in (1) above and maximizing

I Present address: Imperial Chemical Industries, Ltd., Agricultural Division,
Teesside, England.
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6 ——

-

1.0
0 t/¢

Figure 1. Optimum rate of addition of B for isothermal operation at T = T™a%;
n =2, a(0) = a, = 1.0, b(0) = 0.1857, k, = k,me* = 1.0, k, = k™= = 2.0,
Q=25,7=4.0, rp, = . The form of x(t) is independent of p.

the final concentration ¢(+) of product C in the mixture. The parameter
r(t) must also satisfy the integral constraint

j;Trdt=Q

In the interest of algebraic simplicity, it is assumed that the concentra-
tion of each substance in the mixture is proportional to the total amount
of that substance present and is independent of the quantities of the
remaining components in the mixture. This is true, for example, if the
reactants form an ideal gas mixture and the volume is held constant, and
it is approximately true at high dilution in an inert liquid solvent. The
corresponding problem for a continuous tubular reactor with distributed
addition of B and a controllable temperature profile is also closely related
to the present one.

The problem is of such a form that Pontryagin’s Maximum Principle
provides necessary conditions for optimality, and it is remarkable, in that
the complete form of the optimum control policy can be deduced, with-
out detailed calculation, by reasoning based on these conditions (assum-
ing, of course, the existence of an optimal policy).
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The principal, and rather striking result is that simultaneous use of
temperature and distributed addition of B for control is never optimal
(with a single exception noted below) and that the choice of temperature
control or control by addition of B is determined entirely by the relative
values of n, the order of the side reaction with respect to B, and p, the
ratio of the activation energies of the two reactions (p = E»/E;). The
nature of the conclusion may be stated particularly simply in the limit as
*m — . When p > n, all available B is added at the beginning of the
batch, and control is exercised entirely by temperature variation. When
p < n, the system is operated isothermally at T™2, and control is exercised
by regulating the rate of addition of B. The condition where p = n is a
singular situation where there appears to be an infinite number of optimal,
and equally effective controls, some of which vary the temperature and
r simultaneously.

Figure 1 shows an example of optimal control by distributed addition
of B, for the values of the problem parameters indicated in the caption.
This control function is optimal for n — 2 and for all values of p less than
n. Correspondingly, the optimum value of the objective function ¢(r)
is independent of p, as indicated by Curve a in Figure 2.

1.0 .
09 (b)
08
0.7
)0.6 -

0.5

c(t

(a)

T

0.4
0.3
0.2
0.1

1 1
0 | 2 3 4

p—

Figure 2. Optimum C(‘r) n=2,a,= 1.0, Q = 2.5, k,m* = 1.0, k,me* = 2.0,

Kmin— kmin— 0, 7 =4.0, 1., 2= 50

Curve a: Isothermal operation at T™**, optimized with respect to distributed addition

of B
Curve b: Pure batch operation with all B added at t — 0, optimized with respect to
temperature variation
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When p > n, all B is added at t — 0, and Figure 3 shows the optimal
temperature control policy for p — 3.0. The optimum values of ¢(+) for
temperature control, with all B added at ¢ — 0, are indicated by Curve b
in Figure 2. Curves a and b in this diagram cross at p — n = 2, as ex-
pected from the above conclusions as to the nature of the optimum
control policy.

1.0

t/¢ 1.0

Figure 3. Optimum temperature policy with all B

added at t =0; n =2, a(0) = a, = 1.0, b(0) = Q =

2.5, kymer = 1.0, k,mez = 2.0, k,min = k,mir = 0,
T1=4.0,p=30

The general reasoning leading directly to the optimal control policy
is valid only for sufficiently large values of r,, and sufficiently small values
of Tmi», This is why the results presented in Figures 1 to 3 correspond
to the limits r,, = o and T — 0. For smaller values of r, and larger
values of Tmin the optimal policies are less simple, though it is still true
to say that temperature control and control by addition of B should not
be used simultaneously. A number of optimal policies in this parametric
region have been determined computationally.
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The Optimal Thermal Design of a Reactor for Systems of
Chemical Reactions

R. K. JASPAN, J. COULL and T. S. ANDERSEN, Chemical and Petroleum
Engineering Department, University of Pittsburgh, Pittsburgh, Pa. 15213

The optimal thermal design of chemical reactors has been the sub-
ject of much work in recent years. The novel feature of this research is
the study of a system of two bimolecular reversible reactions.

ks
2B=D+ H
ko

ks
B+DeT+H
kq

fi = dX,/dx = kCg? — k:CpCr (1)

f2 = dX2/d'L' = ksCBCD - k4CTCH (2)

The temperature profile which optimizes the production of D can
exhibit an unusual shape, depending on inlet composition. For high
purity B inlet, the upper profile in Figure 1 first falls to a local minimum,
then rises to a local maximum, and finally resumes its fall to the end of
the reactor. For low purity B inlet, there is no falling portion near the
entrance; the profile simply rises through a maximum and then falls to-
ward the end of the reactor.

Two Simplified Reaction Models

The first model is simply two irreversible reactions in series. This
model can be expected to be valid only at very low space times and when
the feed is high purity B, with little D. This simple reaction mechanism
closely resembles the classic A-B-C system.

2B—-D+ H

D->T+H
fl = dXx/dT = k,Cp? (3)
f2 = dXs/dt = ksCoCp (4)

The second model also consists of two irreversible reactions but with
the series-parallel feature of the original system. This model can be ex-
pected to be valid over somewhat longer space time (0.3 sec).
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Figure 1. Optimal temperature profiles for diphenyl-type

system
2B—-D+ H
B+D—->T+H
fi = dXy/dx = k,Cs? (5)
f2 = dXz,/dT = kscBCD (6)

Benzene—Diphenyl-Triphenyl

The specific reaction system chosen is typified by the benzene-di-
phenyl—tripheny] polymerization where B is the raw material, benzene,
D is the desired product, diphenyl, T is the waste product, triphenyl, and
H is the side product, hydrogen. These reactant and product values will
be used to compute profit functions in Table II. Benzene costs 25¢/gal,
diphenyl is worth 17¢/1b, and hydrogen is worth 20¢/MCF. Triphenyl
is worthless. When the values are expressed on a molar basis, the desired
products are worth more than eight times the cost of the reactant. Un-
fortunately the real benzene—diphenyl system results in the uninteresting
trivial optimal temperature profile.
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Hypotbhetical Kinetic Parameters

Hypothetical reaction kinetic parameters have been selected to result
in a non-trivial optimum: k, — 3.98 X 107 exp( —35000/RT), k; = 1.6 X
103 exp( —70000/RT), ks — 1.0 XX 10' exp( —80000/RT), k, = 2.0 X
107 exp(—95000/RT) (notice that E; < E; < E3).

Qualitative Optimum Temperature Profiles for Simple Reactions

Characteristics of each of three well-known optimal temperature pro-
file systems can become dominant in the benzene-diphenyl system at
different extents of reaction (compare with Figure 1).

(1) The A — B — C system closely resembles our simple model, and
the characteristics of this falling temperature profile can be expected to
appear at very low space times when little D is present.

(2) The two parallel reaction system resembles our intermediate
model, not for low space times, but only when a significant amount of
diphenyl is present. Under these conditions the second reaction begins
to compete successfully with the first for reactant B. The rising tem-
perature profile of this simple system explains qualitatively the rising
portion of the rigorous profile.

(3) Finally, the single reversible reaction can be compared with
our full model after significant conversion has occurred when it is neces-
sary to suppress or reverse the recombination of D with H to reform B.
The falling temperature profile for this simple system explains the final
falling portion of the profile of our rigorous model.

Optimization Procedure

The optimization procedure consists of five basic steps:

(1) Derive the differential equations for the extents of reaction from
the reaction model (Equations 1-6).

(2) Apply Horn’s method (1, 2) to find the differential equation for
the optimal temperature profile in terms of the extents of reaction (state
variables) and temperature (control variable). (Objective functions are
discussed below.)

-1
ar _ [ oh _ 9f2 ,, oh _ Of:\,_,9Z 97 |(oZ
dv [6:62 dz, Z*+ 91y FEN Z fllaxl ! 20z, [\ 0T

)

Z = (8f,/9T)/(3f»/3T) 8)

(3) Guesstimate the feed temperature to enable the solution of the
differential equations. First approximations for the feed temperature for
the rigorous model were obtained by using the simpler models for short
space times.
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(4) Integrate the differential equations for extents of reaction and
temperature using the Crane-Klopfenstein Predictor-Corrector method
with a Runge-Rutta starting routine.

(5) Correct the feed temperature to find its global optimum value.

Objective Functions

Three objective functions for profit optimization considered in this
study are shown in Table 1.

Table I. Objective Functions for Profit Optimization

Function MF AaF
S, = Dr = Xir — Xor 1.0000 —1.0000
S, = .00586(Br — Bo) + .05767(Dr — Do) .04595 —.06353
S; = S, + .0359(Hr — Ho) .08185 —.02763

More realistic profit functions, which were not studied would include
the length of the reactor (or final space time) and a penalty cost for the
separation of the worthless triphenyl from the product.

Feed Temperature Correction

The standard criterion of maximizing the final value of the Hamil-
tonian is applied.

H; = hyfy + Maufy
)\if = 6S/6a:, (11)

The final values of the adjoint variables are given in Table II. The un-
constrained maximum of H; is found when

dH;/3T, = 0 (12)
Msf17/8T 0 + Nos0far/8To = 0

A function, F, is defined from Equation 12 to be equal to zero at the
optimum.

F = 0.1 + (\y0fyy/9T)/(h2sf2s/0T) (13)

An adaptation of the classical root-finding technique of Newton is used
to find the value of T, which makes F = 0.
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Ty #D = Ty D — ¢[F/(3F/3T)]? (14)
OF /3T = (\y/Mplff)" — f'f")/ (f2)* (15)
fi{ = ofy/oT, f{' = 8%y/0T* (16)

Note that the derivatives are taken with respect to T instead of T.
The damping factor « was used to reduce the size of the exact correction
whenever the new T, seemed to degrade the reactor’s performance (re-
sulting in a lower conversion to D).

Optimum Thermal Design

The results of the search for optimal initial temperatures for four
inlet compositions and three objective functions are shown in Table IIL.
Temperatures are in °K and are highest when S; was used as a profit
function. The temperatures increase with feed purity and in fact become
infinite when the feed is absolutely pure.

Table II. Optimal Initial Temperatures

Initial
Composition Objective Function
B D Sl S 2 S 3
0.60 0.40 1078.8 1073.5 1093.0
0.95 0.05 1128.4 1122.7 1140.1
0.99 0.01 1179.9 1173.4 1192.7
.995 .005 1209.5 1226.3

For feed reactant purities of 95% the profiles in Figure 1 are graph-
ically indistinguishable. Even for an inlet purity of 60% the optimal
profile resembles that for higher purity beyond the entrance region. This
leads to the hypothesis that near optimal control may be retained over a
band of inlet purities by simple adjustment of feed temperature.

An optimal heat load distribution was calculated from the tempera-
ture profile and appears quite simple to implement.

Summary

In this paper we have: (1) studied a system of two bimolecular re-
versible reactions; (2) derived and explained the optimum temperature
profile which exhibits both local minimum and maximum; (3) hypothe-
sized that near-optimal control may be retained over small perturbations
in inlet composition by compensating changes in inlet temperature. Fur-
ther details of this study are given by Jaspan (3).



Published on August 1, 1974 on http://pubs.acs.org | doi: 10.1021/ba-1972-0109.ch004

BUNDGAARD-NIELSEN AND HENNINGSEN Catalytic Reforming 165

(1) Hom, F., “Optimale Temperatur- und Konzentrations-verlaufe,” Chem.
Eng. Sci. (1961) 14, 77.

(2) Horn, F., “Uber die optimale Temperatur fuhring bei Kontinuerlichen
chemischen Prozessen,” Z. Elektroch. (1961) 65 (3), 209.

(3) Jaspan, R. K., “The Optimal Design of Pyrolytic Reactors,” Ph.D. disserta-
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Catalytic Reforming

M. BUNDGAARD-NIELSEN and J. HENNINGSEN, Danmarks tekniske
Hgjskole, 2800 Lyngby, Denmark

Catalytic reforming of petroleum naphthas to produce high quality
gasolines is an outstanding application of heterogeneous catalysis in the
petroleum industry. This paper presents a new general reaction model
of the reforming process and discusses how one may optimize the per-
formance of a catalytic reforming process unit utilizing some of the newer
literature on the deactivation of dual function catalysts.

In reforming petroleum naphthas the major types of reactions are:

(a) Aromatization of Cy-ring naphthenes

(b) Isomerization of paraffins and naphthenes
(c¢) Cyclization (and ring opening)

(d) Hydrocracking

Reaction models of the reforming process have been suggested by
Smith (1), Krane et al. (2), and Burnett et al. (3). Neither Smith nor
Krane et al. take into consideration that C;- and Cs-ring naphthenes react
according to quite different patterns. The dominant reaction of the Cs-
ring naphthenes is by far the direct aromatization. The C;-ring naph-
thenes must undergo isomerization, which is a slow reaction and
comparable with the undesired ring opening, before the much faster
aromatization can take place. Burnett et al. present a model of the C;
system alone.

We suggest a general model of the reforming process as outlined in
Figure 1. Utilizing the proposed reaction model we can form a set of
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n- Paraffins K2 Alkyl- Alkyl-
cyclohexanes 14 benzene
(NP) —_— > (AR)
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\ ’ K4
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Figure 1. General model for the reforming process

MOLE % OF TOTAL HYDROCARBONS

° LHSV 2.0

Figure 2. Catalyst distribution in the reactors: 1:2:7. Hy-
drogen-hydrocarbon ratio: 7. Hydrogen pressure, 30 atm.

Symbols Initial Value
T: temperature 500°C
1: n-octanes 25 mole %
2: isooctanes 30 mole %
3: alkylcyclohexanes 20 mole %
4: alkylcyclopentanes 20 mole %
5: xylenes 5 mole %
6: cracked products 0 mole %
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differential first-order equations that describe the concentration and
temperature profiles in a reforming reactor system.

Based upon data available in the literature the solution of the differ-
ential equations was carried out on an IBM 7094 computer for a Cs
naphtha assuming plug flow. The result is shown in Figure 2.

The dual function catalysts used in catalytic reforming consist of a
dehydrogenation—hydrogenation component, such as platinum, on an
acidic component, such as halogenated alumina or silica alumina. Sinfelt
(4), in a review on dual function catalysts, has discussed the rate-con-
trolling steps involved in the four major types of reactions in the reforming
of naphthas as outlined above.

Q

©°
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3 5

- R

g T — Constant RON=95
onsta =

T 0.4

i \

o \

w

3 0.l ~ 'ii
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3 .

T 1 1 1
480 500 520 540
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Figure 3. Catalyst distribution and naphtha com-

position as indicated in Figure 2. Depreciation of

the catalyst at 480°C: 7 X 107 cent/mole proc-

essed. Inlet temperature to first and second reactor:
500°C.

The aromatization reaction is mainly transport controlled whereas
the acidic function of the catalyst is rate controlling as far as the isomeriza-
tion, cyclization, and cracking reactions are concerned. Thus, a reaction
model where the rate constants from the isomerization, cyclization, and
cracking depend upon the activity of the catalyst is a realistic one. Ac-
cording to Szépe and Levenspiel (5) we may describe the decay in ac-
tivity by the equation:

dA

— S = k-exp (—¢/RT) - Am (1)
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activity

time

activation energy of catalyst decay
temperature (°K)

order of deactivation

a constant

We suppose that a zero- or first-order deactivation is in agreement
with practical experience. Assuming a zero-order deactivation we have
used the reaction model to calculate (product value) — (depreciation of
the catalyst) for various inlet temperatures of the last—and controlling—
reactor in a three-reactor system with the activity of the catalyst as pa-
rameter. The result is shown in Figure 3. This figure indicates that the
optimal temperature policy to be followed is one which leads to a decrease
in octane number of the reformate as the catalyst deactivates. This may
be contrary to the way many reforming processes are operated, and we
do not claim that these processes are not run profitably. It is, however,
our feeling that an approach to the optimization of the reforming process
as outlined here using realistic models of reaction and deactivation in
connection with a simple optimization procedure may prove valuable in
many cases. [This summary is based on a complete paper which has been
published elsewhere (6).]

(1) Smith, R. B., Chem. Eng. Progr. (1959) 55 (6) 76.

(2) Krane, H. G., Groh, A. B., Schulman, B. L., Sinfelt, J. H., Proc. World
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(3) Bumnett, R. L., Steinmetz, H. L., Blue, E. M., Noble, J. J., Div. Petrol.
Chem., Am. Chem. Soc., Preprints (April 1965) 17.

(4) Sinfelt, J. H., Advan. Chem. Eng. (1964) 5, 37.

(5) Szépe, S., Levenspiel, O., Proc. European Symp. Chem. Reaction Eng., 5th
(1968) Sect. 4.

(6) Bundgaard-Nielsen, M., Henningsen, J., Brit. Chem. Eng. (1970) 15 (11),
1433.

Application of a Suboptimal Design Method to a
Distributed-Parameter Reactor Problem

J. D. PAYNTER," J. S. DRANOFF, and S. G. BANKOFF, Department of
Chemical Engineering, Northwestern University, Evanston, Ill. 60201

To £ill the need for an intermediate computational method which
would yield better estimates of the optimal control than the one-dimen-
sional procedure, while requiring significantly less computer time than

1 Present address: Esso Research Laboratories, Baton Rouge, La.
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the two-dimensional approach, a partial averaging procedure has been
proposed (1) for certain classes of nonlinear distributed-parameter, op-
timal control problems. In the present work, this method is applied to a
realistic problem, consisting of the choice of the average temperature
profile in the tubular reactor containing V.O; catalyst to maximize the
outlet conversion in the air oxidation of SO,. The results demonstrate
the feasibility of the suboptimal hybrid method, which uses integro-differ-
ential equations rather than ordinary differential equations to retain more
information concerning the radial variations in concentration and tem-
perature than the lumped-parameter approach.

The problem discussed is the determination of the optimal wall heat
flux distribution for a packed tubular reactor of fixed length in which
radial temperature and concentration gradients are significant. The ob-
jective function to be maximized is the outlet conversion of SO.. For this
exothermic reaction it is assumed that heat may be removed from the
reactor but not added—i.e., wall heat fluxes are restricted to non-negative
values. The rate expression used here is that of Calderbank (2, 3) which
is based on data obtained with commercial catalyst.

The two-dimensional model for the packed reactor is described by
the following dimensionless material and thermal energy balances:

da _ 1 9 da ~
TC—SYEW($5>+R (1)
at _ 1 9 at ~
ria Br 567(x %) + Rr 2

These equations assume that the mass velocity of the gas remains uniform
at any cross section of the reactor, even though temperature and com-
position vary with radial position. It is further assumed that the Reynolds
number will be sufficiently high that the radial Peclet numbers for heat
and mass transport, Per and Pe, respectively, may be considered constants.
Finally, these equations also assume that axial diffusion of heat and mass
are negligible, that gas and solid temperatures are identical at any point,
and that the thermal properties of the gas remain constant.

The boundary and initial conditions which complete the reactor
model are:

a(z, 0) = 0, t(x, 0) = 1.0
da at
da ot ~
oz 1,¢ =0, Ty (1,8 = Q)
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Q < Q1) <Q

where Q(¢) is the dimensionless heat flux.

The objective function, P, to be maximized in this problem is the
average extent of reaction in the product leaving the reactor. This is
defined as the usual cup-mixing value:

A 1
P=21) =2 ﬁ «(z, 1) zdz )

Direct application of variational methods to this problem leads to the
optimal policy:

- Q* when A(¢, 1) < 0
QW = 3 ~ )
Q4 when A.(¢, 1) > 0

where the adjoint variable \- is defined (along with the additional adjoint
variable ;) by the following partial differential equations and boundary
conditions:

M _ . OB . oRy (N 0
- +6Y|:ax(> ] o

da

at¢ T
N _ R 3Ry (M) _
FI4 - _)\aja‘,r— - M W + BT[ oz (7) oz :| (7)
Aoz, 1) = 2, Ae(z, 1) =0 (8)
(0, %) =0, (0,0 =0
MNa

(L, 0) —

I,

Solution of the set of nonlinear partial differential Equations 1, 2, 6,
and 7, together with the split boundary and initial conditions 3 and 8
will lead (hopefully) to the optimal solution. However, this is indeed
a formidable computational task.

To ease the computational requirements, a hybrid method, which
may be termed the partial averaging method, has been developed (4).
Application of this approach to the problem is illustrated below briefly.

Defining the average extent of reaction and dimensionless tempera-
ture as above:

Q) =2 f a(z, ¥) zdz )
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Q=2 [ <z, {) ado (10)

Equations 1 and 2 may be averaged similarly, yielding, upon using Equa-
tion 12:

_ 1
%% = 2]; Razde; a(0) =0 (1)

1
% = =200 + 2 [ Brada; 70 =1 (12)

Since the objective function, P, depends only on a(1), an effective
suboptimal approach, which reduces the computational labor by a factor
of almost 2, employs averaged equations in the backwards integration but
the full state equations in the forward pass. The gradient in control space
of a lumped-parameter Hamiltonian function, obtained by averaging the
state variables obtained in the forward pass, is used to determine an
improved estimate of the control function.

The result of this treatment is the suboptimal control policy:

Q* when () <0

~ (13)
Qs when A5() > 0

Q) = ;
where the adjoint variables satisfy the following ordinary differential

equations and boundary conditions:

~

1 ~ 1
d)\l aR 9. T
o —xl[z j; dex:l —12[2 J; ox xdx] (14)
e

1 A~ 1 ~
oR ARy

(1) =1 A(1) =0 (16)

Comparison of the above equations with those of the direct approach,
Equations 6, 7, and 8, shows the great simplification which results from
this suboptimal method. This method takes advantage of the unique
features of the present problem in which the objective function involves
only the average extent of reaction and the control variable Q(¢), is a
function only of axial position. The essence of this method is that the
reactor is still simulated by the two-dimensional model while the optimi-
zation calculations utilize the simplified average variable equations. Ap-
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Table I. Variation of Optimal Exit Extent of Reaction with Wall Heat
Flux Profile Using Two-Dimensional Reactor State Equations

Heat Flux Profile a(1)
Suboptimal profile 1 (4) 0.9492
Suboptimal profile 2 (4) 0.9438
Optimal profile for plug-flow (one-dimensional) model 0.9073
(Optimal plug-flow profile in plug-flow model) (0.9657)

plication of this technique to problems where the objective function, or
control variable, is a function of both space variables would require
additional approximations.

Despite the apparently flat optimum, there is a significant differ-
ence between the final profiles determined from the suboptimal pro-
cedure for the two-dimensional reactor and that corresponding to the
optimal one-dimensional reactor. The results are summarized in Table I
Ignoring the radial gradients gives an estimate of the optimal control
which apparently results in a(1) — 0.966, whereas actually it would be
0.907 because of the radial effects. The estimates obtained with the par-
tial averaging technique are significantly higher (0.949 and 0.944), and
do not appear to depend upon the choice of initial profile. The importance
of the more accurate calculation is therefore evident.

(1) Paynter, J. D., Dranoff, J. S., Bankoff, S. G., Ind. Eng. Chem., Process
Design Develop. (1970) 9, 303; (1971) 10, 244.
(2) Calderbank, P. H., Chem. Eng. Progr. (1953) 49, 585.
(3; Calderbank, P. H., J. Appl. iem. (London) (1952) 2, 482.
(4 Pa)(lnter, J. D., Ph.D. Thesis, Northwestern University, Evanston, Il
19

68).

Periodic Operation of Reactor-Recycle Systems

GUILLERMO PAREJA’ and MATTHEW J. REILLY, Department of Chemical
Engineering, Carnegie-Mellon University, Pittsburgh, Pa. 15213

It has recently been established, both theoretically and experimen-
tally, that the periodic operation of chemical reactors can be superior to
the conventional steady-state design (I-9). Douglas and co-workers
(1-7) studied extensively the periodic behavior of continuous stirred tank
reactors and demonstrated that a positive feedback control system can be
used to improve reactor performance. The inherent feedback present in
the tubular reactor-recycle system suggests that it might be improved
by periodic operation. Such an improvement is taken to mean that the

? Present address: Monsanto Co., Sauget, Ill. 62201.
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yield of a desired product has been increased or, for multiple reactions,
that the ratio of the product yield to the yield of a waste product has
been increased. The yield and selectivity under periodic operation are
compared with yield and selectivity under steady operation, both with
and without recycle. The basis for comparison is that all three types of
operation produce the same average quantity of feed in the same sized
reactor.

Periodic Recycle with One Feed Stream

The system contains a mixing tank with volume V' followed by a plug-
flow tubular reactor of volume V (Figure 1). The reactor’s efluent stream
is split into recycle and output streams. The recycle stream flows through

Figure 1. Reactor-recycle system

the recycle line of negligible volume back to the mixing tank where it is
mixed with the feed stream. The volumetric flow rate of the recycle
stream is taken to be:

R(t) = R + a, sin of) (1)

The feed flow rate is chosen to maintain a constant velocity within the
tubular reactor. Thus

Fit) = F — a, R sin ot (2)
Consider a single, irreversible, first-order reaction
A—>P

which occurs isothermally only within the reactor. For a plug flow re-
actor, the effluent reactant concentration is given by

Ca.(t) = e =Ca(?) 3)

where C,(t) is reactant concentration in the mixing tank and hence in
the reactor input stream. A material balance for the reactant around the
mixing tank yields
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dCs

Vesar

=R(®) e Cat — ) + F(O) Cas() = F+ R) Ca) (@)
We wish to consider two modes of periodic operation:

(1) The complementary mode in which the reactant feed concen-
tration is constant. Since the feed flow rate F(t) is complementary to the
recycle flow rate, the molar reactant feed rate F(t)Ca,; varies with time
in the complementary mode.

(2) The balanced mode in which any oscillations in the feed flow
rate are balanced by oscillations in the reactant feed concentration. Thus
the balanced mode provides for a constant molar reactant feed rate.

Some latter examples involving multiple feed streams, some of which
are constant, may be interpreted as combining these two modes of
operation.

Perturbation Analysis for the Complementary Mode

The reactant material balance, Equation 4 may be rewritten as:

Ty % = R,(1 + a, sin wt) e % C(t — 1) (5)
+ [1 — R.(1 + a, sin wt)] Cay — Ca(t);
R.=R/(F+R)

Equation 5 is a linear differential-difference equation with periodic coeffi-
cients. A perturbation technique may be used to solve this equation, and
we may write

Ca(®) = CA®(®) + a,Cx® () + a*Ca®(®) + . .. (6)

Substitution of this expression into Equation 5 and subsequent collection
of the coefficients of a, yield the set of differential-difference equations

dCA(O)
£ L% R e m00( — 1) — CLO0) + (1 = B) Cay @
()]
£ L7 C RO~ ) — C00)
+ R (e % Ca®(t — 1) — Cay) sin vt (8)
(2
R N T L)

+ R, e *C, P (t — 1) sin wt 9

Our primary interest is in the asymptotic periodic solution of these equa-
tions. It is verified readily that these solutions are given by
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CA(O) = CA,f(]. — R,-)/(l — R, e"“) (10)
CsY = E (A sin ot + B cos of) 11
and
R.e* \EA,
CA® = (1 i e"") 3 + 41(8) (12)

y1(t) is a linear combination of sin (2 wt) and cos (2 wt) where
¢ = Ri(e ¥ Ca® — Cuy) (13)

_ 1l — w. R, e ¥
T (1 — R e F)? + (01 + 0, R, e77)?

A (14)

ottt + v, R, e ¥
(1 — wc R, %) 4+ (wt: + ws B, e7%7)?

with v, = €0s wr, 0, = sin or, and A, = Ao, + Bw,. CA® is the
steady-state solution for the case of constant recycle flow.

B = (15)

1.0
AX. g
ook k-1.0
wT=1
o8l
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= o
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© _ osk  CONSTANT
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z
“w e
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o : 03l
.
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The flow-averaged efluent concentration is defined as

2n/w

<Cr.> = “’—F?"E f Ca.t) F(O) dt (16)

Substitution of C,(t) from Equation 3 and of F(¢) from Equation 2

yields
2 — p—kt
corm o (] o0

The flow-averaged efluent concentration is the sum of the steady state
effluent concentration plus a correction term, which is proportional to the
square of the amplitude of the recycle oscillations. The correction term
is also proportional to A, which can be positive or negative, depending

upon the frequency o. With v, — —1, 7, = 0, R, = 0.75 and ¢ —
1/9, Equation 17 becomes
<Cr..> = e+ C,O(1 — 3.4a,%) (18)

Thus, if a,2 — 0.1, the efluent reactant concentration is 34% lower
for periodic operation than for the nonoscillatory case. It is not necessary
to have a nonlinear reaction to produce a shift in the average conversion.
The predictions of the perturbation analysis, Equation 17, coincide within
0.1% with the numerical results. Figure 2 presents the effect of com-
plementary feed flow. The amplitude of the oscillations is the maximum

allowable—i.c., a, — 1.0 for R, < 0.5, a, — - - R (xR, =05

Perturbation Analysis for the Balanced Mode

For this mode the material balance, Equation 4, becomes

= R,(1+ a,sinwl) e ¥ Calt — 1) + (1 — R)<Carx> — Ca(D)
(19)

Rarn

A perturbation analysis similar to that for the complementary mode
yields equations identical to Equations 10, 11, 12, and 17 except that
E. is replaced by Eg with

Eg = Rie ' Cp© (20)

While E, is negative, Eg is positive. Hence the two modes produce
opposite shifts in the average conversion.
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Periodic Recycle with Two Feed Streams

The opposing effects of the two modes of operation can be used, in
a multiple reaction system, to increase the yield of the desired product
while decreasing the yield of the waste product.

Consider the following reactions taking place isothermally in the
tubular reactor

ks
2A - U (21)
ko
A+2B—>P
with flow rates given by
FA(t) = FA
Fy(t) = F — Ra, sin 0t (22)

R(@{) = R(Q + a, sin of)

Reactant A has a constant molar feed rate and is under conditions
similar to the balanced feed flow mode. On the other hand, reactant B
is under the same conditions as those in the complementary feed flow
mode. Hence we can expect the yield of P to increase and the yield of U
to decrease. These effects are shown by the following examples:

For R, = 0.5,y = 2.0, k. = 1.0

No Constant Sel. Per

Recycle Recycle Feed
S 0.979 0.961 1.049
Y 0.328 0.325 0.241

Y = <Cp.> . q = <Cp, >

<#>CAAF — <Ca >’ <Cwe>

Fr + Fs o
For ky = 4.0, k., = 1.0

S 0.688 0.697 0.764
Y 0.257 0.258 0.273

In the first example no recycle is superior to constant recycle, and in
the second example constant recycle is superior to no recycle. However,
in both cases the periodically operated system gives the best performance
of the three.
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Cyclic Operation of Reaction Systems: The Influence of Diffusion
on Catalyst Selectivity

J. E. BAILEY® and F. J. M. HORN,* Department of Chemical Engineering,
William Marsh Rice University, Houston, Tex. 77001

In several earlier papers (1, 2, 3) it has been shown that cycling can
increase catalytic selectivity relative to steady-state operation when mass
transfer resistance is neglected. Therefore, it is natural to inquire whether
the beneficial effects of periodic operation persist in the presence of diffu-
sional resistance to mass transport.

Although a similar query has been answered in the affirmative in
another paper (4), the model there was relatively simple. All mass trans-
fer resistance was lumped into a stagnant fluid boundary layer around
the catalyst pellet, and intraparticle concentration gradients were ne-
glected. This study reveals that such a model is inadequate when reac-
tion is sufficiently fast compared with diffusive transport and/or when
changes in conditions at the external catalyst surface occur too rapidly.
The need for a distributed-parameter description of adsorbent particles
in Rolke and Wilhelm’s recuperative parametric pumping model is dic-
tated by similar considerations (5). Although the distributed-parameter
model used here is still idealized, it is a significant improvement over the
lumped model.

? Present address: Department of Chemical Engineering, University of Houston,
Houston, Tex. 77004.

? Present address: Department of Chemical Engineering, University of Rochester,
Rochester, N. Y. 14627.
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In the detailed discussion of results, frequent use is made of the
recently proposed set-theoretic definition of selectivity (I, 3). Briefly,
selectivities corresponding to various classes of operations (e.g., steady-
state operations) are attainable sets in a space spanned by the average
rates of product formation. This definition is especially well suited for
discussing the relative merits of periodic and steady-state operation.

Mathematical Model of Reaction and Diffusion within a Catalyst Slab

It is assumed that reactions take place in a slab of catalyst of thick-
ness 2L and that the local mass transport of a component of the fluid
phase, say reactant R, within this slab can be described by

Nr= —Dr—— (1)

Thus, any bulk flow contributions to the molar flux of R in the positive
z direction, Ny, are assumed negligible, and both the effective diffusivity
of R and total concentration are considered constant. This simplified
picture of the complex multicomponent diffusion process is commonly
employed in analyses primarily concerned with reaction—diffusion inter-
action. Also, any mass transfer resistance between the bulk fluid phase
and the exterior catalyst surface is neglected, and the catalyst is assumed
isothermal. Justification of the latter assumptions for gas—porous solid
catalyst systems has been discussed recently (6). Finally, the control
variable which is manipulated to alter selectivity is the reactant concen-
tration at the exterior catalyst surface. It is assumed that there is a
specified upper bound Cgmax on boundary reactant concentration.

The reaction mechanism which is analyzed is the following:

1
"Rz A (2a)
2
3
"R+ A-P (2b)
4
R—P, (2¢)

A denotes a chemisorbed species, and the over-all reaction (2c) is as-
sumed second order in the concentration of reactant R. This mechanism
has been examined within several different contexts in earlier papers.
First, it was shown that in the absence of mass transfer effects, cycling
R concentration gave much larger selectivity than steady-state operations
(1, 3). Favorable effects of cycling remained when a lumped mass trans-
fer resistance element was added to the model, at least if the relative rate
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of mass transfer to chemical reaction was sufficiently large (4). There-
fore, Reaction 2 is of interest for two reasons. First, cyclic operation may
be favorable even with mass diffusion. Also, the results allow a compari-
son among three different models of mass transport.

It is said that cycling improves selectivity if any of the time-average
rates for periodic operation are not contained in the convex hull of the
steady-state selectivity, co Sy (see Ref. 3). In this situation there exist
average rates of production which can be obtained by cycling but which
are not realizable by steady-state operation or by mixing the outputs of
several steady-state reactors operated in parallel. Hence, improved
catalyst performance might be available under dynamic operation.

Cycling with Large Diffusional Resistance

Upon first consideration the prospects for improving selectivity when
mass transfer resistance is large may seem slight. This skepticism is based
on a previous analysis which indicated that rapid switching of reactant
concentration at all points of the catalyst surface led to the desired im-
provement (3). In that investigation switching was assumed so rapid
that chemisorbed intermediates could not follow and approached a time-
invariant condition called a relaxed steady state. Clearly, if diffusional
resistance is large, only very slow changes in the reactant concentration
near the center of the catalyst slab can be effected by switching at the
exterior catalyst surface. Hence there is no possibility of approximating
anything resembling a relaxed steady state for chemisorbed species far
away from the catalyst exterior.

However, when there is a large resistance to mass transport, reactant
concentrations—and hence reaction rates—are relatively large near the
exterior surface of the catalyst and decrease rapidly to near zero just
inside the slab. Thus, the major contribution to the average rates of pro-
duction comes from the neighborhood of the exterior slab surface. Since
this is also the region where switching of the control has the largest and
most immediate effect, it may be possible to obtain average rates by
cycling which are not in co S, even in the “diffusion limited” regime.

Qualitative physical criteria for improvement by cycling may be
formulated as follows. Owing to the damping effect of diffusion on
switches in the fluid phase composition, for a given period = there will
be a characteristic penetration depth L for the effects of switching. There
is also a characteristic penetration depth Ly for reaction which, like L,
decreases as diffusional resistance increases. Finally, there is a charac-
teristic time ¢, for the chemisorbed species A to reach steady state;
tss depends only on the reaction kinetics.

For cycling to have a significant effect on selectivity, L must be on
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the same order as Ly or larger, and = must be on the same order as ¢, or
smaller:

L. 2 Lr (3)
T3 tes 4)

Condition 3 means that switching affects the reaction zone, and Condi-
tion 4 indicates that switching is sufficiently rapid so that chemisorbed
intermediates are not always at steady state. If cycling is so slow that the
steady-state approximation is valid for chemisorbed species, the average
rates obtained will be in co S,, and therefore of little interest (2).

The results of several calculations for cases of large mass transfer
resistance are consistent with the simple arguments given above. There
is a wide range of kinetic parameters for which the criteria above are
satisfied for some cycling frequency. In some cases the ratio of time-
average P, production to time-average formation of P, could be made
nearly twice as large by cycling as by any steady-state operation.

Asymptotic Dependence of Average Rates on a Thiele Modulus

By an argument similar to that given by Petersen (7), it is shown
that time-average production rates for a given boundary concentration
control are inversely proportional to a Thiele modulus » for sufficiently
large values of the modulus. 7 is defined here by

ko max
= L‘/%. (5)

This is a useful result since it allows extrapolation of results calcu-
lated for one case of large diffusional resistance to all other asymptotically
large values of the Thiele modulus. Also, this conclusion means that
comparisons of ratios of average rates for one large 5 apply to all other 5
corresponding to the diffusion limited regime.

Discussion

The results above are particularly interesting when compared with
the analysis of a lumped-parameter mass transfer resistance model (4).
For the simpler lumped-parameter model, no improvement by periodic
operation is possible for reaction system 2 when mass transport is very
slow relative to reaction velocity. This is not the case for the distributed-
parameter model in the same situation—i.e., very large n. However, as is
obvious by comparing the steep internal concentration profiles in the
diffusion-limited case with the spatially uniform concentration distribu-
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tions assumed for the lumped-parameter model, the lumped-parameter
model is a poor representation of even steady-state catalyst behavior
when mass transfer resistance is large. This inadequacy is amplified when
cycling with a period smaller than the characteristic response time of the
system is considered.

Thus, while the simplest model is acceptable for a rough preliminary
investigation, a more accurate representation of mass transfer resistance
should be analyzed before any final conclusions regarding the possibility
or impossibility of improving catalyst selectivity by periodic operation
are made. There may be cases where the ability to increase the perform-
ance of a catalyst by dynamic operation depends on the presence of large
intraparticle composition and/or temperature gradients.
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Physical Phenomena in Catalysis and
in Gas-Solid Surface Reactions

E. WICKE

Institut fiir Physikalische Chemie, Westfilische Wilhelms-Universitit,
4400 Miinster, Germany

Physical phenomena are understood as intraparticle and
interparticle transport processes of mass and of heat in fixed
bed reactors. Starting with measurements of temperature
and of concentration profiles along short combustion zones
in packed beds, our present knowledge about these processes
and their influence on chemical reactions at solid surfaces
is summarized. The main topics are the isothermal in-pore
diffusion—the interior of porous catalyst pellets usually can
be taken as isothermal—the gas—solid heat and mass trans-
fer, and the intensity of the dispersion effects in packed beds.
Particular emphasis is given to the discussion of experi-
mental methods. Special attention is called to the differences
between heat and mass interparticle transport processes,
brought about in the range of medium and low Reynolds
numbers by solid heat conduction and by radiation.

Physical phenomena and catalysis is a broad field which has developed
rapidly in recent years. Its increasing importance can be judged by
the new extended and revised editions of the excellent book by Frank-
Kamenetzky (1) and of the useful monograph by Satterfield (2). This
review is restricted to prominent directions in this field. Within this
framework it should be possible not only to review the knowledge ac-
cumulated, but to point to some difficulties and problems which have
remained unsolved. In line with personal preferences, special emphasis
is given to methods and to results of experimental investigations.

Some interesting temperature measurements and concentration pro-
files in catalyst beds have been done recently by Fieguth (3). The ex-
perimental device used was a tubular reactor suitable for work under

183
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adiabatic conditions (Figure 1) [described in detail elsewhere (4)],
with a packed bed of catalyst particles. These were cylindrical pellets
from alumina, about 3 mm in diameter and height, containing 0.3 wt %
platinum as active component. The oxidation of carbon monoxide in air
was chosen as the test reaction. One of the catalyst pellets was equipped
with two thermocouples for temperature measurements in the center and
at the surface (Figure 1, right). This pellet was imbedded in the cata-
lyst layer at the same level as the open end of a suction tube. A thermo-
couple in the orifice of this tube measured the gas temperature, and the

e
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Figure 1. Adiabatic tube reactor from quartz glass for measur-
ing concentration and temperature profiles. Right side: 3 X 3
mm catalyst pellet with central and equatorial thermocouple.
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Fi%lure 2. Profiles of CO, concentration, gas temperature, T,, and

pellet temperature (surface T,, center T.) along moving combustion

zone (3). Top: catalyst pellets, schematic. 4% CO in air, linear
flow velocity u, = 3.7 cm /sec.

gas flow withdrawn through the tube was analyzed continuously for CO..
The inlet air flow contained a few percent CO; if its temperature was
raised to about 120°C, a steep temperature increase built up in the
entrance of the catalyst bed, and the CO was oxidized completely along
a distance of a few particle diameters. By lowering the inlet gas tem-
perature, the combustion zone could be pushed back from the entrance
and could then be shifted back and forth through the catalyst bed by
changing the gas flow rate (4). A short reaction zone of this type was
moved through the section of the bed where the measuring devices had
been fixed; thus, the concentration and temperature profiles along the
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zone were obtained. Figure 2 gives an example with an inlet gas com-
posed of 4% CO and air preheated to 70°C. The reaction zone moves
at 7.2 cm/hr opposite the direction of the gas flow. The concentration
profile needs about 8 minutes to pass by the orifice of the suction tube;
it extends therefore along about 1 cm or three particle diameters. The
gas temperature profile is markedly broader, extending along five to six
particle diameters.

Regarding these profiles the following statements can be made:

(1) The pellet interior is nearly isothermal; the temperature in the
center, T,, exceeds the surface temperature T, by only a few degrees.

(2) The pellet as a whole is superheated appreciably above the gas
flow; the excess temperature T, — T, attains values up to 100°C.

(3) The steepness of the concentration profile indicates that the
axial dispersion of mass is very small under these conditions (modified
Reynolds number Re, =~ 10); in particular there is no back mixing of
mass.

(4) The axial dispersion of heat is appreciably larger, as shown by
the gas temperature profile, T,. There is also back mixing of heat against
the gas flow; the temperature profile extends upstream to particles which
have no chemical heat production as yet.

(5) The first increase of CO, concentration, indicating the onset of
reaction and chemical heat production, should coincide with the start
of the pellets’ superheating over the gas flow. Contrary to this, the CO,
concentration in Figure 2 starts to increase about one particle diameter
later. Such shifts in the profiles are characteristic for measurements of
this type because the distance of one particle diameter represents the
lg)elclleral uncertainty in fixing the position of a reaction zone in a packed

ed.

(6) In view of the heterogeneous nature of the packed bed the
question arises as to how far the smooth profiles are meaningful, or if
stepwise functions would not be better approximations. Fundamentally,
would it not be more advantageous to work with difference equations
and with cell methods instead of differential equations? Along with this
is the problem of the behavior of catalyst particles in steep gradients of
concentration and temperature which has been studied recently by several
groups of authors (5-9).

The background of these temperature and concentration profiles in
theory and experience contains the whole field of physical phenomena in
catalysis and in gas—solid reactions; a compilation of these phenomena
is shown in Table L

Intraparticle Problems—Isothermal

The predominant internal problem of porous solids in catalysis and
in surface reaction with gases is in-pore diffusion. Measurements as well
as theoretical considerations are made usually with countercurrent dif-
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fusion through porous plates. The general transport equation for sta-
tionary multicomponent diffusion at constant temperature and pressure is:

Ji

DiKeﬂ

—cgradz; = ) Ja — Ji; + (1)
T 4Dy
This represents the balance between the driving force for the molecular
species i and the resistances to transport, as they are induced by inter-
molecular collisions (normal gas diffusion according to Stefan-Maxwell)
and by wall collisions (Knudsen flow). Here x; and x; are the mole frac-
tions, J; and J; are the molar fluxes of the species i and k; c is the total
molar concentration in the gas phase. The Dy represent the binary bulk
diffusion coefficients, the factor y accounts for the restrictions of bulk
diffusion by the porous network (structural factor), and DX is the
effective Knudsen diffusion coefficient of species i. For counter diffusion

Table I. Physical Phenomena

Intraparticle (internal problems)

Isothermal: Non-isothermal:
in—pore diffusion, internal
normal gas diffusion, superheating
Knudsen diffusion, and stability
stoichiometry

Interparticle (external problems)

interphase transport

dispersion effects
7/

/
of mass: of heat:
diffusion, conducton, convection,
convection irradiation
(gas phase only) (gas and solid phase)

of two components, with equal pressures on both sides of the porous
plate (open system), the molar fluxes are inversely proportional to the
roots of the molecular masses:

JofJy = — VMM, = « — 1 (2)

This holds for both Knudsen flow and in the pressure range where normal
gas diffusion occurs in the porous medium, as was shown first by Hoog-
schagen in 1953 (10, 11). For binary counter diffusion (Components 1,2):

Ji= —Diesc grad 1 3)
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1 _ 1 — arly 1 (33‘)

with Diet Dr + Dy Xt

This, and its integrated form:

B ¢ (1 —axiy + ¢Du/Di¥exe
J1 = ¢Dp oL In (1 — a1, + YD1o/Dr¥est (30

are the expressions used most often in diffusion studies (12, 13, 14, 15,
16, 17, 18). Here xy,, %11, are the mole fractions of Component 1 at the
two faces of the porous plate from thickness L.
For self-diffusion Equation 3a reduces to:
1 1 1 1 P 1

Da: DS " DE = yD,° P, + DX g @)

where D, is the bulk diffusion coefficient at gas pressure P,. Equation 4
represents a generalization of a formula proposed in 1944 by Bosanquet
(19) for self-diffusion in a cylindrical capillary to account for the tran-
sition range between bulk diffusion and Knudsen flow. Calculations by
kinetic gas theory agree closely with the results of Bosanquet’s additive
resistance formula, as Pollard and Present (20) later showed. Experi-
mental proof was attempted by Mingle et al. (21) by measuring self-diffu-
sion of CH, and CO,, tagged by carbon-14, through 1 mm glass capillary at
pressures around 0.1 torr. The results scattered appreciably and cannot
be considered conclusive. As a matter of fact, a convincing verification
of the Bosanquet formula at low pressures, running from the transition
range to pure Knudsen flow, has not yet been performed.

If the system of transport pores under consideration has a fairly
well defined mean radius r, the effective Knudsen diffusion coefficient
also can be taken as the product of a structural factor and a trans-
port quantity—i.e., a single capillary coefficient: D% = yXD¥(r) with
DX(r) = 3wr, where w is the mean molecular speed. The structural
factor y¥ usually has a value similar to y in the normal gas diffusion
term of Equation 3a or 4; y ~ yX is known as the “permeability” of the
pore system in question.

To describe binary countercurrent diffusion through porous media
with arbitrary pore size distribution, two different methods have been
developed: (1) the method of random pore distribution, and (2) the
method of structural factors or of permeabilities. The first method was
developed by Wakao and Smith (16) for bidispersed solids. These are
made by compressing porous powder particles and thereby contain
micro- and macropores. For this method the void fractions e, and the
mean pore radii r, of the different groups of pores must be known from
pore size distribution data. The probability that the macro- and/or
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Figure 3. Combinations of pore alignments in bidis-
persed porous materials (16)

micropores line up along the diffusion path is assumed proportional to
the product of the volume fractions in question. Figure 3 demonstrates
the three combinations of pore alignment in this random pore model;
e, is the void fraction of the macropores between the particles, 1 — ¢, the
volume fraction of the particles containing the micropores. For these
three types of alignment the diffusivities are set up according to the
model of straight cylindrical pores and are then combined in parallel
flow to the transport equation. With a number of such terms, however,
the transport equation becomes cumbersome, even more so if the method
is extended to three different groups of pores (18). The method of struc-
tural factors, on the other hand, is based on diffusion measurements only
and on the use of Equation 3 and 3a or, if self-diffusion is concerned,
of Equation 4. Its application to a material, wherein a uniform group of
pores dominates in diffusional transport, needs two diffusion measure-
ments, one at high gas pressures to determine the structural factor y, the
other at low pressures to determine the effective Knudsen coefficient
D%, With these two empirical terms Equation 3a can then be applied
as an approximation through the whole pressure range. If two groups of
pores, I and II, are engaged equally in the diffusion process, the transport
equation must be composed of two terms, for instance in case of self-
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diffusion:

q’[ DG q‘II DG (5)

Det = T pe/p% () T T D/DX (i)

A two-term-expression like this is sufficient to describe even complicated
diffusional behavior (22, 23).

Figure 4 represents data of countercurrent diffusion of N, against
He measured by Cunningham and Geankoplis (18) with three porous
tablets. The tablets were prepared by compressing a porous powder of
alumina to samples of different density, and contained a macropore and
a micropore system. In the low density sample (1) the macropores with
r ~ 10 cm predominate in contributing to diffusion flux; the same is
true for the medium sample A, whereas in the high density sample (2)
the micropores with 7 ~ 6 - 107 cm predominate. The authors set up the
transport equation as:

D,
Jy = — — axlcgrad x (6)

instead of Equation 3; thus a diffusion coefficient D, was defined ac-
cording to:

1 1 1
_— = 7
D. = 9Dn T (0 = az) Di¥en @)

The mean values of the mole fractions along the diffusion path were
about the same in all experimental runs; for nitrogen: ¥, ~ 0.4 to 0.5.
The influence of composition could therefore be neglected in first ap-
proximation compared with the large influence of total gas pressure
which was changed in the range 1:1000. To evaluate the measurements
Equation 6 was integrated along the diffusion path at constant gas
pressure P and temperature T to:

_DeP 1 — axiz
=g (o) o

whereby D, was taken as a constant mean value. With Jy, x10 and x1z
measured for N, this mean value was calculated from Equation 6a, and
the product D,P was plotted vs. P (Figure 4). The straight lines repre-
sent Knudsen flow, the bent parts of the curves are the transition range
to normal gas diffusion. The dashed lines give the results of random pore
calculations, based on the model of Figure 3, with the micro- and the
macropore system listed in the caption to Figure 4. The dotted lines
were obtained by the method of structural factors assuming one uniform
group of pores only in each case. Although the samples had a bidispersed
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porous structure, this simple description agrees remarkably well with
the measurements, thereby confirming that in each run one group of pores
predominated in diffusional transport.

1000

10

001
o1 1 10 100 1000
— P (Jorr)

Figure 4. Experimental and predicted diffusivities for several
bidispersed materials (18)

————— Method of random pores
e o o o o Method of structural factors

Porosities (e) and mean pore radii (r, A units):

N° micro macro

1 e — 0.326, r = 76 e = 0.521, r = 9800
A 0.468 85 0.303 4300
2 0.537 58 0.052 1500

If in the porous solid a chemical reaction proceeds: v1A; + v2A2 =
v3As, the molar fluxes of the gas components under steady-state condi-
tions must be in the ratios of the stoichiometric numbers v; ( < 0 for re-
actants, > 0 for products):



Published on August 1, 1974 on http://pubs.acs.org | doi: 10.1021/ba-1972-0109.ch005

192 CHEMICAL REACTION ENGINEERING

h Jd_ Db (®)

o ow v
The reaction rate per unit volume, dependent on temperature and con-
centrations, is then:

diV J{ = v; "I‘,,(T, C, C ... ) (9)

The stoichiometric ratios (Equation 8) generally do not agree with the
inverse ratios of the roots of the molecular masses, Equation 2; this means
that: v/vi. = v/ M/M; is generally true. In the case of Knudsen flow
within the porous pellet this contradiction is solved by pressure gradi-
ents, which build up along the diffusion paths to such values, that the
fluxes of the components are in stoichiometric ratio. If there is normal
gas diffusion, however, the total pressure remains constant throughout
the pellet; the stoichiometric fluxes are then adjusted by proper gradients
of the mole fractions which are established in the stationary run of reac-
tion. These problems have been treated in detail recently by Hugo (24,
25, 26), who developed stoichiometric flux diagrams of the reaction
components for the three transport processes: bulk aerodynamic flow,
Knudsen flow, and normal gas diffusion. In the latter case the flux of a
component i during a steady-state reaction can be described by a gen-
eralized diffusion coefficient:

D%t = v; D 4Dy (10)
T D_:: . (Vixk - kai)

in the transport equation: J; — D%gc grad x;, as shown earlier (27).
These generalized coefficients contain the influence of the different values
of the binary coefficients Dy, of all pair combinations i,k and the influ-
ence of the volume change by reaction. If all binary coefficients have the
same value (D;;), the expression reduces to:

Do
DGy = 11
TS @) % e ()

and contains nothing more than the influence of the increase in the mole
number Sy;. If there are only two components, it follows from Equations

k
2 and 8: Sw/vi = o, and Equation 11 simplifies to the countercurrent
k

expression, Equation 3a.

In the transition range between Knudsen flow and normal gas dif-
fusion the Bosanquet formula (Equation 4) can be used to obtain the
approximate relation:
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11 1
D;ett  DiSett | DKoy

(12)

This approximation is restricted principally to cases where the total gas
pressure can still be taken as constant along the diffusion path—i.e.,
where the influence of Knudsen diffusion is small. The more general
problem—that pressure gradients are built up to satisfy the stoichiometric
flow conditions in the transition range—has not been solved until now.

To evaluate the influence of in-pore diffusion on reaction rate, Equa-
tion 9 must be integrated. This requires, in addition to knowledge of the
transport equation, knowledge of the reaction rate law. With an em-
pirical nt* order law the integration yields the following expression for
the Thiele modulus:

I”p [n +1 . 1 i (._ Vi)ﬁ;s)]ll‘z (13)

9= =
Sp 2 Di eff Cis — Cieq

V, and S, are the volume and the external surface area of the porous
pellet, 7, is the reaction rate, and c;; — Ci., is the distance of concentra-
tion of component i from equilibrium at the external pellet surface. In
the Knudsen range D, is to be substituted by the effective Knudsen
coefficient of component i, in the range of normal gas diffusion D;es rep-
resents a mean value of the generalized diffusion coefficient, Equation
10, taken over the concentration field in the pellets interior (for details
see Hugo (26)). In the scope of this approximation the values of the
diffusion coefficients in the transition range can be estimated by the modi-
fied Bosanquet formula (Equation 12), although in principle it is insuffi-
cient for stoichiometric flow.

To use this formula the structural factor y must be known. Its value
is usually determined by measuring steady-state countercurrent diffusion
by two gas streams, which bypass the two faces of a cylindrical or plate-
shaped probe of the porous material. The method was developed by
Kallenbach (29) in 1941 and has been applied frequently since then
(14, 15, 16, 17, 18, 30, 31) at normal and reduced pressures. It has also
been used with remarkable success at high pressures by Paratella (32)
to measure the binary diffusion coefficient in CO/N; mixtures up to 150
atm by using a parallel pore plate with known permeability. As a matter
of fact this method was being used in the early 1900’s in the U. S. Depart-
ment of Agriculture by Buckingham (33), when he measured the diffu-
sivity of gases in soils.

Recently a new steady-state method has been worked out by Hugo
et al. (34, 35, 36) in connection with permeability measurements on nu-
clear graphites. It uses the p,0-hydrogen conversion and deals with the
simple case of self-diffusion. The principle of the method is shown in
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J x. —= —>J,xg

porous plate

catalyst for

pH,==0H,

steady state J(x -x) =Jp
balance:

diffusion flow:  J, = QD c “278%

eff ~ Qc  x,-x

Figure 5. Reaction diffusion cell for diffusivity measurements
in porous materials by the p-hydrogen method after Hugo
et al. (34, 35, 36, 37)

Figure 5. A stream of hydrogen, enriched with the para species of mole
fraction x;, enters a mixing chamber which is separated by the porous
sample from a platinum catalyst. The para molecules diffuse to the
catalyst—diffusion flow Jp—where the equilibrium mole fraction x., of
p-hydrogen is established, and the ortho molecules diffuse back through
the porous plate. The stationary flow balance of the mixing chamber and
the diffusion equation give a simple relation for the effective self-diffusion
coefficient of hydrogen in the probe (see Figure 5). To evaluate this
relation, the mole fractions of p-hydrogen in the inlet and outlet stream,
x; and x,, are measured continuously by thermal conductivity. The method
can be used only for porous materials which do not catalyze the con-
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version. A catalytic activity for o,p-H, conversion must be poisoned be-
forehand, or the measurements must be made with inactive catalyst
support material.

It is practical to run measurements at different hydrogen pressures,
and to plot 1/D.s vs. pressure. In this way Figure 6 demonstrates the
values that have been measured by Hugo and Beyer (36, 37) with a nu-
clear graphite in its original condition and after increasing amounts of

_1 [ sec]
Qg Lem? /
40 4300

30 +200

20 1 100

10

257°% |

34180/" ____O/

0 100 200 300 400 500 600

— s p(Torr)

Figure 6. Pressure dependence of self-diffusion coefficient of hy-
drogen in a nuclear graphite at room temperature (Bosanquet dia-
gram) after different burnoffs. The line h{or 0% burnoff has been
shifted upward and drawn with a 10-fold reduced scale (36, 37).
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burnoff (with CO, at 1000°C). Figure 7 represents pore size distribu-
tions of some of the probes obtained by Hg porosimetry. The measure-
ments on the original material give a straight line in the 1/Des vs. P plot
as expected for a uniform group of transport pores. From the slope of
the line, according to Equation 4, the structural factor (permeability)
can be calculated: y — 2 X 1073, from the intercept on the ordinate the
effective Knudsen diffusion coefficient, and from this the mean radius of
the transport pores: r — 1, 2 X 10* cm. [The self-diffusion coefficient
of hydrogen at 20°C was taken as Dy, — 1.43 cm?/sec.] This value
agrees well with the macropore peak in the pore size distribution (Fig-
ure 7) for 0% burnoff. With increasing burnoff the micropore peak
shifts from very small radii to larger values, obviously because narrow
connections (micropores) between macropore voids burn out to larger
diameters and finally merge in the group of macropores. The simul-
taneous influence of two different pore groups on the diffusional transport
gives rise to deviations from straight lines in the Bosanquet diagram
(Figure 6). The deviations at low pressures are induced by the influence
of the macropores; to account for this a two term relation like Equation 5
has to be used (22, 23). It is interesting that the measurements of Cun-
ningham and Geankoplis (18) on Sample 1 in Figure 4 also give a straight

X~

av
digr
- 02 T

o1

0% Burnoff

A\J T v T T 7T T T Y
a a5 10

——> Pore radius inpu

Figure 7. Pore size distributions of the nuclear graphite after different burn-
offs (36, 37)

line when plotted in a 1/D, vs. P diagram as demonstrated in Figure 8.
The values of the structural factor and the mean pore radius, derived from
the slope and intercept of this line, agree well with the values given by
the authors, thereby confirming that in this bidispersed system the macro-
pores dominate in diffusional transport. [The evaluation was based on
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Figure 8. 1/D, vs. P plot of the measurements of Cunningham and Gean-
koplis (18) on Sample 1 (see Figure 4)

Equation 7; by substituting « by 1 — +/M,/M, according to Equation 2,
and x;, 1 — x; by %, %, respectively, the equation given in the figure is
obtained.]

The steady-state diffusion methods, useful and reliable as they are
in basic research, have some disadvantages for direct application to cat-
alyst pellets in industrial practice. Single samples only can be used after
special preparation, and erroneous results must be expected if the ma-
terial contains blind pores or anisotropic pore distributions. Unsteady
state methods are often more generally applicable; among these the pulse
technique, developed first by Deisler and Wilhelm (38) in 1953, seems
to be of particular importance. Supported by experiences in gas chro-
matography this method is now in progress at several places (39, 40, 41).
From the pulse technique readily applicable test methods are to be ex-
pected, suitable for supervising catalysts in practice, because their results
will be statistical mean values from a number of catalyst pellets.

Intraparticle Problems (Non-isothermal)

The problem of internal superheating of catalyst particles by chem-
ical heat production has received much interest in recent years. The
coupling of reaction rate as a strongly nonlinear function of temperature
with the essentially linear transport processes of heat and mass may give
rise to multiple stationary solutions of the balance equations—i.e., to
multiple steady states of the reaction system. Much theoretical work has
been done to investigate the conditions under which multiple steady-
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state profiles of concentration and temperature occur in the interior of a
catalyst pellet and to determine the criteria of stability of the steady
states. A survey of these problems and of the extended literature has
been given by Aris (42) (see also V. Hlavatek (8)). The boundary con-
ditions at the external surface of the pellet are usually choosen in such
a way (43) that the surface temperature T, and the surface concentration
¢, remain fixed. In addition to the Thiele modulus ¢, the characteristic
parameters are the maximum relative excess temperature in the pellet
center, 8, and the dimensionless activation energy, y:

3 _ (-AH) Deff Cs _ AT'max' _ i
- k. T, =7, YT RT,

(AH = reaction enthalpy; k, — heat conductivity of the pellet material).
For multiple steady states to occur in the interior of the pellet—with fixed
surface temperature and with a first-order reaction—the product y8 must
exceed a value of about 5. Recently Hlavacek et al. (44) have accumu-
lated data of y, 8, and ¢ from industrial catalytic processes and from
experimental studies (see Table II). In no case is the limit yg = 5 at-
tained; in most industrial processes the values are much smaller. As a

Table II. Parameters of Some Exothermic Catalytic Reactions (44)

Reaction Y v8 ?
Synthesis of NH; (45) 29.4 0.0018 1.2
Synthesis of higher alcohols

from CO and H. (45) 28.4 0.024 —
Oxidation of CH;0H to CHO (45) 16.0 0.175 1.1
Synthesis of vinyl chloride

from C.H, and HCI (45) 6.5 1.65 0.27
Hydrogenation of C.H, (46) 23-27 1.0-2.7 0.2-2.8
Oxidation of Hs (47) 6.75-7.52 0.21-2.3 0.8-2.0
Oxidation of C.H, to ethylene oxide (45) 13.4 1.76 0.08
Decomposition of N,O (49) 22.0 1.0-2.0 1.0-5.0
Hydrogenation of CsHs (50) 14-16 1.7-2.0  0.05-1.9
Oxidation of SO, (45) 14.8 0.175 0.9

matter of fact, multiple steady states in the interior of catalyst pellets
have not been observed experimentally, even in cases where high internal
superheating was obtained, as in studies of the hydrogenation of ethylene
[(46), AT = T, — T, up to 37°C], the oxidation of hydrogen [(47, 48),
AT more than 100°C], and the decomposition of N.O [(49), AT up to
36°C]. The reason for the failure to observe multiple steady states is
that with increasing temperature in the pellets’ interior the concentration
of the reactants, within a small temperature interval, recedes towards
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the external surface. Only a thin reaction zone remains, with steep con-
centration gradients. Hence, induced by the small diffusivities in the
porous structure, the interior of the catalyst particles usually can be
taken as isothermal.

Interphase Transport

When overheating by an exothermic reaction occurs, the catalyst
particles usually overheat as the whole, as shown in Figure 2. The tem-
perature gradients appear predominantly in front of the external pellet
surface, where the resistance of heat transfer to the bypassing gas flow
must be overcome. It is the limitation in the intensity of this external
heat transfer compared with the chemical heat production within the
particle which really gives rise to multiple steady states of the system.
In this external problem three steady states are possible, and the medium
one is unstable (51, 52). The particles in these states have tempera-
tures more or less different from the gas flow. Their interiors, how-
ever, are essentially isothermal, for the reasons stated above [(see also
Hugo and Wicke (22)]. In this case also it seems unlikely that the
internal problem should have multiple solutions. The phenomenon of
more than three steady states, as calculated by combining the external
and internal problem (53), should scarcely be observed experimentally.
An instructive discussion of the possible situations has been given by
Cresswell (54) (Figure 9). Here the Thiele modulus is defined by the re-
action rate under the conditions of the bypassing gas flow as a reference
value; an increasing Thiele modulus therefore means increasing tem-
peratures of gas flow.

Cresswell distinguishes four regions with different behavior of the
system. In the kinetic region 1 the reaction parameters are the same
throughout the porous pellet. In Region 2 the temperature in the pellet
increases, but the interior remains essentially isothermal; the reaction is
confined more and more to a thin shell at the pellet surface. This is why
the effectiveness factor normally does not increase in this range but
decreases. In Region 3 the limitation of external heat transfer gives rise
to appreciable superheating of the pellet; this causes a dramatic increase
of the effectiveness factor, connected with three steady states. In Region
4 the pellet is in the upper stable state where the external mass transfer
controls the rate of conversion.

Mass and heat transfer between particles and gas flow in packed
beds has been studied increasingly in the last years. This is especially true
for the range of low Reynolds numbers, below about 100, which is most
important for gas—solid reactions and catalysis. The traditional method
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Figure 9. Main rate-controlling regions of an exo-

thermic reaction at a catalyst pellet. Region 1: kinetic;

Region 2: in-pore diffusion, non-isothermal; Region 3:

multiple steady states; Region 4: interphase mass trans-
fer, after Cresswell (54).

of measurement (the adiabatic evaporation of liquids from wetted porous
particles) is difficult to perform in this range because the gas stream at
the outlet of the test section will be nearly saturated with the vapor.
The test section, therefore, must be short, two or three layers of particles
only, suitably sandwiched between beds of solid dry pellets of the same
size. Such a short arrangement, of course, has strong entrance and exit
effects, whose influence can be observed in the fact that the wetted par-
ticles approach the wet-bulb temperature of the inlet air only at high
air velocities. The same is true when the wetted particles are interspersed
randomly in a bed of solid dry pellets (“expanded” or “dispersed” bed
of wetted particles) (55). The temperatures of the wet surfaces, there-
fore, must be measured carefully if reliable results of mass transfer are
to be obtained. Petrovic and Thodos (56) recently performed such
measurements with uniformly packed and with dispersed beds at low
Reynolds numbers: 3 < Re < 230. They correlated the values found
for the mass transfer factor j; by:

eja = 0.357 Re—03%9 (14)
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where ¢ is the fraction of voids in the fixed bed. The factor ¢ in Equa-
tion 14 originates from the work of McConnachie (57), who measured
mass and heat transfer into air from spheres held fixed in space by wires
in a body-centered cubic arrangement, a “distended” bed. His results,
obtained in the range 0.416 < ¢ < 0.778; 100 < Re < 2000, could be
approximately related to: j; ~ 1/e at Re — constant, as Sen Gupta and
Thodos (58) have shown. Petrovic and Thodos, in deriving Equation
14 from their measurements, tried to account for the influence of axial
mixing by using a mixing cell model instead of the usual method of
logarithmic mean driving force. With the same model they recalculated
results of earlier investigations (55, 59, 60) on packed and dispersed beds
and thereby extended Equation 14 to the range 3 < Re < 1000.

On the other hand, however, important parameters are missing in
this correlation. For uniformly packed beds, for example, the dimen-
sionless length of the test section—i.e., the number of wetted particle
layers used—is expected as parameter to account for end effects. For
dispersed bed arrangements the mean value of shortest distance (or the
number density) of the wetted particles should be implicit in Equation
14. Neglect of these parameters may be the reason for the broad scatter-
ing of experimental data with respect to Equation 14; hence, the corre-
lation will have to be refined in future, especially in the low Reynolds
number range.

Interphase heat transfer in this range is characterized by the fact
that influences of heat conduction and of radiation between the particles
in question and their surroundings can no longer be neglected, as is nor-
mally done at high Reynolds numbers. These effects favor the rate of
interphase heat transport, but there are no comparable effects in mass
transfer. The ratio of heat to mass transfer rates, therefore, should increase
with decreasing Re number. De Acetis and Thodos in their investiga-
tions (55) of heat and mass transfer with wetted particles in short test
sections and in dispersed beds, obtained values of ji/ja =~ 1.5 for the ratio
of heat to mass transfer factor (especially at low Re numbers) compared
with only 1.07 in the classical work of Hougen et al. (59, 60) at higher
Reynolds numbers, Re > 350 [(see also Sen Gupta and Thodos
(58)]. Satterfield and Cortez (61) have reported on differencies between
mass and heat transfer data obtained with woven-wire screens in gas
flow, (they call it “discrepancies”) which can be attributed to longitudinal
heat conduction.

In 1950 Wilhelm (62) compiled the effective mechanisms for heat
transport in packed beds, and together with Singer he worked out
the scheme shown in Figure 10. It considers the heat conduction from
particle to particle through the contact areas and through the fluid fillets
around them, the interphase heat transfer, and the molecular and eddy
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conductivity in the fluid phase. The diagram can be taken as a program
for research in this field; until today this program has not been com-
pletely worked out. Remarkable progress has been achieved in recent
years by Schliinder (63) in investigations of combined heat and mass
transfer between gas flow and single bodies enclosed in packed beds.
From his numerous important results the one shown in Figure 11 seems

SN
S

Q
K>

R. = Thermal resistance of particle it-
self.

Iy = Thermal resistance of fluid fillet
between particles.

. = Thermal resistance of contact
area.

R = Thermal resistance of impurities:
oxides, grease, etc.

Rn = Thermal resistance for heat flow
from particle to main body of
fluid.

Rur = Thermal resistance of fluid at rest
(molecular conductive effect).

Ry = Thermal resistance of turbulent

flow.

Figure 10. Scheme of mechanisms for heat
flow in packed beds, after Singer and Wil-
helm (62)
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Figure 11. Heat and mass transfer (Nusselt numbers Nu and Nu’) between

a wetted porous cylinder, 30 X 30 mm, and air flow in packed beds of 2-mm
pellets from glass (V, V) and from polystyrol (M, O) after Schliinder (63)

especially interesting. A cylindrical cell from porous alumina, 30 X 30
mm, was enclosed in a packed bed of spheres, 2 mm in diameter, from
glass and from polystyrol, and was wetted continuously with water by
thin glass tubes. From the steady-state water influx to the evaporation
cell and from the temperatures measured at the surface of this cell, and
in the air flow through the packed bed, the mass and heat transfer data
were calculated. They are shown in Figure 11 as Nu vs. Pe for heat
transfer and Nu’ vs. Pe’ for mass transfer respectively. In the definition of
Nusselt and Peclet numbers half the circumference of the evaporation cell,
d, X =/2, has been taken as the characteristic length. The range of Pe
numbers, 50 < Pe < 7500 in Figure 11, corresponds to the range 20 < Re
< 3000 of modified Reynolds numbers. As Figure 11 demonstrates, the
rate of mass transfer from the evaporation cell does not depend on the ma-
terial of the spheres in the packed bed surrounding the cell, but the rate of
mass transfer from the evaporation cell does not depend on the material
of the spheres in the packed bed surrounding the cell, but the rate of
heat transfer is appreciably higher in the bed of glass spheres than in
the bed of polystyrol spheres. The reason for this is the higher heat
conductivity of the glass spheres’ packing at zero gas flow rate, as is ob-
vious from the values of Nuy;, on the ordinate (Figure 11). With increas-
ing Pe number (or Re number) the ratio of heat transfer to mass transfer
rate decreases continually. This behavior can be explained physically
by a boundary layer model, wherein the packing is treated like a con-
tinuous phase, as Schliinder (63) has shown. From the results in Figure
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11 it can be expected that for exothermic reactions in catalyst beds the
tendency of single catalyst pellets to overheat and to produce hot spots
in the packed bed increases with increasing gas flow rate.

Dispersion Effects

A discussion of dispersion effects in packed beds requires an appre-
ciation of the basic research in this field by Wilhelm and co-workers. In
1962 he presented an excellent review (64) on transport phenomena and
chemical reactor design. From this paper the famous survey of the char-
acteristic regions for dispersion of mass in packed beds has been repro-
duced in Figure 12. Most important for catalysis and gas—solid reactions
is the fact that the dispersion behaves non-isotropically. At Re = 10 the
measurements for axial dispersion accumulate in the range of Pe num-
bers between 1 and 2. The theory, regarding the voids between adjacent

Molecular

diffusion,

tiquid
Molecular
diffusion,
gaseous |
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Figure 12. Axial and radial dispersion in_packed beds; inter-
locking hydrodynamic regions after Wilhelm (64)

particles as mixing stages, yields Pe,, — 2 in the limit of infinitely deep
beds. For radial dispersion the experimental values of Pe accumulate
between 8 and 12; the theory, based upon a lateral random walk model,
yields: Pe, — 8. In measurements of the local radial dispersion of CO: in
air at different distances from the tube wall, Fahien and Smith (65)
found minimum values of Pe, — 8 near the axis of the packed bed; ap-
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proaching the tube wall, values of Pe, increased—i.e., the dispersivity
decreased. This behavior can be attributed to the increasing fraction of
voids between the particles when approaching the wall; the effect dimin-
ishes with increasing ratio of tube to particle diameter.

The dispersivity of heat in packed beds is larger (as expected) than
the dispersivity of mass because the dispersion of heat is supported by
the conduction and by the radiation from particle to particle, whereas no
analogous processes are effective in mass transport. Wilhelm was one
of the first to draw attention to these differences; in a comparison of
radial mass dispersion data with results of heat dispersion measurements
(66) he demonstrated in 1950 the excess of heat dispersivity over mass
dispersivity at low Reynolds numbers.

About 10 years later Yagi et al. showed in detailed investigations
(67, 68) that the effective thermal conductivity in packed beds with gas
flow can be described by a two-term relationship of the following type:

kett = ko + u;f:f" (15)
The first term, k,, is the heat conductivity of the packed bed without con-
vection, the second term represents the contribution of the gas flow to
the effective thermal conductivity (4 — mean flow velocity between the
particles, p, ¢, = density and heat capacity of the gas). The dimension-
less quantity Pe* was found to be about 10 for radial effective conduc-
tivity and about 3 for conduction parallel to the axis. Hence, the second
term in Equation (15) is non-isotropic; it corresponds obviously to the
dispersivity of mass in the range Re = 10 in Figure 12.

Equation 15 can be rearranged to give:

Ueeoly _ po — _ Pe* (15a)

kett « ko
1 + Pe wotd,
for the Peclet number of heat dispersion. This expression depends on gas
flow rate (or on Re number) in a similar way as Figure 12 shows for the
Peclet number of mass dispersion. The transition ranges, however, are
shifted to larger values of Re (10- to 100-fold) according to the ratio
of the thermal diffusivity, k,/pc,, in the packed bed without convection
to the mass diffusivity D,. For this reason the axial heat dispersion is, at
low Re numbers, appreciably larger than the axial mass dispersion, as
demonstrated by the different slopes of the gas temperature and the
concentration profiles in Figure 2.
This difference in quantity between axial dispersion of heat and of
mass is connected with a more fundamental difference. The axial dis-
persion of mass is predominantly a forward dispersion; only little back
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mixing occurs against the direction of gas flow because the pellets are
practically impenetrable for the gas molecules. The dispersivity of mass,
therefore, must be considered principally by mixing cell models. The
dispersivity of heat, on the other hand, up to Reynolds numbers of sev-
eral hundred is composed of one part which represents a real two-sided
diffusivity (k, in Equation 15), and a second part which represents a
forward dispersion. The effective conductivity, therefore, must be rep-
resented principally by a model, which combines a continuous with a
mixing cell character. Recently Amundson (69, 70) conceived such a
model (Figure 13). It consists of mixing cells, 1 and 2, which are separated
by particles; these particles represent with their heat conduction the con-
tinuous part of the model. At higher temperatures radiational heat trans-
port also must be considered; if there are steep gradients, as in Figure 2,
this requires calculations with stepwise temperature profiles, similar to
mixing cell methods (71).

“) ")

J J

1 2

Figure 13. Combined model for heat dispersion in

packed beds after Amundson (69, 70). Mixing cells

(1 and 2) connected by heat conduction through the
adjacent particles.

In view of the complicated nature of the effective axial heat con-
ductivity, analysis of the adiabatic packed bed reactor with different
values of dispersivities of mass and of heat has not yet been worked out
in theory; this remains a problem for the future. Meanwhile investigations
of transport processes concentrate more and more on the range of con-
ditions which are most important for catalysis and for gas—solid reactions,
first of all the range of low Reynolds numbers. We hope to learn more
in near future about the manifold and interesting interactions of physical
phenomena with chemical reaction rates in this range.
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Mass Transfer Characteristics of Woven-Wire
Screen Catalysts

CHARLES N. SATTERFIELD and DOUGLAS H. CORTEZ,’ Department of
Chemical Engineering, Massachusetts Institute of Technology, Cambridge,
Mass. 02139

The objectives of this work were to determine the mass transfer
characteristics of woven-wire screen catalysts and to investigate the possi-
bility that the catalytic oxidation of hydrocarbons in air might under
some circumstances proceed by initiation of reaction on a catalyst surface
followed by propagation of the reaction into the surrounding gas, so-
called hetero-homogeneous catalysis (1).

The catalytic oxidation of either 1-hexene or toluene in excess air on
one to three platinum gauzes in series was carried out in one of two
tubular flow reactors. Hydrocarbon concentrations were varied from
600 to 4000 ppm. To measure whether homogeneous reaction downstream
from the catalyst was significant, a movable water-cooled probe was
mounted vertically below the catalyst. Gas samples were analyzed by
gas chromatography. The screens consisted of 52 or 45 mesh platinum
gauzes or 40 or 80 mesh platinum-10% Rh gauzes.

The rate of reaction increased rapidly with increased temperature,
but above about 350°C it became almost temperature independent, which
is strongly suggestive of a mass transfer-controlled process. Assuming
that the reaction rates at high temperatures were indeed controlled by
mass transfer, mass transfer coefficients were calculated, converted to fp
factors, and correlated with the Reynolds number by the relationship

jp = CN~™pegq

in which the Reynolds number is based on wire diameter and interstitial
velocity. A least-squares analysis gave C — .865 and m = .648 with a
mean deviation of =12.5%. There was no significant difference between
mass transfer coefficients for two or three screens in series or for degree
of separation of two screens, nor was there any effect of probe position
on the results. It was concluded that there was no positive evidence that

? Present address: TRW Systems Group, One Space Park, Redondo Beach, Calif.
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any of the hydrocarbon oxidation occurred as a homogeneous process.

The results agree fairly closely with those of B. Gay and R. Maughan
(2) obtained by measuring the mass transfer rates of mercury from
single screens into flowing nitrogen, but they disagree substantially with
values of jy as determined from heat transfer rates to a gas from stacks
of woven screens as measured by J. E. Coppage and A. L. London (3).
We concluded that this was caused by the neglect of axial heat transfer
in the work of Coppage and London. Their data after adjustment for
this effect, that of Gay and Maughan, and the data of P. H. Vogtlander
and A. P. Bakker (4) for liquid-phase mass transfer to screens, plus our
data were recorrelated in terms of flow past a single cylinder, and the
transport characteristics of screen catalysts were shown to be very similar
to that of infinite cylinders. Comparison of all these data with the
ammonia oxidation studies of Dixon and Longfield (5) showed that their
rates of reaction never exceeded that which would be predicted for a
mass transfer-controlled process. There is thus no evidence that the am-
monia oxidation reaction in their case occurred as a hetero-homogeneous
process.

(1) Satterfield, C. N., Cortez, D. H., “Mass Transfer Characteristics of Woven-
Wire Screen Catalysts,” Ind. Eng. Chem., Fundamentals (1970) 9, 613-
620.

(2) Gay, B., Maughan, R., Intern. J. Heat Mass Transfer (1963) 6, 277-287.

(3) Coppage, J. E., London, A. L., Chem. Eng. Progr. (1956) 52 (2), 57F-
63F

(4) Vogtla;lder, P. H., Bakker, A. P., Chem. Eng. Sci. (1963) 18, 583-589.
(5) Dixon, J. K., Longfield, J. E., “Catalysis,” P. H. Emmett, Ed., Vol. 7,
pp. 281-304, Reinhold, New York, 1960.

Experimental Study of Laboratory Flow Reactors

JOHN C. ZAHNER, Mobil Research and Development Corp., Central Research
Division, P.O. Box 1025, Princeton, N. J. 08540

In studying heterogeneously catalyzed reactions of gases, the labora-
tory integral conversion flow reactor has a number of desirable features.
One of the more desirable aspects is that simply by changing the flow
rate, one can obtain rather quickly a reaction path over a wide range of
conversions. Of course, for the data to be interpreted unambiguously, it
should be free of significant heat and mass transfer effects such that the
plug flow description of an isothermal reactor is valid.
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Axial diffusion can be a significant factor in affecting adversely the
results of flow reactors, especially for high conversions at low flow rates
in shallow beds. If the residence time becomes too long, molecular dif-
fusion becomes important since the residence time can become compa-
rable with the diffusion time, (length)?/effective diffusion coefficient;
the reactor then tends to behave more like an ideal stirred tank reactor
where the concentrations become uniform throughout the length of the
bed. In the intermediate regions, interpretation of experimental data for
kinetic purposes becomes difficult.

For gas flow rates of 8-110 scc/min and conversions up to 90%,
negligible deviations from the plug flow description were obtained in the
Pt-catalyzed exchange of deuterium for hydrogen in neopentane as long
as the axial diffusion modulus was appropriately low. Further, all devia-
tions from the plug flow description were in agreement quantitatively
with the theory of axial diffusion. In some experiments the catalyst was
diluted about 10:1 with inert chips; no new mass transfer effects resulted.

One can arrive at a conservative design for a laboratory flow reactor
operating around atmospheric presusre, 230°C, 10-200 scc of gas/min,
and catalyst activities as measured by a first-order rate constant of 0.1 to
2 (cc of gas)/(sec, cc of catalyst).

Considering heat effects first, two major temperature differences are
important in removing the heat of reaction: (1) AT between the catalyst
particle and bulk fluid temperature, and (2) AT between the center and
reactor wall.

The second difference is minimized by keeping the heat generated
(catalyst) per unit of length small. Based on the following considera-
tions:

(a) A limiting Nusselt number of 4

(b) Effective bed conductivity of 1.4 X 107 cal/(sec, cm, °C)

(¢) Only enough catalyst to obtain 90% conversion at 10 scc/min

(d) Remaining space will be filled with inerts
(e) Approximate T, p, and k as above

one then arrives at:

zAH (keal/gm-mole)

AT(°C) = L(reactor length, cm)

Thus, for a reactor 20 cm long, a reaction having an effective heat of
reaction (mole fraction - AH) of 20 kcal/gm-mole, the maximum esti-
mate for the AT is 1°C.

A catalyst particle of 80 mesh and activity of 2 cc of gas/(sec, cc of
catalyst) will generate a temperature difference between the particle
and an infinite gas of 0.5°C for an effective xAH of 20 kcal/gm-mole.
Thus, use of 80 mesh particles or smaller will keep this AT acceptable.
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Furthermore, 80 mesh will give satisfactory intraparticle diffusion
even for effective diffusion coefficients of 10® cm?/sec. For a reactor
20 cm long, a diameter of 1.1 cm or less gives an excellent axial diffusion
modulus of 0.05 or less and an “effectiveness factor for axial diffusion”
of 0.95 or better over the entire conversion range.

The experiments that made us more aware of axial diffusion are
outlined below. These experiments were not performed to test the par-
ticular reactor scheme above but to resolve some irregularities from pre-
vious experiments.

Table I. Intrinsic Kinetics

Deuteride Composition,* Mole %,

Run Time,
No. min. dy dy dy ds di ds ds  di
514 89.9 89.21 9.75 87 A8 — — — —
180. 79.79 17.87 2.09 27 — — — —
300. 67.12 26.58 5.24 .86 21 — — —
574. 4290 3648 1529 4.09 1.06 .18 — —
746. 31.78 37.55 21.20 7.14 190 45 — —
1306. 9.72 24.81 29.63 21.56 10.05 3.15 .92 18
515 8.3 93.24 6.14 57 05 — — — —
242 81.76 15.87 2.07 32 — — — —
45.9 68.46 25.50 4.97 90 A8 — — —
68.6 56.20 32.38 9.18 1.89 38 — — —
89.1 46.31 36.27 13.24 3.35 66 .18 — —
113.8 36.89 37.26 1831 585 142 28 — —
524 18.5 96.19 3.55 .24 02 — — — —
452 90.62 8.56 71 A1 — — — —
100. 80.33 17.03 2.19 41 04 — — —
310. 4047 37.11 16.35 4.67 112 .23 .06 —
366. 32.30 37.68 20.56 7.18 190 .34 .03 .02

e No values obtained for ds and dy.

Table II. Flow

Run No. Q, scc/min ADM do d,
5202 8.25 1.5 56.6 26.4
Plug Flow 1.7 (56.6) (32.2)
13.4 0.9 70.0 22.1
Plug Flow (1.1) (70.0) (24.7)
533 8.94 0.5 24.6 26.6
Plug Flow (0.5) (24.6) (35.9)
14.7 0.3 34.7 32.1
Plug Flow (0.3) (34.7) 37.7)

e Catalyst = 350 mg, 100-200 mesh, 11 mm id, L = 0.5 cm.
b Catalyst = 90 mg, 100-200 mesh, 11 mm id, L = 1.4 cm, dilution = 10.1.
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The intrinsic kinetics were established in a glass batch reactor of
about 330 cc volume. It was constructed from 55 mm od borosilicate
tube and was 15 cm long with a flattened base which was 2.5 cm wide
for dispersing the catalyst. The reactor had a glass stirrer along the long
axis with two fans attached and a glass-encased piece of iron; the stirrer
was operated magnetically.

The catalyst used was Baker-Sinclair 0.6% Pt-alumina prepared by
Englehard Industries. It was pretreated in flowing hydrogen for about
1 hour at 300°C. The reaction mixture was prepared by passing the
deuterium at 5 psig over neopentane at solid CO, temperatures, charged
to the reactor, and isolated. The mole ratio was about 120:1 at those
conditions.

A previous report concerning the deuterium exchange reaction with
neopentane (1) showed that the whole exchange process could be dis-
cussed and modeled as an hypothetical exchange with the tert-butyl ions
which are the predominant peaks from the various deuterated neopen-
tanes. This procedure is followed here; the various amounts of d; (i —
0,1,2 ...,9),refer to the fraction of tert-butyl ions in the mass spec-
trometer containing i atoms of deuterium.

Three experiments performed in the batch reactor at 160°C, which
establish the intrinsic kinetics are presented in Table I. The data deviate
from the theoretical binomial curves to the extent that the maximum
amount of d, is 37.5% vs. 38.8% for the binomial calculation. Data from
all three runs fall on the same curves, indicating that the same relative
intrinsic kinetics are common to all three experiments. When these ex-
periments were performed, activity control was not established, and the
specific activity varied from 0.7 to 2.0 (cc of gas)/gm of catalyst-sec)
and varied appreciably during two of the runs. However, in contra-
distinction to previous work (1) with supported palladium, the selectivity

Experiments
Deuteride Composition, Mole 9,

ds ds d, ds de dy ds dy
10.4 4.5 1.5 4 1 — — —
(9.0) (1.8) (0.4) — — — — —
5.7 0.7 5 — — — — —

(4.4) 0.7 — — — —
20.5 13.3 7.8 4.2 1.9 .8 2 1

(25.0) (10.3) (3.3) (0.8) — — —
18.8 8.8 3.7 1.3 0.5 0.1 — —
(19.4) 6.2) (2.7 (0.3) — — — —
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did not change with activity in these experiments. In terms of the theory
for the effects concerning surface catalytic rate to desorption rate compe-
tition (1), a value of 0.05 for B, the ratio of surface to desorption rate,
would fit the data quite well. We conclude that for the catalyst pre-
treated in hydrogen at 300°C for times on the order of an hour, the
intrinsic kinetics at 160°C are almost binomial.

The same materials were used in the flow experiments as in the
batch experiments for the intrinsic kinetics. Neopentane was introduced
in the same manner. Two different reactors were used. One was a stand-
ard sealing tube containing a 1-cm course frit, id — 1.1 cm. Catalyst
was placed directly on top of the frit. Another reactor was a section of
1/4-inch glass tubing, id — 0.40 cm. Catalyst was placed on top of about
1/2 inch of glass wool; the glass wool was compacted by tapping with
two glass rods, one from each end. The reactors were mounted vertically,
and the reactant gases flowed from top down. The reaction temperature
was ca. 160°C.

The results of the flow experiments are summarized in the intro-
ductory remarks. All deviations from the plug flow description (same as
intrinsic kinetics) are predictable from axial diffusion considerations.
In Table II some observed compositions where axial diffusion was a
factor are compared with what the composition would be for plug flow
at the same amount of unreacted d,. Axial diffusion gives a less selective
resultless main product, d; and more secondary products, do, ds, . ..,
etc. In fact, one observes compounds that are not indicated by the
intrinsic kinetics. Table II also gives the estimated values for ADM, the
axial diffusion modulus; the ADM’s in parenthesis are the values that
must be assumed to calculate the observed product distribution. The
agreement is excellent.

The theory of axial diffusion is included in most texts with some
differences in nomenclature. To relate our work with these texts we use
the following mass balance:

dx | dr | mk
where x — mole fraction, and y — fractional reactor length.

One can make a conservative close approximation to the ADM by

ignoring the Reynolds number:

12D A4
ADM:I/((3 90 + 2)
where

Q/A is superficial velocity

¢ is void fraction
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d, is the particle diameter
D is the ordinary molecular diffusion coefficient

(1) Dwyer, F. G., Eagleton, L. C., Wei, J., Zahner, J. C., Proc. Roy. Soc. A
(1968) 302, 253-270.

Gas Pressure Buildup Within a Porous Catalyst Particle
Which is Wet by a Liquid Reactant

J. J. SANGIOVANNI and A. S. KESTEN, United Aircraft Research Labora-
tories, East Hartford, Conn. 06108

Catalytic reactors which use porous catalyst particles to promote
the exothermic decomposition of liquid reactants to form gaseous prod-
ucts can exhibit unusual startup characteristics. Liquid entering the
reactor can surround and wet particles near the inlet of the bed and wick
into the pores by capillary flow. Catalytic decomposition of this liquid,
or of the vapor in equilibrium with the liquid, within the porous structure
of the particles results in gaseous reaction products which are tempo-
rarily trapped within the particles by the liquid blocking the pores.
Liquid penetration into the pores, which is accompanied by gas pressure
buildup arising from reaction, continues until the gas pressure exceeds
the capillary pressure. For particles with pores of radii of the order of
a few hundred Angstroms, this capillary pressure can be as high as 1000
psia for typical liquids. Pressure buildup continues as the depth of liquid
penetration decreases until the liquid finally is expelled from the catalyst
particle pores. Liquid penetration and subsequent expulsion would be
evidenced in the interstitial (bulk fluid) phase of the reactor by a long
induction period, during which decomposition products would not appear,
followed by a sudden pressure excursion.

An analysis of the gas pressure buildup within a porous catalyst
particle which is wet by liquid reactant is presented in detail in Ref. I;
the analysis considers the simultaneous processes of mass transfer, heat
transfer, and chemical reaction within the particle. Integral equations
are used to relate the temperature and species concentration profiles
within the porous structure, and a computational scheme is presented
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for solving these integral equations. This analysis has been used to com-
pute concentration and temperature profiles, pressure buildup, and liquid
penetration depth as a function of time within a porous catalyst particle
used to promote the decomposition of hydrazine by the exothermic
reaction

2N2H4—)2NH3+N2+H2

The calculations pertain to a Shell 405 catalyst particle for which esti-
mates have been made of the kinetics of the catalytic decomposition of
hydrazine. The rate of heterogeneous chemical reaction can be approxi-
mated by

T4 = 101 25007

where p, is the hydrazine concentration and T is the temperature. An
illustrative example is considered which is typical of conditions existing
for the startup of a hydrazine catalytic reactor. The gas pressure buildup
for this case is shown in Figure 1 for three radial positions within the cat-
alyst particle. The corresponding liquid hydrazine penetration depth is
presented in Figure 2 for a range of pore radii since there is considerable
uncertainty regarding the pore radius which is most typical for this analy-
sis; whereas the average pore radius for the Shell 405 catalyst is less than
100 A, the pores near the particle surface where capillary flow of liquid
reactant takes place would be expected to be considerably larger. In

’
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Figure 1. Gas pressure buildup within a por-
ous catalyst particle
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Figure 2. Liquid hydrazine penetration depth into cata-
lyst pores

addition, most of the gas products will probably escape from the largest
accessible pores. The liquid hydrazine residence time is obtained from
Figure 2 as the period of time during which the liquid occupies catalyst
pores.

Similar calculations were performed for liquid hydrazine tempera-
tures and initial catalyst particle temperatures between 495° and 580°R;
all other parameters were fixed at the values used in computing the
results shown in Figures 1 and 2. The liquid hydrazine residence time
is plotted in Figure 3 as a function of temperature for a number of pore
radii. A marked change in liquid hydrazine residence time is shown for
only a modest change in the hydrazine temperature. This effect results
primarily from the large variation in hydrazine vapor pressure over the
temperature range 495°-580°R, which affects the rate of reaction directly
by virtue of the hydrazine concentration.

Computed liquid pore residence times can be compared with ob-
served induction periods between liquid injection and gas pressure excur-
sions in hydrazine catalytic reactors. In a series of startup tests conducted
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Figure 3. Liquid hydrazine residence time
and comparison with measured induction
period

with a catalytic reactor which uses Shell 405 catalyst to promote the
decomposition of liquid hydrazine to form gaseous products for space-
craft thrusters, the temperature of liquid hydrazine surrounding the
catalyst particles had a predominant effect on the initial startup transient;
the other parameters exhibited a secondary influence by what appeared
to be slight, temporary changes in the catalyst activity. In general, de-
creasing the liquid hydrazine temperature resulted in a pronounced
increase in the time elapsed between the arrival of liquid hydrazine in
the reactor and the first indication of an increase in reactor gas pressure.
This induction period exhibited the same trends as the computed liquid
hydrazine residence times, as shown in Figure 3. The nearly identical
dependence of the induction period and the liquid residence time on
liquid hydrazine temperature lends credence to the liquid penetration
model as an explanation for the unusually long ignition delays observed
during startup of certain liquid-feed catalytic reactors.

(1) Sangiovanni, J. J., Kesten, A. S., “Analysis of Gas Pressure Buildug within
a Porous Catalyst Particle Which is wet by a Liquid Reactant,” Chem.
Eng. Sci., in press.



Published on August 1, 1974 on http://pubs.acs.org | doi: 10.1021/ba-1972-0109.ch005

DYBKJAER AND BJORKMAN Carbon Deposition on Catalysts 219

Carbon Deposition on Catalysts during Conversion of
Oxygenated Organic Compounds

IB DYBKJAER, Fa. Haldor Topsoe, 2950 Vedbaek, Denmark

ANDERS BJGRKMAN, Instituttet for Kemiindustri, Technical University of
Denmark, 2800 Lyngby, Denmark

This study is aimed at a better understanding of the mechanism of
carbon formation in a specific case by studying the rate of carbon forma-
tion together with careful identification of simultaneously occurring inter-
mediates and by-products. The reactants were ethanol and acetaldehyde,
alone or mixed with steam. The catalysts were oxides with special empha-
sis on mixtures which were able to produce acetone (commercially) by
the following over-all reaction:

2 C.H;0H + H,0 — (CHj), CO 4 CO, + 4 H,

Acetaldehyde and acetic acid appear as intermediates, and a variety of
by-products can be found in minor quantities.

An initial series of long range experiments (1) indicated a possible
connection between carbon formation and the presence of certain by-
products. The best catalyst for the reaction with respect to initial activity
was Fecronz, a mixture of Fe,Os, Cr:0; and ZnO (1:1:3 by weight), but
this catalyst was deactivated rapidly by carbon formation. The catalyst
Cafecronz (Fecronz 4 10% CaO) had a lower initial activity, but after
partial deactivation, its activity was fairly constant for a considerable
time (Figure 1). The rate of carbon formation was consistently high on
Fecronz; on Cafecronz it was lower, and after the initial phase of deacti-

Activety oF
EtOH - conversion

A By - product
Formation :
/—\4 Low rate
here
High rate
here

\< CaFecronz
\ Fecronz

Figure 1. Activity vs. time and by-product formation for Fecronz and
Cafecronz

e Timme
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vation, it stopped almost completely. Concerning the formation of by-
products, remarkable differences were observed in the behavior of the
two catalysts. With Fecronz, the amount of higher boiling by-products
was low during the initial phase, but as the activity was reduced, increas-
ing amounts of mainly methyl n-propyl ketone and mesityl oxide were
formed. With Cafecronz the formation of by-products was most pro-
nounced in the initial phase, and together with the above mentioned
aliphatic compounds significant amounts of isophorone and aromatic
by-products were formed, mainly m-cresol and 3,5-dimethylphenol. Dur-
ing the constant-activity period, by-product formation was low. These
observations are indicated qualitatively in Figure 1.

These observations gave rise to the assumption that the course of
carbon formation may have some connection with the by-product species,
seemingly so that the formation of aromatic by-products inhibits the
carbon formation and subsequent catalyst deactivation.

In a later study (2) this possibility was studied in more detail. This
study was to be a general approach, but acetone formation was the most
rewarding aspect. The reaction was studied in a recycle reactor with a
stainless steel loop and a glass reactor. The catalysts used were Fecronz,
Cafecronz, and Fecronz-K (Fecronz 4+ 1% K;0). Only the initial phases
of deactivation were studied (duration of experiments 12 hours or less).
The amount of carbon on the catalyst was measured as a function of
time, and the reaction products and by-products were determined care-
fully. Only the most important conclusions are given here.

The kinetics of the carbon formation can be described by the well-
known equation:

W=k o
where W, — amount of carbon and § — time. The values of n were higher
than those normally found (ca. 0.5) as shown in Table L
The high value of n indicates that the widely accepted mechanism of
carbon formation—diffusion through a layer of previously formed carbon
—may not be valid in this case. This is also indicated by the high value
of the apparent activation energy on Fecronz and Fecronz-K. It was

Table I. Values of 2 and n

°C Const. Fecronz Fecronz-K  Cafecronz
450 k 0.20 0.042 0.10

n 0.75 1.7 1.0
480 k 0.35 0.072 0.10

n 0.75 1.7 1.0
E,, kcal/mole 20 19 0
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shown that the rate of carbon formation is directly related to the acetalde-
hyde concentration. The apparent temperature independence of carbon
formation on Cafecronz can be explained from the significantly reduced
acetaldehyde concentration at the higher temperature.

It was not possible to derive a conclusive quantitative relationship
between the amount of high boiling by-products and various parameters.
There are indications that the formation of these products is mainly a
function of residence time when both acetaldehyde and acetone are
present.

Based on the amount of acetone formed, the amounts of both high
boiling by-products and carbon are highest on the base-containing cata-
lyst during the initial period (up to 12 hrs). Further, the rate of carbon
formation was highest from acetaldehyde alone or from acetone alone
and lowest when both compounds were present. On the other hand,
aromatic by-products were formed only when both acetaldehyde and
acetone were present in the reaction mixture.

CHy=CHCH = CHy
butadiene

+ M0

CHyCHO

+Hz0

CHyCOCHy

+Me, CO
M0

+AcH +Me,C0 y
$Hy0 +Hy0

CHyCH=CHCHO CHyCH = CHCOCHy *Han CHyCHZCHCOCH, CHyCOCH=C(CHs),
+ 2H, / crotonaldehyde pentene-¥-on-2 methyl-n-propylketone mesityloxide
+AcH +Me,CO
CHyCHyCHyCHYOH +AcH Hy . sz

n- butanol
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(CH3CH =CH),CO  CHyCH = CHCOCH = C(CHy),
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m-cresol 35- adimethylpheno! (sophorone

Figure 2. By-product formation from acetaldehyde and acetone

These observations might be explained by the simplified reaction
paths shown in Figure 2. At the left, the mechanism of carbon formation
by condensation of acetaldehyde is shown. At the right, a similar series
of reactions shows the formation of carbon from acetone. In this reaction
path mesityl oxide and isophorone are formed as intermediates.

The mechanism of the formation of m-cresol and 3,5-dimethylphenol
is shown in the middle of the figure. These compounds are derived from
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mixed condensations between acetaldehyde and acetone with subsequent
ring formation and aromatization.

The experimental results indicate that the behavior of the three
catalysts with respect to formation of carbon and by-products may be
explained by assuming that they all catalyze condensation reactions but
that the addition of basic compounds to Fecronz promotes condensation
reactions and especially the formation of isophorone and aromatic com-
pounds. In the initial phase all reactions take place, but after some time,
the direct condensation to carbon on the base-containing catalysts is
inhibited, and the activity remains constant with formation of predomi-
nantly aromatic by-products.

Formation of acetonyl acetone and phenol was observed. Acetonyl
acetone is probably the source of phenol—e.g., via a five-carbon ring as
an intermediate. Other identified compounds were ethyl acetate, acetal-
dehyde diethylacetal, and ethyl vinyl ether; they should be of little or no
interest with regard to carbon formation.

The results of this investigation may be rather uncertain. Some
aspects of the discussion and conclusions are only tentative. Further
work will be needed to relate the different results, but it seems likely
that one might arrive at a fairly thorough understanding of catalyst
deactivation.

(1) Bjérkman, A., unpublished work.
(2) Dybkjaer, 1., Licentiat thesis, The Technical University of Denmark, 1969.
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Two-Phase and Slurry Reactors

GIANNI ASTARITA
Istituto di Principi di Ingegneria Chimica, Universitd di Napoli, Naples, Italy

The rational analysis of two-phase and slurry reactors is
based on an understanding of both the interaction of mass
transfer and chemical kinetics on a microscopic scale, and
the influence of two-phase fluid mechanics on the over-all
performance. Knowledge of both aspects has been increas-
ing rapidly in recent years, and even difficult problems such
as the prediction of selectivity for complex reaction schemes
have been approached successfully. Superposition of re-
search work in apparently unrelated fields is decreasing as
the general theory is understood better. The most interest-
ing and promising field of application of the body of re-
search results available in the field is the area of biological
processes, where two-phase reactions occur often.

The analysis of the performance, and ultimately the rational design,
of two-phase and slurry reactors is a challenging task for the chemical
engineer. Fluid mechanics, transport phenomena, and chemical kinetics
interact on both a microscopic and a macroscopic scale in such reactors,
making a rigorous analysis of even the simplest two-phase reactor an
almost hopeless task. Fortunately, simplifications are often possible, and
modeling of multiphase reactors suggests satisfactory procedures for their
rational design.

The analysis of chemical reactors—homogeneous or multiphase—
requires an understanding of the phenomena involved in both the local
(or differential) and the over-all (or integral) situation. When dealing
with integral reactor problems, some simple model for the local condi-
tions is assumed, and attention is focused on the integration of the
pertinent rate equations over the reactor volume. Procedures for model-
ing the local situation have been discussed in a recent review (1); pro-
cedures for attacking the integral reactor design problem, based on such
modeling of the local conditions, have been discussed in a recent series

223
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of papers by Russell and co-workers (2, 3, 4, 5, 6, 7). Russell gives (8)
an analysis of the product distribution obtainable in integral two-phase
reactors.

The major difficulty encountered in analyzing integral two-phase
reactors is connected with the unsatisfactory state of the art as far as
fluid mechanics of two-phase systems is concerned. In the work quoted
above (2, 3, 4, 5, 6, 7), Russell reviews the abundant literature on gas—
liquid flow and analyzes the applicability of published results to the
design of two-phase reactors. Knowledge on liquid-liquid systems is
much more limited; some indication on the fluid mechanics involved,
which is relevant to the design of liquid-liquid reactors, is given by
Wijffels and Rietema (9). The work of Corrigan and Miller (10), and
the paper by Nelson (11) discuss the design of staged two-phase reactors,
while general procedures for cocurrent and countercurrent packed column
continuous reactors are discussed by Astarita (12).

This review is concerned mainly with the other aspects of the prob-
lem—i.e., understanding the local conditions and the microscopic inter-
action of transport phenomena and chemical reaction. Since available
reviews (1, 12) are about four years old, this paper covers the literature
from 1966 on. Although an effort has been made to cover all the per-
tinent chemical engineering literature, the survey does not claim to be
complete.

Local Rate Equations

In multiphase reactors, the chemical reactions involved take place
mainly in only one of the phases, though this is not generally true (13).
The rate equations for the reactive phase are formulations of the energy
balance and of the component mass balances which take into account
the generation arising from the chemical reaction. The differential rate
equations, in a general form, are:

Energy balance:

T , AH r(c)eAE/RT

(av = V) VT = a5 + oc (1)
Component “i” mass balance:
(DY — VVes = 5 + var(Q)esminr ()

The symbols are defined in the Nomenclature section.

Of course, Equations 1 and 2 also govern the local behavior of homo-
geneous reactors. The additional complication which arises for multi-
phase reactors lies in the fact that through boundary conditions stating
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the assumption that physical equilibrium prevails at the interface between
any two phases, Equations 1 and 2 are coupled with the rate equations
for the nonreactive phases.

Integration of Equations 1 and 2 requires, in principle, a detailed
knowledge of the fluid mechanics involved because of the appearance of
the convective terms vV T and vVc;, where v is the instantaneous local
velocity vector. Such a detailed knowledge of the fluid mechanics of
two-phase systems is almost never available, and some modeling of the
fluid mechanics involved is thus required to handle the problem. Fluid
mechanics modeling is discussed next.

In two-phase and slurry reactors the reactive phase is often subjected
to vigorous mixing. Consequently, concentration and temperature tend
to be uniform, except in a comparatively thin region near the interface
with the nonreactive phase. When the chemical reactions involved are
sufficiently slow, they occur mainly in the bulk of the reactive phase and
therefore do not interfere microscopically with the transport phenomena:
the reaction term can then be dropped altogether from Equations 1 and
2, though of course one needs to take into account the reactions when
writing the boundary conditions and the integral balance equations.
Under these conditions, the over-all process can be analyzed in terms of
classical results from transport phenomena theory and chemical kinetics.
This is the situation encountered in the so-called “slow reaction regime”
(1, 12); one may encounter systems where the reaction rate is controlling
(the kinetic sub-regime) and systems where the rate of heat or mass
transfer is controlling (the diffusional sub-regime).

A more complicated situation arises when the reaction rate is suffi-
ciently large so that the reaction takes place appreciably even in the
interface region, altering the concentration and/or temperature profiles
which govern the rate of transfer of heat and/or mass. Under these
conditions, the interaction occurs on a microscopic scale, and the two
individual phenomena—viz., reaction and transport—must be analyzed
simultaneously on the basis of Equations 1 and 2. The typical approach
is to solve these equations for some appropriate model of the process
considered and to compare the solution with that of either the classical
transport equations or the classical homogeneous reactor equations written
for the same model. The differences observed are a measure of the theo-
retically predicted influence of reaction on transport rate or of transport
on reaction rate and can be compared with experimental results to assess
the validity of the model used.

Simultaneous solution of the coupled heat and mass transfer equa-
tions is seldom possible. Fortunately, the isothermal approximation is
often justified; this corresponds to assuming that the right side of Equa-
tion 1 is small enough to yield a small value of the temperature gradient
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in the interface region. Under these conditions, the temperature does not
appear as a variable in Equation 2, which can be solved independently.
Most of the research work discussed below is concerned with the iso-
thermal case; corrections for heat effects, which were first considered by
Danckwerts (14), have been discussed recently by Carberry (15), Clegg
and Mann (16), and Danckwerts (17).

Modeling of the Fluid Mechanics

When dealing with the term vV ¢; in Equation 2, some simple model
for the fluid mechanics in the region of interference of reaction and
transport is required. Fortunately, the concentration gradient V¢; is ap-
proximately orthogonal to the interface, while the velocity vector is
approximately parallel to the interface; therefore, the scalar product of
the two vectors is small, and under some conditions the term vVc¢; can
be dropped from the rate equations, thus resulting in a major simpli-
fication.

In the well-known film theory and penetration theory models, as
well as in numerous derived models, it is assumed that the velocity is
parallel to the interface and also that it is constant throughout the thin
layer near the interface over which the concentration is not uni-
form—i.e., where V¢, is different from zero. This is a justified assumption
whenever the reactive phase is much more viscous than the adjoining
phase, so that the velocity gradient near the interface can be neglected.
By a proper choice of the coordinate system, the constant velocity v can
be reduced to zero, and the term vVc¢; drops out of the rate equations.

A more complicated situation arises when the viscosity of the reac-
tive phase is of the same order of magnitude or smaller than the viscosity
of the adjoining phase, as well as in any other situation where the velocity
gradient is not negligible near the interface. The theory of simultaneous
mass transfer and chemical reaction in a boundary layer (12, 18) is de-
veloped for such problems: the concentration gradient has a non-zero
component parallel to the interface, and therefore even if the velocity is
parallel to the interface, the term vV¢; cannot be dropped. The article
by Sedriks and Kenney (13), which analyzes a trickle bed reactor where
the packing is the catalyst, deals with a problem of this type. Much
research work has recently been done (19-27) on the problem of simul-
taneous mass transfer and chemical reaction in the boundary layer sur-
rounding a solid or a fluid sphere.

The case where the velocity vector has a non-zero component normal
to the interface has been analyzed recently by Szekely (28). This prob-
lem arises when the mass transfer rates are so large that the bulk flow
normal to the interface cannot be neglected.
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A major problem arises when turbulence is significant in the region
where the rate equations need to be integrated. In fact, in the term
vV, the instantaneous values of both v and Vc¢; are to be understood;
therefore, even if the scalar product of the average values is zero, the
average value of the scalar product may not be zero. Simple models of
turbulence have been used to analyze problems of this type (29-33).

Apart from the special problems discussed above, most research on
simultaneous mass transfer and chemical reaction is based on the film
and penetration theory models. Although for these models the term
vVc; does not appear explicitly in the rate equations, modeling of the
fluid mechanics is still required. For the film theory approach, the thick-
ness of the film appears as an independent parameter; for the penetration
theory, both the average life of surface elements and the distribution of
life spans appear as parameters. Of course, different models yield differ-
ent results; how important these differences are as far as the predictive
ability of the models is concerned is still a debated point (34, 35).

The simplest case, as far as modeling of the fluid mechanics is in-
volved, is the one where the reactive phase is a solid; in that case v — 0,
and there are no adjustable parameters to be considered. Several papers
concerning the analysis of gas—solid noncatalytic reacting systems have
been published (31—42).

The remainder of this review discusses three subjects within the
general field of simultaneous mass transfer and chemical reaction which
seem to be the most interesting and promising. These are: the analysis
of specific reacting systems of direct pragmatic interest; the measure-
ment of interface areas in two-phase fluid—fluid systems by the so-called
chemical method; and, possibly most interesting of all, the analysis
of selectivity in two-phase and slurry reactors. Most of the recently
published literature in the field is concerned with one or more of
these subjects, though some theoretical research on more traditional
problems in the field has also been carried out (43-54).

Recently Studied Reacting Systems

The rate equation for mass transfer with chemical reaction, Equa-
tion 2, is really a set of equations, one for each of the components con-
sidered; furthermore, the term r(c) is essentially nonlinear and in general
couples together all the equations of the set. Consequently, although
the general philosophy of approach to problems of simultaneous mass
transfer and chemical reaction is well understood, the theory needs to
be reformulated in a different way for every special reacting system one
wishes to consider, each one of which gives rise to a different form for
the r(c) function (i.e., is characterized by its own kinetic mechanism ).
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Indeed, it is a general feature of chemical kinetics that every reacting
system must be studied separately, although general rules of qualitative
character can be formulated.

Table I gives a summary of some of the reacting systems which have
been studied recently in some detail and with some effort at a scientific
approach. Carbon dioxide absorption in monoethanolamine and dietha-
nolamine solutions has been the subject of numerous investigations (55—
62), and owing to the large amount of available information, some
subtle problems have been analyzed. In particular, interfacial turbulence,
possibly initiated by the mass transfer phenomenon itself, may be respon-
sible for some discrepancies among experimental results and theoretical
predictions (56), although a recent series of papers by Thomas (60, 61,
62) disputes this conclusion.

Table I. Two-Phase Reacting Systems Investigated in Recent Years

System Reference
CO; absorption in ethanolamines 55—63
CS, absorption in monoethanolamine 64
Cl; absorption in water 26, 65
Sodium dithionite oxidation 66
H.S absorption in alkaline solutions 67
Cuprous chloride oxidation 49, 68
Isobutylene hydration 69, 79
Hydrolysis of esters 71
Polycondensation 72
CO, absorption in Na,SO, 73
Oxidation of cumene 74
Hydrogenation of crotonaldehyde 13
Homogeneously catalyzed gas-liquid 75,76
reactions
Gas-solid reactions 3742
Liquid-liquid systems 77

Some reacting systems present an interesting challenge to the de-
signer; in fact, the requirements of a large reacting capacity and of a
fast reaction rate often conflict. The typical example is the absorption
of carbon dioxide in hydroxide and in ethanolamine solutions. As long
as the carbonation ratio—i.e., moles of CO. absorbed per mole of liquid-
phase reactant—is kept low, the reaction rate is very fast, the reaction
product being the carbonate for hydroxide solutions and the carbamate
for amine solutions:

CO. + 2MOH — M,CO; + H:0
CO; + 2RNH — RN COOH,NR
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Unfortunately, the stoichiometry of the reactions involved does not allow
a carbonation ratio higher than 0.5. When this limit is reached, reversal
to the bicarbonate form sets in (12):

CO, + M,CO; + H,0 — 2MHCO;
CO; + RN COO H, NR + 2H,0 — 2 RNH, HCO;

Unfortunately, the rate of bicarbonate formation is generally very slow.
It can be enhanced by catalyzing homogeneously the direct attack of
carbon dioxide on water:

COz + H20 g HCO3— =+ H+

which proceeds parallel to the attack of carbon dioxide on hydroxyl ions.
Studies of systems of this type have been published by Danckwerts and
McNeil (75) and by Pohorecki (76).

Absorption of hydrogen sulfide in several aqueous alkaline solutions
has been studied systematically (61), thus laying the groundwork for
work on selectivity during simultaneous absorption of two gases to be
discussed later. Hydrogen sulfide undergoes extremely fast proton trans-
fer reactions in alkaline solutions. These reactions are often reversible,
and this creates an interesting problem of mass transfer accompanied by

‘reversible infinitely fast reaction; the rate of reaction r is no longer an

explicit function of the concentration vector ¢ but depends on the rate
by which diffusion brings the reactants together. The theory for this
case, which was discussed for the hydrogen sulfide system by Gioia and
Astarita (67), was formulated later in more general terms by Danckwerts
(78) and by Ulanowicz and Frazier (54).

A very interesting system has been considered by Hoftyzer and
Kreveler (72)—viz., polycondensation reactions. In the late stages of
the reaction the rate is controlled by the desorption of the volatile prod-
uct, and thus a theory for desorption accompanied by chemical reaction
is required. Such a theory is, of course, also useful in analyzing the
regeneration stage of a chemical absorption unit.

The work of Beek, Marrucci, and Davis on the sulfidation of alkali
cellulose (37) and the work of Sedriks and Kenney on hydrogenation of
crotonaldehyde (13) are also particularly interesting because special
effects are important; heat transfer in the sulfidation of alkali cellulose
and the parallel gas-phase reaction on non-wetted parts of the catalyst
in the hydrogenation of crotonaldehyde.

Chemical Method for Determining Interface Area

The measurement of interfacial area in fluid—fluid systems presents
great difficulties, and all available methods are applicable only in a lim-
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ited range of conditions, often giving doubtful results. The chemical
method, which is based on measurements of reaction rates, has been
used widely in recent research on fluid—fluid systems.

The principle on which the method is based can easily be illustrated
on the basis of the penetration theory or the film theory model. It can
be shown (1, 12) that, whenever some characteristic time scale of flow
is much larger than the time scale of the chemical reaction, Equation 2
reduces to:

dzci

D g

= r(c) ®3)

with boundary conditions of the following type: at interface,

¢; = ¢;° for volatile components 4)
d?c; = 0 for nonvolatile components (5)
where ¢; = Cq,
dci
i 0 for all components (6)

The solution of Equations 3-6 is clearly independent of the fluid
mechanics involved, which influence neither the differential equation
nor the boundary conditions. Apart from the actual analytical solution,
it may be stated directly that the total transfer rate, which at steady
state equals the total reaction rate, will be given by an equation of the
following form:

¢ = — DA d—;i/interface = AF )

where A is the total interface area, and F is a parameter which does not
depend on the fluid mechanics involved. Hence, it is possible to deter-
mine A from the transfer rate ¢;. F can be obtained by calibration ex-
periments with the same system under conditions where A is known, such
as in a laminar jet or a wetted wall column.

This general idea has been used in various situations, and interesting
results have been obtained. Table II gives a summary of fluid-fluid
systems which have been investigated recently by this technique.

For gas-liquid systems, the reacting system which has been used
more frequently is the oxidation of sodium sulfite, catalyzed by cobalt
or manganese ions present in the liquid phase. This system presents a
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Table II. Systems For Which the Interface Area Has Been
Determined by the Chemical Method

System Reference
Plate columns 81, 82
Packed columns 83, 84
Sieve trays 85, 86
Sparged stirred tanks 87, 88
Cocurrent two-phase flow 89, 90, 91
Liquid-liquid systems 92, 93

complex kinetic mechanism (79), with the order of the reaction with
respect to oxygen ranging from zero to 2.

The paper by Van den Berg (80) is an interesting example of
application of the method to a complex system—i.e., a three-phase
stirred tank reactor. Once the interface area has been determined,
mass transfer coefficients can be calculated from measured over-all trans-
fer rates. In this way Van den Berg obtains an interesting correlation
of the transfer coefficients based on Kolmogoroff’s theory of isotropic
turbulence.

The chemical method for measuring interface areas meets with some
major difficulties. The first is that the effective interfacial area for mass
transfer may not coincide with the geometrical one, and the chemical
method may actually be measuring neither (57, 79). In particular, the
chemical method tends to give equal weight to quasi-stagnant regions
and to continuously renewed ones while the former are much less
effective than the latter in most processes.

The second difficulty is more important. The ease by which the
coalescence phenomena occur is strongly influenced by the presence of
even minor amounts of solutes (94, 95), which are always present when
the chemical method is used (the reactants themselves). Therefore, the
interface area in any given system may be quite different when the
chemical method is used from what it is under other conditions. In par-
ticular, in the case of sparged reactors the average bubble size when
reactants are added to the liquid phase may drop by an order of mag-
nitude; hence, the chemical method can grossly overestimate the
interface area which would be obtained in the absence of the reaction.
Despite this, the chemical method has interesting possibilities, and in
some cases it is the only available method for determining interface areas.

Selectivity

The analysis of complex reaction mechanisms for which problems
of selectivity need to be considered has been extended only recently to
include multiphase systems. This is an important and diversified field
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where both theoretical and experimental work is badly needed and where
the groundwork is just being laid. Research in this field can be of major
pragmatic importance by offering a new tool to control selectivity in
industrial operations, beyond the traditional ones of temperature and
mixing conditions.

Problems involving selectivity are in a sense unique among engi-
neering problems because an incomplete understanding cannot be ob-
viated by increasing the cost of operation but must be paid for in terms
of a technically poor performance. If the conversion obtainable from a
given reactor cannot be predicted accurately, a somewhat oversized
reactor will solve the problem, but if the residence time for maximum
selectivity is not predicted accurately, both a low and a high prediction
will result in an actually lower selectivity and thus in a technically poor
result.

Selectivity is influenced strongly by mass transfer when one or more
of the reactants and/or products can be transferred to or from a non-
reactive phase. As a limit, were it possible to withdraw the desired prod-
uct from the reactive phase as soon as it is formed, the selectivity for a
consecutive reaction scheme would reach 100%. The rate of transfer
itself is influenced by the chemical reactions, so that very complex situa-
tions may be encountered.

The pioneer work in this area has been done by Van de Vusse (96,
97, 98), who has given a thorough analysis of the consecutive reaction
scheme:

A+B—-C

A+C—-D

where C is the desired product. In his first paper (96), Van de Vusse
analyzes the case where A is transferred from a nonreactive phase, and
both reactions are first order; the film theory model is used, and experi-
mental results on chlorination of p-cresol are given. The predicted and
the observed selectivity are lower than would be obtained in the homo-
geneous case—i.e., diffusion has a negative effect. In contrast with the
homogeneous case, when there is diffusion control, the selectivity may
not approach unity when the conversion approaches zero.

In his second paper (97) Van de Vusse extends the analysis to the
case where the reactions are not both first order, with similar results. His
third paper (98) attacks the problem where the desired product can be
transferred from the reactive phase, and for this problem the mass trans-
fer causes an increase of selectivity over the homogeneous case, and
100% selectivity can be obtained if the mass transfer is infinitely fast.
Different modes of operation—i.e., cocurrent and countercurrent plug
flow of both phases as well as possible combinations of plug flow and



Published on August 1, 1974 on http://pubs.acs.org | doi: 10.1021/ba-1972-0109.ch006

6. ASTARITA Two-Phase and Slurry Reactors 233

perfectly mixed flow—are analyzed in detail. The same problem has been
analyzed also by Bridgwater (99).

Szekely and Bridgwater (100) analyzed the influence on predicted
selectivity of different models of the fluid mechanics involved, such as
the film theory and the penetrating theory. In contrast with the situation
encountered in predicting transfer rates, where the model assumed is
largely immaterial, predicted selectivities may change by as much as
20% from one model to another. Physically, this implies that details of
the fluid mechanics involved may have a major influence on the selec-
tivity obtainable in two-phase reactors.

Bridgwater and Carberry (101) have discussed the selectivity for a
parallel reaction mechanism in two-phase reactors. If the two reactions
are of different order, mass transfer may alter the selectivity with respect
to that possible in a homogeneous reactor.

Russell discussed product distribution obtainable in gas-liquid in-
tegral reactors (8); no great differences are reported for the homogeneous
reactor case. Corrigan and Miller (10) have analyzed the performance
of a staged reactor with reflux for a consecutive reaction scheme. If the
volatilities of all components are equal, the staged reactor behaves as
a plug-flow reactor. If the volatilities are quite different, all the reactants
are present simultaneously only on the feed stage, and the staged re-
actor performs as a stirred-tank reactor. It is interesting that for inter-
mediate volatilities the staged reactor may, in terms of selectivity,
outperform both the plug-flow and the stirred-tank reactor.

A somewhat different problem of selectivity has been analyzed by
Gioia (102-105)—the simultaneous absorption of hydrogen sulfide and
carbon dioxide. Selectivity for hydrogen sulfide is often a desirable
feature; here selectivity is defined as:

S = ¢HzS/ ¢co.
¢°H.s/9°co.
where the ¢°’s are absorption rates possible in the absence of chemical
reaction. The chemical reaction always causes S values to be larger than
1, and for some systems extremely large values are obtained; in fact,
under some conditions practically no carbon dioxide is absorbed. Experi-
mental results are in good agreement with theoretical predictions.

Conclusions

Research on heterogeneous reacting systems has reached a stage of
development where essentially any pragmatically interesting problem of
coupling between transport phenomena and chemical reaction can be
attacked with reasonable confidence in obtaining a significant solution.
As in most problems in chemical engineering, the major difficulty is en-
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countered in handling the fluid mechanics involved, and future major
breakthroughs will probably be related to an improved understanding of
the fluid dynamics of heterogeneous systems.

Coupling of mass transfer and chemical reactions is a feature of many
biological processes taking place in living systems. It seems therefore
that the scientific background accumulated by chemical engineers in this
field could be applied usefully to a rational analysis of some interesting
biological problems.

Such interdisciplinary research work is often hindered by a lack of
communication among scientists working in seemingly unrelated fields,
a problem whose solution is unfortunately not simply a technical one.
Scientists should make a consistent effort to find an efficient way to
eliminate this communication gap.

Nomenclature

A total interface area, cm?

¢;  concentration of component i, gram mole/cm?
¢’ value of ¢; at interface, gram mole/cm3

Ceq equilibrium concentration, gram mole/cm?®

c concentration vector, (cy, . . . €,), gram mole/cm?
¢, specific heat, cal/gram, °K

D; diffusivity of component i, cm?/sec

AE activation energy, cal/gram mole

AH heat of reaction, cal/gram mole

r rate of reaction, gram mole/cm?, sec

R  gas constant, cal/gram mole, °’K

t time, sec

T  temperature, °’K

v velocity vector, cm/sec

e«  heat diffusivity, cm?/sec

v;  stoichiometric coefficient, dimensionless

P density, grams/cm?®

¢  mass flux, gram mole/sec

V  gradient operator, cm™
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Countercurrent Equilibrium Stage Separation with Reaction
PAUL A. NELSON, Shell Development Co., Emeryville, Calif.

It has been shown (1) that the classical methods of solving equilib-
rium stage problems—uiz., Thiele-Geddes, Lewis-Matheson, etc.—are not
sufficiently powerful to solve all problems of this type. The relationships
which describe such a problem may be viewed as a high dimensional set
of nonlinear algebraic equations. Tierney and his collaborators (2, 3)
have applied a standard mathematical tool, the Newton-Raphson method,
to formulate a powerful algorithm for solving a wider class of problems
than had been possible with any single technique. In a study of the use
of equilibrium stage devices as reactors, the author found that this prob-
lem had not been treated in general. Extensions of the classical algorithms
to include a nonlinear reaction rate expression were found not to con-
verge. The simplest reliable technique has proved to be a non-trivial ex-
tension of the work of Tierney et al.

In formulating the problem we restrict our consideration to counter-
current flow between equilibrium stages and use the terminology of dis-
tillation, remembering that the extension to more general staged systems
is readily made. It is assumed that each stage is a perfectly mixed reactor.
Also the vapor leaving each stage is in physical equilibrium with the liquid
leaving that stage. It can be shown (2) that the material balance equa-
tions for component j can be written

§P = ZOXxD 4 fd 4 rd = 1)

[As a notation convention, italic capital letters symbolize matrices, and
bold lower case letters indicate column vectors.] Equation 1 differs from
Equation 6 of Ref. 2 only in the inclusion of the column vector r*” repre-
senting the rate of creation of component j by reaction, which in general
has nonlinear dependence on the composition vector x”. When the sys-
tem is thermodynamically nonideal, the flow matrix Z#® = L 4 VK also
depends on x since K, the diagonal matrix of vapor-liquid equilibrium

237
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coefficients, is composition dependent. L and V are flow connection
matrices defined in Ref. 2.

The vectors t and v, describing the stage temperatures and vapor
flow rates, must be chosen such that when Equation 1 is solved for each
component j, the sum of mole fractions in each phase on each tray is unity,
and the energy flow is in balance. These two criteria are formulated
respectively as:

M

dn =3 (I — K)x? = 0 )

i=1
d.=Lh+Vg+q=0 3)

where I represents an identity matrix of appropriate dimension, h and g
are vectors representing the enthalpy of the liquid and vapor streams
leaving each stage, and q represents the feed stream enthalpies.

We begin by generating an iterative solution to Equation 1. We
assume that at any stage of the calculation we have estimated values for
all of the composition vectors. For some t and v we wish to calculate
improved values, x’”. A suitable method is to use a Newton-Raphson
algorithm based on Equation 1:

-1
XD = xt» — 98P s";j = 1,2 M 4)
oxP 1) by

This equation is only approximate in the sense that the various compo-
nents j have been decoupled by neglecting all terms of the form 9x‘®

where k 54 j. Equation 4 can be written rd
-1
aK(i) ar(i)
x'» = [Z(:) +V %0 x? 4 ax(ﬁ] (5)

() )]
[V % xOx 4 g;m XD — f — l-(n:l

The corresponding values of d’,, and d’, are readily calculated from the
definitions in Equations 2 and 3. Now we go back and ask how we should
have chosen t and v in such a way that the compositions x’*” would cause
Equations 2 and 3 to be satisfied. We can construct a Newton-Raphson
method based on these latter equations. In partitioned matrix form, the
method gives:
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od’,,. od’,
v v v l at d'n

B S - (6)

new old v : at

To use Equation 6 we must develop expressions for the elements of the
matrix of partial derivatives. We begin by differentiating Equation 5
with respect to t and v. This yields

’ -1
XD [Z‘” n V K@ X 4+ ar<,?i|

at ax(:) 9x (M
K@ £/ ar DI g gx/e
[V at + + 2w ot | @
ox’? oK or® 71
av = [Z(i) + V ax(f) ( » + ax(])]

YA Ird gx’e
[_ Xt Z x® T] ®
The submatrices of the Jacobian matrix in Equation 6 are then given by

od', —

Zm — Koy L~

PSS O (©)

od’,, i I x’ (D QKW . 10

at‘,_l[(‘ at"] (10)

od’e _ i LE® + VK®G S (11)

v =1 i av =

ad. _ <

T = > | @AY + VK(:)(W)) + VG(J) /m] (12)
i=1

+ LP(liq) + VF(vap)

In these equations H> and G are diagonal matrices of partial molar en-
thalpy, Tuiq) and T'(wap) are diagonal matrices representing total stream
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heat capacities, and the matrix = is defined as:

/hl — 01 g2 — hy B \
he — g1 hy—gs g3 — .2
hs - h2 h2 - gs
E=| . L (13)
. ‘ ' gn — hn—l
\hn - hn—l hn—l - gn)

In an obvious simplification of notation, Equation 6 may be rewritten
Aw = — J-d (14)

Experience has shown that when Equation 14 is used, computational
instabilities may arise which make it impossible to converge to a solution.
A modification of the algorithm embodied in Equation 14 known as the
method of “damped least squares” has proven to be quite stable and
reliable. This is achieved by replacing Equation 14 by

Aw = — (JTJ + oI)J7d (15)

where « is called the “damping factor” (4). When « = 0, Equation 15
reduces to Equation 14. As « is increased, the step size Aw decreases, and
for suitably large a convergence can be achieved.

(1) Friday, J. R., Smith, B. D., A.I.Ch.E. J. (1964) 10, 698.
(2) Tierney, J. W., Bruno, J. A., AL.Ch.E. ]J. (1967) 13, 556.
(3) Tierney, J. W., Yanosik, J. L., A.L.Ch.E. J. (1969) 15, 897.
(4) Feder, D. P., Appl. Optics (1963) 2, 1209.

Physical Aspects of a Three-Phase System in a Stirred
Tank Reactor

H. J. VAN DEN BERG, Unilever Research, Vlaardingen, The Netherlands

The principal physical aspects involved in a stirred tank reactor in
which particles are suspended and gas is blown through are:
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(a) Mass transfer across the gas-liquid interface, determined by the
gas-liquid interfacial area and the mass transfer coefficient.

(b) Mass transfer between liquid and suspended particles.

(c) Power consumption and gas holdup.

The results of interfacial area measurements and those of mass trans-
fer experiments with suspended particles are reported.

Methods

The gas-liquid interfacial area was measured using the oxidation of
sodium sulfite solutions. The theoretical background of this method and
the study of the mechanism and kinetics of the reaction have been the
subject of several publications (1, 2, 3). We used the recent results of
Reith, who employed CoSOj, as a catalyst, and showed that the reaction
is second order in oxygen and zero order in sulfite for sulfite concentra-
tions higher than 0.4 kmole/m® Mass transfer between liquid and sus-
pended particles was determined by the ion-exchange bead method used
by Calderbank and Jones (4) and Harriott (5).

Experimental

The experiments were done in a Perspex vessel (diameter, 28.8 cm)
provided with four vertical baffles (width, 2.88 cm) and a six-blade
turbine stirrer. In all experiments the liquid filling height was equal to
the vessel diameter, and the stirrer was placed at half the liquid filling
height. The temperature in the vessel was controlled via an external
cooling circuit, a conductivity cell being taken up in this circuit just
below the vessel for mass transfer experiments. The vessel was further
provided with pH electrodes, thermometers, and sampling valves. Speeds
from zero to 15 rps could be reached with a hydraulic variator stirrer.
Between the variator and the stirrer, a torque meter (Dr. Staiger, Mohilo
and Co.) was taken up in the stirrer axis. The gas supply was metered
with rotameters, the gas being saturated with water before being passed
through the vessel. For interfacial area measurements the whole vessel
was kept under slight pressure to force a continuous sample flow of outlet
gas through a drier and an oxygen analyzer (Servomex, type OA 137).

Results

Interfacial Area. Because of the poor reproducibility of the measure-
ments (the spread was about 15% ), we performed several experiments
in which we added particles to the sulfite-air system that had attained
the stationary state. In these experiments no differences in outlet oxygen
concentration were observed. The results are shown in Figure 1. Because
of the large number of experimental points, only the average value and
the spread are given. At low stirrer speeds, the interfacial area depends
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Figure 1. Interfacial area as a function of stirrer speed

on the gas flow rate. For stirrer speeds = 500 rpm, the interfacial area
depends only on the stirrer speed. The results compare fairly well with
those of Reith (1).

Mass-Transfer Coefficients. Several authors have used Kolmogoroff’s
theory of isotropic turbulence to describe their results on mass transfer
from suspended particles. They calculate a slip velocity for a particle in
suspension and use this velocity in an equation for forced convection
mass transfer from a stationary particle.

The expression for the slip velocity involves the power dissipation
per unit mass of liquid. Since the power dissipation is influenced strongly
by the presence of gas bubbles in the vessel, we thought that a correlation
based on power dissipation could be attractive for a three-phase system.

For particles larger than the scale of the energy-dissipating eddies,
the expression for the slip velocity reads (6):

v, = Crel/3d 13
If we use this expression in the Frossling equation, we get:

Sh = 2 + CaRe,?Sc'?
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where
sl/sdp4/3

Re, =

v
The scale of the dissipating eddies » is given (7) by
1 = 0.5y3/41/4

For water at room temperature and a power dissipation of 1 watt/kg we
find for » about 15um. This is well below the size of the smallest particles
in our experiments.

The experimental results for one particle size are given in Figure 2.
Since the influence of the gas velocity seems to be expressed well in
terms of power input, we have given the mass transfer results for three
particle sizes in Figure 3. All these results can be correlated according to:

Sh = 2 + 0.75 Re,!/*Sc'/?
with a spread of about 15%.
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Figure 2. Mass transfer between liquid and
particles of a diameter of 384 um at various
gas velocities

To calculate the Sh and Sc number, we needed a value for the diffu-
sion coefficient. The so-called Nerst coefficient as discussed by Helfferich
(8) was chosen.

Conclusions

The interfacial area between gas and liquid in a stirred vessel is not
influenced by the presence of particles of diameters from 75 to 600 pm
and in concentrations up to 4 wt %. The mass transfer between liquid
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and suspended particles is influenced by the presence of gas. A good
description of the results can be given on the basis of Kolmogoroff's
theory of isotropic turbulence.

Nomenclature

d,
dy
C.C;

1

2rgses

v

Sh — k,d,/D
Re, — osﬁ,,/ v
Sc = v/ D

diameter of stirrer, meters

diameter of particle, meters

empirical constants

mass transfer coefficients in the liquid phase, meters/sec
slip velocity of a particle, meters/sec
superficial gas velocity, meters/sec

stirrer speed, sec™

diffusion coefficient, meters?/sec

power dissipation per unit mass, watts/kg
microscale of turbulence

Kinematic viscosity, meters?/sec
Sherwood number

Reynolds number

Schmidt number

(1) Reith, T., Ph.D. Thesis, Delft, 1968.
(2) De Waal, K. J. A., Okeson, J. C., Chem. Eng. Sci. (1966) 21, 559.
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(3) Westerterp, K. A., Van Dierendonck, L. L., De Kraa, ]J. A., Chem. Eng. Sci.
(1963) 18, 157.

(4) Calderbank, P. H., Jones, S. J. R., Trans. Inst. Chem. Eng. (1961) 39, 363.

(5) Harriott, P., AICh.E. ]. (1962) 8, 93.

(6) Shinnar, R., Church, J. M., Ind. Eng. Chem. (1960) 52, 253.

(7) Towsend, A. A., Proc. Roy. Soc. (London) (1951) A208, 534.

(8) Hellerich, F. J., Phys. Chem. (1965) 69, 1178.

Axial Mixing in Liquid-Liquid Spray Columns

J.-B. WIJFFELS' and K. RIETEMA, Eindhoven University of Technology, The
Netherlands

Three 20-meter long operational spray columns of 70, 85, and 100 cm
diameter and two 6-meter long laboratory columns of 15 and 45 cm di-
ameter have been investigated. All measurements were carried out for
density differences between continuous and dispersed phases smaller than
200 kg/m3, dispersed phase holdup less than 8% and droplet Reynolds
numbers greater than 100. The effective axial mixing coefficient of the
continuous phase has been calculated from residence time distribution
measurements. The circulatory behavior of spray columns has been
studied in the laboratory equipment.

For all cases that have been subject of this research the motion of
droplets through the continuous phase of the spray column is irregular.
The spray column is treated as a turbulent system. The dispersion is
considered to be a single fluid. Quantities that appear in the momentum
balance such as pressure p and shear stress r are considered to be aver-
ages over a volume element large compared with the dimension of the
droplets. The relevant velocity that appears in the balance equation is
the mass average velocity w. Accordingly, the shear stress is assumed to
be proportional to the negative gradient of the mass average velocity. The
dispersed phase is introduced at one end of the column and travels coun-
tercurrently to the continuous phase through the central region. For the
sake of the model the column is roughly divided into a droplet free layer
near the wall and a core of turbulent dispersion of constant dispersed
phase holdup (1 — ¢). A solution is sought for the steady-state operation
of slender columns. No end effects are considered. It is assumed that the

2 Present address: Koninklijke/Shell-Laboratory, Amsterdam, The Netherlands.
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flow pattern is axisymmetrical, while the velocity is aligned with the axial
direction, and that the pressure is constant over the cross section of the
column. The model contains the core radius b as an undetermined con-
stant which can be found by applying the condition that the pressure
gradient is stationary. The special case of small density differences be-
tween the phases and low values of dispersed phase holdup is considered
in detail. The simplified model for the case when the thickness of the
wall layer is small compared with the radius of the column is given here;
a more general treatment has been given in the Ph.D. thesis of ].-B.
Wijffels.
The momentum balance for the axial direction reads:

() = — 2 — o 1)

where r is the distance from the axis of the column, z the distance in axial
direction, p the density, and g the acceleration of gravity. Since the density
of the core pr, — exp. + (1 — e )pa is assumed constant, integration over
the core yields:

d
2W%=—£—pw @)

where i is the shear stress at the core boundary. For the shear stress in
the core,

®3)

a

Il
SHE

a

x

With the condition that the shear stress is continuous at the core bound-
ary, integration over the column yields:

__9 _ -

2710/ R - dZ Pg (4)
where r,, denotes the shear stress at the wall. The average density in the
column p — eps + (1 — €)pg, and the average dispersed phase holdup
(1 — ¢) = b*(1 — &)/R% To find a solution for the flow pattern it is
assumed that:

d:
T = — pru; )
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This may be regarded as a definition of the turbulent kinematic viscosity
vi. The mass average velocity w — x,0 + x;0, in which x, and x; are the
mass fractions, and v and v; are the linear velocities of the continuous
and dispersed phase respectively. The major part of the wall layer is
assumed to be in turbulent motion also, and since the wall layer is as-
sumed to be small, its velocity is considered constant. The flow pattern
is then given by:

w=2(vw—wo)(2—22—yz)+wofor0<r<b (6)

W= 0= 0, forb<r <R

in which w is the mass velocity averaged over the core. Directly adjacent
to the wall, however, a turbulence-free layer exists with molecular vis-
cosity, in which the velocity decreases rapidly to zero. This laminar sub-
layer is assumed to be very thin so that its contribution to the flow rate
of the continuous phase may be neglected. The shear stress at the wall
mw is assumed to be related to the velocity outside the laminar sublayer
v, according to

Tw = fodlslw )

in which f is the friction factor and the slip velocity v, = v — vg. By
subtracting Equation 2 from 4 the momentum balance for the wall layer
may now be written as

Apda 3y + Bowilve — wo) = (B — W)L = oa = 0y (8)

Since vy — w — x,0,, the flow rate of the dispersed phase, Qq, equals:
Qa = wb*(1 — ex)(wo — Tovs) 9)
The total mass flow rate is equated to zero or:
mh2owy + T(R2 — bYow = 0 (10)

To enable us to write the equations in a dimensionless form, a reciprocal
Reynolds number, n, and a gravitational acceleration number, g, are intro-
duced as

n = 4:Vt/vsR (11)

Co (12)

ool v
al ™

a = (Pd - Pc)gR/zgcvs2 =
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in which Cjp, is the so defined droplet drag coefficient, which is approxi-
mately equal to 1, and d is the droplet diameter. With the notation u —
w/v, and y — b/R, Equations 10, 8, 9, and 4 are simplified, neglecting
density differences and second-order terms (y ~ 1) whenever they are
immaterial to the discussion, to give respectively:

uo = — uu(l — 9% (13)
(n + Nuw = a(l — (1 — ) (14)
F = Qa/7R%, = — (1 — )(1 + fo) (15)
and
G = R(= 2 — o)/2000 = a1 — 90 + g0 (16)
in which
fe=al =1 —y)*/(n+f) — (1 —¢) (17)
and
ge =f(1 — y»)/(n + ) (18)
The pressure gradient is assumed to be stationary:
3G =0 (19)
or
81— ) = = (1= &) ;7801 — v (20)

The dispersed flow rate F is constant. Therefore,

31— &) = — 2a(l — o) :L:_y; 31 — 3?) (21)

Because f, and g, are small compared with 1, their contribution to the
left side of Equations 20 and 21 has been neglected. Furthermore the
variations of v, f, n, and a have been assumed negligibly small. The solu-
tion is now easily found to be

1 — o2 =f/2a(1 — ¢) (22)
and by means of Equation 14 it follows that

Uy = f/2(n + f) (23)
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For spray columns, to which the foregoing treatment of the circulatory
behavior is applicable, an expression for the effective axial mixing coeffi-
cient can be derived. The fraction of the continuous phase g that is free to
move independently of the droplets is distinguished from the fraction
(1 — B) that is kept in the wake of the droplets. If the length of the col-
umn L is very large compared with its radius and the time necessary for
convection to make an appreciable change in concentration L/2v,* is very
large compared with R2/168E;, the effective axial mixing coefficient is:

Bt = ggg: +4 - &) (vf + % m) + B 24)
u
1.0
0.5k
0]
-0.5F
- COre __ g
- 1
10 0 1

Figure 1. Computed flow pattern
in heavy dispersed phase, R/d =
200, (1 — &) = 0.04. Conditions are
similar to those in the largest of the
spray towers investigated.
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Figure 2. A general representation of the results for
4% dispersed phase holdup. Experimental results lf;or
the spray tower fat splitters are indicated by circles.
The range of experimental values found for the labora-
tory columns A and B is indicated by arrows for density
differences of 40 and 180 kg/m®. The continuous line
is computed lfrom Equation 24. For comparison the
computed values for 1% dispersed phase holdup are
represented by the dotted lines.

in which v,* = v, — w,, E, is the intrinsic diffusion coefficient of the
free continuous phase, and U is the exchange coefficient that represents
the fraction wake volume exchanged per unit time. The terms on the
right side of Equation 24 describe the effects of the non-uniform flow
pattern in the continuous phase, the translation of continuous phase car-
ried in the wake of the droplets, and the intrinsic diffusion respectively.

Discussion

The flow patterns have been made visible by means of ink injections
in two 6-meter long laboratory columns: A with a diameter of 15 cm and
B with a diameter of 45 cm. The dispersed phase was a kerosene—tri-
chloroethylene mixture; the continuous phase was fresh tap water. The
flow patterns were measured by a movie camera for dispersed phase
densities of 820 and 960 kg/m3. By comparison with the experimental
results f was found to be 0.06. The thickness of the wall layer d,, may be
calculated from Equation 22 to give d,,/d — 1/25(1 — €). For small
columns for which the hydraulic diameter of the dispersion dy — 2ed/
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3(1 — ¢) is much smaller than the column radius, the kinematic viscosity
could be estimated: v, — 0.0165 v,R. For large columns it is expected
that v, — v,d. In the general model a combined expression has been
used. The circulation velocity was one-fourth of the slip velocity in the
laboratory columns and should reach its maximum value of half the slip
velocity in large columns. The computed flow pattern is shown in Figure 1.

The residence time distribution in the continuous phase was deter-
mined in the laboratory columns, using a saturated NH,Cl solution as
tracer material, as well as in three operational fat splitters by effecting
a complete change in fat feed. The model is compared with the result
in Figure 2. The exchange coefficient was estimated to be vd,/vs = 0.27,
and the intrinsic diffusion coefficient to be E;/v;R = n.

The predominant cause for axial mixing in small columns appears to
be the translation by wake transport and in large columns the translation
by circulatory flow. This treatment is valid only if the thickness of the
wall layer is small compared with the radius of the column.
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Partial Wetting in Trickle Bed Reactors

W. SEDRIKS’ and C. N. KENNEY, Department of Chemical Engineering,
Cambridge University, Cambridge, England

Three-phase systems, in which reaction occurs on a solid catalyst in
the presence of both gas- and liquid-phase reactants, have been used to
carry out hydrogenation and oxidation reactions, either in a trickle bed,
where liquid trickles over a fixed bed of catalyst in the presence of a gas,
or in a slurry reactor, where the catalyst is suspended in liquid. The use
of three-phase and in particular trickle bed reactors has been partly in-
fluenced by the limited understanding of not only the complex hydro-

? Present address: Shell Development Co., Emeryville, Calif.
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dynamics, but also the mass transfer and diffusional effects which arise
in such systems. To obtain further information on the influence of liquid-
phase pore diffusion and of the importance of partial catalyst wetting in
trickle beds, we recently studied the hydrogenation of crotonaldehyde
to n-butyraldehyde at near ambient conditions over a catalyst consisting
of palladium deposited on a porous pelleted alumina. The investigations
consisted of three separate studies.

The apparent intrinsic kinetics of the reaction were first determined.
The catalyst was ground to a fine powder. Reaction rates were measured
for a semibatch stirred-cell reactor in which the catalyst was suspended
in the liquid reactant. The absence of mass transfer limitation was verified.

The apparent intrinsic kinetics were found to be first order with
respect to the concentration of hydrogen in the liquid and zero order
with respect to the crotonaldehyde concentration. The apparent activa-
tion energy was approximately 11 kcal/gram mole at atmospheric pres-
sure and at temperatures in the range 30°-70°C.

Liquid-phase pore diffusion in the pelleted catalyst under reaction
conditions was investigated next. The stirred cell was again used, whole
catalyst pellets being placed in wire mesh baskets attached to the im-
peller and swept through the liquid. With this arrangement resistance to
mass transfer to the outside of the pellets could be essentially eliminated.
Rates of reaction were measured and compared with the intrinsic rates.

Even though the palladium was deposited only within a relatively
thin shell on the outside of the pellets, diffusion of hydrogen through
the liquid-filled pores limited the rate of reaction markedly. Effectiveness
factors of approximately 0.1 were measured. Consistent with these, the ap-
parent activation energy was 7 kcal/gram mole, and the reaction remained
first order with respect to hydrogen concentration in the liquid. Assuming
that transfer in the pores took place by bulk diffusion, a tortuosity factor
of 1.6 was calculated for the catalyst.

Lastly, the effects of partial wetting of the catalyst were examined
in a trickle bed reactor (4.3 cm, id) in which liquid flowed over a shallow
bed of catalyst with co-current flow of gas. Partial wetting was not diffi-
cult to achieve. In fact, with 3/16-inch pellets in the column (P.T.I. runs)
wetting appeared far from complete even at the highest value of liquid
flow rate. Under these conditions approximately 50-60% of the pellets
were dry, and the degree of wetting increased only slightly with flow
rate. Wetting was much more extensive when the catalyst pellets were
interspersed with inert 8-16 mesh o-alumina granules, being effectively
complete with preflooding and ca. 90% without preflooding (P.T.2 runs).
Measured rates are shown in Figure 1, where, for comparison, the results
obtained with the pellets and powder are also given.
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Figure 1. Reaction rates in pellet trickle beds

The most striking observation is that a higher reaction rate (gram
moles/hr(grams Pd)) is obtained when the catalyst pellets are not com-
pletely covered with liquid; hence, the existence of a gas-phase reaction
on the solid catalyst occurring simultaneously with the liquid-phase reac-
tion seemed probable. This was substantiated by measuring the rate of
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hydrogenation in a dry bed with a single active pellet in which the feed
consisted of hydrogen saturated with crotonaldehyde vapor.

Provided the species required for the reaction on the solid catalyst
are the same in both liquid and gas phases, and the phases are in equi-
librium, then since the chemical potentials must be the same in both
phases, the reaction rates on wet and dry catalyst must be identical. Any

100 —

[7(1-6) /7] x 100, %

20—

0 1 l 1 l | I | I |
0 0.2 0.4 0.6 0.8 1.0
Fraction of Active Surface Wetted, f

Figure 2. Gas-phase contribution (% ) to over-all reaction
rate in partially wetted trickle bed

differences must be caused by lack of equilibrium—i.e., by differences
in mass transport rates or temperature. Since mass transport in the gas
phase will usually be much faster, in general the reaction rate in a trickle
bed must therefore be expressed in some form that acknowledges the
separate contributions of the wet and dry catalyst—e.g., a simplified
expression that could serve as a first approximation would be:

re = fTL + (1 -f)"'G

where f is the total fraction of active catalyst surface covered by liquid,
and r;, and r¢ are the rates on wetted and dry catalyst respectively. Only
rarely can the r¢ contribution be neglected.

To illustrate this from the present work, the rate measured with the
single dry pellet was ca. 7 gram moles/hr(grams Pd) for a bulk bed tem-
perature of 31°C. Calculations showed that no pore diffusion limitation
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was present but that the interior of the pellet may well have been at a
somewhat higher temperature. The comparable rate for the submerged
pellets where pore diffusion was shown to be the limiting step was 0.15
gram mole/hr(gram Pd). As a rough approximation, the above values
may be taken as the values for r¢ and 7y, in the trickle bed, and the frac-
tion of the gas-phase contribution to the total rate plotted vs. the wetted
fraction f from the above equation. This plot is shown in Figure 2 and
illustrates the conclusion that except at very high values of f, the gas-
phase contribution completely dominates the total rate in the trickle beds.
In the light of this, the slow but marked decline in reaction rate with
time observed in the trickle bed experiments is explained by gradual
seepage of liquid into the pores of initially unwetted pellets. The fact
that the gas-phase contribution has almost always been discounted in
trickle bed studies can explain some of the discrepancies observed.

In theory, because evaporation is a relatively fast process, one should
be able to design partially wetted beds to operate closer to intrinsic rates
without losing the advantages that operation at “liquid phase” tempera-
tures sometimes offers—i.e., such a reactor would combine the functions
of a gas—solid reactor and a gas-liquid contactor, the liquid acting mainly
as the source of reactants and sink for the products. The problems asso-
ciated with the requirement of good liquid distribution and control of the
reactor may, however, normally require operation at close to total wetting
in any practical reactor design.

Product Distribution Problems in Gas-Liquid Reactors

T. W. F. RUSSELL and R. ROTHENBERGER, University of Delaware, New-
ark, Del. 19711

The design and analysis of gas-liquid reactors is, at best, a complex
problem of considerable difficulty. In the most general case, one must
deal with simultaneous energy, mass, and momentum transport. Rigorous
design calculations require consideration of these phenomena on both the
microscopic and the macroscopic levels. Solution of the resulting coupled
equations is invariably an awesome task.

In practice, one introduces a number of assumptions to make the
design more tractable. The concept of the so-called “ideal” reactor is one
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such simplification whose utility is well established. Analysis of such
reactors allows one to establish limits on the performance of an actual
process. In addition, conclusions drawn from such analyses are also ap-
plicable to “non-ideal” reactors. These points are discussed in consider-
able detail by Russell and co-workers (1, 2, 3).

Even these simplified models contain numerous unknown parameters.
A meaningful design, therefore, begins with an experimental program to
obtain kinetic and mass transfer data and information concerning the
basic fluid mechanics. Knowledge of the gross fluid mechanics in the
particular piece of equipment is essential for rational design. Unfortu-
nately, it is this area which is probably the least understood in gas-liquid
reactors.

It is possible, however, to distinguish various configurations which
may exist in ideal reactors. Two-phase reactors, then, can be ade-
quately designed by analyzing reactors displaying different behavior in
terms of the gross fluid mechanics of each phase. The application of this
approach to tank-type and tubular reactor design has been discussed by
Schaftlein and Russell (3) and Cichy et al. (1). To consider the question
of product distribution in gas-liquid reactors, we restrict our attention
to the (a) plug-flow gas—well-mixed liquid and the (b) well-mixed gas—
well-mixed liquid continuous flow tank type (CFTR) configurations. In
the case of tubular reactors we consider (a) continuous fluid phases with
a well-defined interface and (b) discrete gas-phase units in a continuous
liquid phase. The reactions are of the following types which are repre-
sentative of a large class of industrial reactions of pragmatic interest:

Competitive-consecutive:
A+B—>R
R+B—>S

S+B—->T
Parallel:

A+B->R
A+B-—->S

B is the volatile reactant and A, R, S, and T exist in the liquid phase only.

For each reactor configuration described above the appropriate form
of the reaction rate expressions appearing in the liquid-phase component
mass balances depends upon whether the reaction occurs in the bulk
liquid or in a narrow region adjacent to the gas-liquid interface. To de-
termine where the reaction occurs, it is necessary to refer to Astarita’s
(4) classification of reaction regimes.

Astarita (4) defines two characteristic times for the reacting systems
—i.e., the time for reaction to proceed to an appreciable extent and the
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time a liquid volume element is exposed to the interface. Values of these
two parameters and the concentrations of reactants in the liquid phase
allow determination of the chemical absorption regime. There are three
major regimes: slow, fast, and instantaneous. Several characteristics of
each regime are relevant to the product distribution problem. In the slow
regime reaction occurs in the bulk liquid, and in the fast regime reaction
occurs in a thin film adjacent to the interface. The important point is
that in both cases there is no concentration gradient of the liquid-phase
reactant through the film. In the instantaneous regime, on the other
hand, the liquid-phase reactant and all products of the reaction are no
longer considered to have uniform concentration profiles near the inter-
face.

In the slow reaction regime the reaction rate expression is written in
terms of bulk concentrations. In the fast regime, however, it is convenient
to define the rate of reaction on the basis of interfacial area. In so doing,
we use a surface concentration for the volatile reactant and are essentially
modeling the reaction as if it occurred at the interface. This type of rate
expression is useful for experimental studies in the fast reaction regime.

If we consider all the reactions discussed previously as being ele-
mentary, the product distribution expressions are independent of the
volatile reactant concentration. This means that the product distributions
for a given reacting system and reactor configuration will be identical
for both the slow and fast reaction regimes.

Solution of the component mass balance relations for both the com-
petitive-consecutive and parallel reactions yields expressions for the prod-
uct concentrations which are identical to those obtained for homogeneous
reactions (2). This is a consequence of the condition that for the slow
and fast reaction regimes the composition of the liquid phase is uniform
except for the volatile reactant. Therefore, for reactions of the type con-
sidered here occurring in the slow and fast reaction regimes, the homoge-
neous and heterogeneous product distributions are identical for the same
conversion of liquid phase reactant.

For reactions occurring in the instantaneous regime or in the region
between the fast and instantaneous regimes, the single-phase and two-
phase selectivities will differ; however, an examination of industrial reac-
tions whose primary purpose is the production of a saleable product
indicates that practically all these reactions occur in the slow or fast
reaction regimes. Instantaneous reactions are frequently acid—base type
and are encountered most often in recovery operations rather than prod-
uct manufacturing. Computational studies of some reactions of pragmatic
interest indicate that for a large class of reactions equilibrium between
the gas and liquid is readily achieved.
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This simplifies the process analysis considerably and allows compari-
sons between tubular and tank systems on the basis of reactor size and the
effect of reactor type on the attendant process equipment. Although most
gas-liquid reactions are carried out industrially in tank-type devices,
analysis of the total process synthesis indicates some distinct advantages
of tubular gas-liquid systems.

(1) Cichy, P. T., Ultman, J. J., Russell, T. W. F., Ind. Eng. Chem. (Aug.
1969) 61, 7.
(2) Russell, T. W. F., Buzzelli, D. T., Ind. Eng. Chem., Process Design De-
velop. (Jan. 1969) 8, 2.
(3) Schaftlein, R. W., Russell, T. W. F., Ind. Eng. Chem. (May 1968) 60, 12.
(4) As‘tiarita, G.:i “Mass Transfer with Chemical Reaction,” Elsevier, Amster-
am, 1967.
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Catalyst Deactivation

JOHN B. BUTT

Department of Chemical Engineering, Northwestern University,
Evanston, I1l. 60201

Research on catalyst deactivation has been concerned with
three generally distinguishable areas: (1) investigation of the
fundamental mechanisms and the kinetics of deactivation
processes, (2) determination of deactivation rates in par-
ticulate catalysts, and (3) study of deactivation effects on the
operation of real reactor systems. These areas range from the
microscopic to the macroscopic and involve a large range
of interests and techniques. Catalyst deactivation can be
described kinetically by the same forms as conventional
kinetics so that chemical reaction engineering problems
associated with deactivation can normally be thought of as
involving time variant systems in which the interactions of
rates of reaction, rates of transport (diffusive and convective),
and rates of deactivation determine system behavior. Ob-
viously compromise will be an intimate part of catalytic
processes faced with time-dependent activity; hence, a num-
ber of significant optimization problems arise in analyzing
large scale process systems.

While the phenomenon of catalyst deactivation has been recognized
for most of the history of catalysis, our concern with it in terms of
systematic observation and interpretation extends back only about 30
years. In 1951 Maxted (1) presented a landmark review of work on the
poisoning of metallic catalysts to that time, and it was only a few years
earlier that Voorhies (2) had reported his now-famous correlation of
coke deposition rates on natural and synthetic cracking catalysts. Since
then there have been many studies of various deactivation problems, but
one cannot escape the general feeling that the bulk of such problems are
still imperfectly understood or not yet explored. In such a sense, then,
catalyst deactivation appears to be one of the darker areas of an art
(catalysis) which, more often than not, assumes various magical (and
always mysterious) characteristics.

The following review presents a representative selection (no attempt
has been made to be comprehensive) of work on various aspects of de-
activation. Four general sections are discussed which correspond gen-

259
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erally to the natural divisions of the subject matter. First considered are
some of the basic chemical and/or physical mechanisms of deactivation
together with their probable intrusions into the natural activity or selec-
tivity of the catalyst. Several specific chemical systems are used to
illustrate these mechanisms, and the observed results are formulated in
terms of generalized reaction schemes which allow exposition of the
formal kinetics of heterogeneous reactions subject to catalyst deactiva-
tion. Secondly, observed kinetics and theoretical studies dealing with the
deactivation of single particles are considered, using the reaction models
derived in the first section. Such analysis corresponds to the determination
of point rate and selectivities, which would then be used in reactor design
in a manner similar to analogous studies of mass and heat transfer rate
limitations. In the third section the results of intrinsic and individual
particle deactivation behavior are incorporated into macroscopic models
for chemical reactor design and analysis, and the composite behavior of
process systems is examined. Parametric effects on activity and selectivity
are of particular interest, and the implementation of various operational
possibilities in this regard are discussed. This leads naturally to the final
section, which considers a number of optimization problems concerning
chemical reactor design or operation in the face of catalyst decay. This
area is particularly active in chemical reaction engineering at present.

Microscopic Events and their Models: Kinetics of
Reactions with Catalyst Deactivation

While it may not seem much of a problem at first glance, one of the
more difficult things in catalysis is to define a useful and representative
measure of activity. In general this requires some comparison among
various states of the same catalyst if deactivation problems are to be
considered as well. Some measures of activity are:

(a) Temperature required for a given conversion

(b) Temperature for a given product quality

(c¢) Conversion achieved

(d) Space velocity required for a given conversion at set temperature

(e) Reaction rate

(f) Rate constants or parameters extracted from kinetics studies.
Most of these measures are related to data obtainable from laboratory
reactor investigation, and completely different conclusions regarding ac-
tivity can be reached from several different measures. The second
measure, for example, really may depend more on the selectivity than
the activity of a catalyst while for the last two careful and tedious experi-
mentation is required, and uncertainties of interpretation are involved
in reaction kinetics studies. Indeed, when catalyst deactivation is oc-
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curring, the task of the kineticist is even more formidable since under
these conditions the activity (and other properties) of the catalyst are
functions of the entire history of the catalyst, including preparation,
handling, storing, pretreatment, regeneration, and specific poisoning proc-
esses. When the reaction rate functional can be expressed as the product
of two terms, kinetic dependencies which are time independent and ac-
tivity dependencies which are not, the rate equation is termed separable
(3), and one actually requires two equations to describe the over-all
kinetics: the instantaneous rate equation and some expression relating the
time dependency of activity. Fortunately, many real catalytic deactiva-
tion mechanisms, at least those which may be described chemically, do
lead to separable rate equations, for there would be little one could do in
analysis if this were not so. The separable form, thus, allows the expres-
sion of an instantaneous rate of reaction as the product of individual
factors which are independent of one another. For example, one might
write the product of three terms, one containing a concentration depend-
ence, one a temperature dependence, and one the activity (previous
history) dependence:

rp =11 ([C])rs(T)73(s) (1)

in which C represent concentration, T temperature, and s the activity.
Equation 1 must be supplemented with some description of the time
variation of s:

rs =14 ([C]r5(T)rs(s) (2)

where the individual rate factors are again taken to be separable. The
forms which the individual rate factors in Equations 1 and 2 assume are
well known; these generally would involve some power-law dependence
on concentration (r; and ry), an Arrhenius temperature dependence (72
and 75), and perhaps a power law dependence on activity (r; and 7). If
more complicated kinetics are involved, such as Langmuir-Hinshelwood
forms, the separable form of equation can still be maintained as long as
adsorption coefficients are not affected by the deactivation.

At this point it might be well to look further into some detailed
mechanisms of typical deactivation processes, with particular attention
to determination of whether these separable rate/deactivation equations
are reasonable forms in view of the microscopic chemical or physical
events occurring. We will in general adhere to a broad division of de-
activation processes into three general classes. These three are:

(a) Poisoning: loss of activity caused by strong chemisorption of
some impurity, normally contained in the reacting mixture.

(b) Fouling: loss of activity caused by reactant or product degrada-
tion on the catalyst surface; coke formation is the most important example.
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(c) Aging: loss of activity caused by sintering; decrease of active

surface.
The first two are chemical in nature, and particularly in the first case
detailed and elegant studies of specific systems have been carried out.
Aging is usually thought of as a physical process, though our approach
to the analysis of this problem will be analogous to the chemical mecha-
nisms, and we will see that sintering may not always be independent of
the chemical events occurring.

Catalyst Poisoning. Perhaps the most elaborate and comprehensive
work in the general field of catalyst deactivation has been concerned with
studies of individual systems, catalyst—reaction—poison, which can be well
characterized chemically. Many of these investigations have not only
dealt with specific problems associated with poisoning but have revealed
much information concerning the catalytic chemistry of the reaction/
catalyst system involved—i.e., what specific chemical properties of a given
substance make it a good catalyst for a certain type of reaction.

Four such studies are reviewed here, chosen either because of the
diversity of chemistry involved, the importance of the reaction involved,
the depth of the information provided concerning the catalytic properties
of the material involved, or all three. The first is the work of Maxted (1)
concerning the poisoning of metallic catalysts by typical metallic and
nonmetallic substances, and the importance of d electrons in the forma-
tion of these strongly chemisorbed poisons. Second is the work of Mills,
Boedecker, and Oblad (4) on determination of the acid nature of silica—
alumina cracking catalysts and its relationship to their activity via poison-
ing experiments with alkali metals and basic nitrogen compounds (with
note of the many subsequent investigations of similar catalysts by these
techniques). Third are the results of Pines and Haag (5) demonstrating
the variations possible in acid site strength on alumina and the depend-
ence of the catalytic properties of a given alumina on this site acidity
distribution by measurement of alkali metal, ammonia, water, and tri-
methylamine poisoning effects on several test reactions. Finally we con-
sider briefly the elucidation of the role of surface oxide on the activity
of nickel oxide in oxidation reactions by Parravano (6) through inhibition
of the activity of fresh oxide surface with CO chemisorption.

MeraLLic CATaLysts. Most of the basic information compiled by
Maxted is an identification of metals susceptible to poisoning and the
primary materials responsible for such poisoning. The bulk of the back-
ground here is experience with metals used as hydrogenation catalysts,
though with some added information from Fischer-Tropsch synthesis
catalysts (cobalt) and ammonia synthesis (iron). Accordingly, the range of
metallic catalysts considered is somewhat limited, but the results are im-
pressive nonetheless. Figure 1 lists those metals judged most susceptible
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to poisoning, arranged as they appear in the periodic series. These con-
sist predominantly of group VIII metals with their group Ib relatives.
Silver and gold are included provisionally since they have very small
activity for ordinary hydrogenation.

The common poisons for these metals can be classified into three
groups:

(a) Molecules containing elements of groups Vb and VIb, as listed
in Figure 1, or the free elements (Not N;)

(b) Compounds of catalytically toxic metals and metallic ions.

(c¢) Molecules containing multiple bonds such as CO or strong
sorbates such as benzene.

In many cases the effects listed under group (c) above can be accounted
for by proper adsorption inhibition terms in the rate equation, and thus
do not count as true poisoning effects.

For molecules containing group Vb or VIb elements, the degree of
toxicity is related directly to the state of the toxic element in the mole-
cule. If the potential poison has its normal valency orbitals saturated by
stable bonding to other elements in the molecule, there is no toxic activity.
If there are, however, unshared electron pairs or empty valency orbitals,
then chemisorptive bonding to the metal is possible and the material is a
catalyst poison. These contrasting states are illustrated in Figure 1 for
some typical examples showing the electronic configuration of the toxic
element. Most of these results pertain to observations made in hydro-
genations with Pd, Pt, or Ni; under severe reducing conditions some of
the nontoxic structures can be converted to toxic forms; particularly sus-
ceptible in this regard are arsenic and antimony compounds which are
generally easily transformed into toxic arsine and stibine under hydro-
genating conditions. Under other conditions such transformations may
not occur, so it is quite possible for a substance to poison a catalyst for
one reaction but not another. Maxted cites the example of arsenic com-
pounds, which are general poisons for platinum in hydrogenation reac-

tions, via arsine
H: A:s: H
H

formation, yet have no effect on catalytic activity in the decomposition
of hydrogen peroxide, presumably by remaining in a “shielded” or satu-
rated form such as the arsenate under strong oxidizing conditions

(0) s

O: A:S: 6]
0
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Susceptible Metals - Hydrogenation

Catalysts Arrayed in Periodic Scries

Fe Co Ni Cu
26) @n (28) (29
Ru Rh Pd [Ag]
(a4) (45) (46) “n
Os Ir Pt [Au]
(76) 77 (78) (79)
Nonmetallic Poisons
Group Vb Group VIb
N 0]
r s
As Se
Sh Te
Summary of Tozicity of Metallic Ions
Toxicity
Electronic occupation towards
Metal ions tested of external orbitals platinum
Li+ | Bet* No d shell. Nontoxic
Nat+ | Mg*| A+ No internal d shell. Nontoxie
K+ | Ca 3 O O O O O|4 O | Nontoxic
Rb+ | Sr2+ Zri+ 4d O O O O O|s O | Nontoxic
Cs* | Bat* | La*t ¢ O O O O O|6s O | Nontoxic
C,e3+ .
The+ 6d O O O O O!7s O | Nontoxic
Cu?t | Zn** 3d O O © O Ol4s O | Toxic
Cut* 3d ® © O © ©|4 O | Toxic
Ag* | Cd** | Ins+ 4d © O O © O©|8 O | Toxic
Snt+ 4 O O O © O|5 O | Toxi
Au* | Hg* 6 @ © O © ©|6s O | Toxic
Hg* 6d ©® © © O |68 O | Toxic
T*+ |Pb*|Bi* | 6d ©@ ©@ © @O @ l6s ® | Toxic
Cr3+ 3d © © O O O |4 O | Nontoxic
Cr3+ 3d © O © O O l4s O | Nontoxic
Mn3+ 3 O @ © © O}|4s O | Toxic
Fet* 3d ©® © © O ©|4s O | Toxic
Cot+ 3d O O O O O |48 O | Toxic
Ni* 3 © @ & © ©O|4 O | Toxic
Figure 1. Poisons for
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Influence of Electronic Configuration on Tozicity

Toxie types
H

H:P:H
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0:§:0
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(R)C:S:H
Organic thiol
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H
/C\
nc” “om

Hg . ('3H

Pyridinc
(toxic)

H.C \CHz
H.C H,
N
Piperidine
toxic)
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(shielded structure)
(0] -

0: P :0
0
Phosphate ion
o -
0: S : 0
0

Sulfate ion
(also sclenate and tellurate)

(0]
(R)C: S : OH
0
Sulfonic acid
(0]
(R)C : S : C(RY)
0
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- H _—
C

nc” o
né . JJH
. .N .

Pyridinium ion
(nontoxic, shielded structure)

] H,
/ C\
H.C' CH,
mé u
O.N .

Piperidinium ion
(nontoxic, shielded structure)
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The toxicity of nitrogen compounds for hydrogenations has also been
interpreted in the same manner, although these (as the example pyridine
in Figure 1) are not as pronounced in their effect as materials such as
arsine or thiophene. The shielding theory is well supported also by results

with dry ammonia
H: N H
H

which was found to poison the hydrogenation of cyclohexene in a non-
aqueous environment where the nontoxic ammonium ion could not be
formed.

The toxicity of metals or metallic ions towards the catalytic activity
of metals has been thoroughly surveyed by Maxted and Marsden (7) with
respect to the hydrogenation activity of platinum as a test reaction. The
interpretation which they suggest, also summarized in Figure 1, empha-
sizes the existence of some connection between the toxicity of a metallic
ion and the structure of its d band. Theories invoking the nature of the
d-electrons in explanation of various facets of chemisorption on metals are
nothing new, and it is probably correct to view them as providing one
with valuable qualitative insight into the nature of the bond without
necessarily being quantitatively correct. From the results of Maxted and
Marsden one concludes that those materials which are toxic all have occu-
pied d orbitals; when this does not occur, there is no poisoning effect.
These observations also hold for other derivatives of the metals. Although
in the latter case it cannot be ruled out that occupied s or p levels might
take part in chemisorptive bonding (these levels being vacant in the
metallic ion), metals are found in compounds with such higher levels
occupied in stable bond formation, yet the compounds are quite toxic.
A good example is that cited of tetramethyllead, where the Pb configura-
tion corresponding to Figure 1 is:

P OO 0 0 00 0 00

5d Hybridized 6sp®

and the hybridized 6sp? levels are bonded to carbon in the molecule. This
is a strong poison for hydrogenation with platinum, yet there is no oppor-
tunity for the s and p orbitals to take part in chemisorptive bonding.
The conclusion is that such metallic compounds or the ions them-
selves are involved via the d-shell in the formation of chemisorbed com-
plexes resembling intermetallic species and that the nature of this bonding
(and consequently poisoning behavior) is thus fundamentally different
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Figure 2a. Form of a typical poisoning curve. The
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in the liquid-phase hydrogenation of crotonic acid (1).
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from the group Vb-VIb poisons which can reasonably be viewed as
bonding via coordination with s or p valence electrons.

While further discussion of the details of surface bonds involved in
chemisorption would be desirable at this point, it is a luxury which space
will not permit. An introduction to some of the theory and much of the
available data is given by Hayward and Trapnell (8) regarding chemi-
sorption on metals. More recently, also, molecular orbital descriptions
have been used to analyze bonding at metallic surfaces; an excellent
example, directed toward ethylene and CO bonding on Ni (related to
category c of the poisons listed by Maxted ), is the study of Bond (9).

Quantitative relationships between the amount of deactivation and
the catalytic activity are relatively easily obtained when poisoning (as
contrasted with coking or sintering) is the mechanism of deactivation.
Maxted presented a number of these correlations, relating activity to

30
O = Curve |
N\
-
« = Curve 11
20-(1‘ % ©
2 Qe
< %
3 2
> 8,
S z
[+
Q
‘s
>
Z 0t
2
0
Q
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Advances in Catalysis

Figure 2c. Effective and true poisoning graphs for a plati-
num catalyst (0.05 g) poisoned with AsH,. Curve I (effec-
tive toxicity) is based on the total poison present in the
system. Curve II (true toxicity) is based on the amount of
poison actually adsorbed on the catalyst (1).
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Figure 3a. Velocity measurement on ethylene-hydrogen mixtures at 0° in the

presence of carbon monoxide. Curves I—no CO; 11—0.05 cc CO; I11—0.08

cc CO; IV—0.33 cc CO; V—0.69 cc CO; VI—1.97 cc CO; VII—9.14 cc CO
(10).

amount of poison present, as illustrated on Figure 2. This form of corre-
lation, however, had been used for quite a while before the work of
Maxted; Figure 3 gives a much earlier correlation of this type, describing
the inhibition of ethylene hydrogenation on Cu by CO chemisorption
(10). Obviously in some cases the activity is affected strongly by only
small amounts of poison—e.g., AsHs—Pt (Figure 2) or CO-Cu (Figure 3)
—with the effect tapering off at higher poison concentrations. In several
of these cases the effect is linear over a substantial portion of the range
so that one might represent activity as:

s=28, — a1y (3)

in which s, is the original activity, «; a poisoning coeflicient representative
of the effect on activity per unit of poison, and C, the concentration of
poison. Such a linear relationship implies a homogeneous or nonspecific
removal of activity from the system, and such poisoning has been occa-
sionally referred to as “nonselective.” A fine example of a completely
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Figure 4b. Kinetic rate constants for a progressively poisoned film (11)

nonselective poisoning system is shown in Figure 4 from the results of
Clay and Petersen (11) on arsine poisoning of Pt-catalyzed cyclopropane
hydrogenolysis. The nonlinear, or selective, deactivation behavior has
been represented empirically by a variety of expressions such as:

s =8, exp (—a2Cp)
1/s =1/s, + a3C, (4)

§ = a;Cpn

There is no fundamental significance associated with any of these forms,
per se, although we shall see later that since they express the integral
of the activity decay, such forms may be used to infer rate equations
for deactivation by poisoning and (as the reaction engineer is occasionally
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Table I. Catalyst

Physical
Properties CAT-A
Area  Bulk dens., Gaso. Coke,
Description sqm/g g/cc vol % wt%
I A Houdry type S,
Si0,-12.5% Al,03 273 0.61 45.1 3.2
II A Same 196 .60 35.6 1.7
IIT A Same — .62 32.1 1.6
IV A Same 111 .67 28.2 1.0
VA Same 44 .96 16.2 0.5
VI A Si0,~-1% Al;0; 390 .73 27.2 1.3
VII A SiO, 330 74 7.0 0.3
VIII Z  8i0:-9.5% ZrO, 251 .63 35.7 2.0
IX M 8Si0:-32% MgO 426 .65 470 3.7
X C  Filtrol clay 41 91 25.9 14
—  Empty reactor — — 5.0 0.1

®Data of Mills et al. (4).

tempted to do against his better judgment) perhaps indicate something
concerning the mechanism of the poisoning. Points of initial deviation
from linearity, as in the three examples of Figure 2, are often taken to
indicate some change in the nature of the deactivation or of the surface
being deactivated. Given the precision of most kinetic data, this would
appear to be a rather risky procedure without supplemental chemical
information supporting the interpretation.

CRACKING CATALYSTs AND NrtroGceN Compounps. It is now well
known that basic organic compounds are effective poisons for acid-
catalyzed reactions such as isomerization, cracking, double bond migra-
tion, etc. Effective catalysts for such reactions are acidic oxides, notably
silica-alumina, and one of the earlier studies of such poisoning (at a time
when it was not at all clear that these catalysts owed their activity to
their surface acid function) is that of Mills, Boedeker, and Oblad (4)
on the deactivation of cracking catalysts by nitrogen-containing organic
compounds. Some of the specific catalysts which they investigated, with
typical activity and selectivity patterns for the nondeactivated material,
are given in Table I. The catalytic properties of these materials for
cumene cracking were studied in the presence of a number of basic
organic nitrogen compounds such as quinoline, pyridine, piperidine, and
aniline. One interesting result is illustrated on Figure 5a for quinoline
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Properties®
Catalytic Properties
3 . Ability to
CAT-A Cumene Cracking Chemisorb
Gas, Gasgrav. Benzene Coke, Gas, Gasgrav. Quinoline

wt% (air—=10) wt% wt% wt% (air=10) at315°m/g

10.1 1.58 39.7 062 17.2 141 0.06
6.1 1.55 40.7 039 159 1.40 .044
6.2 1.57 — — — — 027
3.1 1.50 273 0.1 10.1 1.40 021
12 1.23 19.5 .05 6.9 1.37 009
4.3 1.49 — — — — 020
— — 1.7 — — — .001
42 141 26.3 .16 8.9 133 .033
5.5 1.49 — — — — 09
2.7 1.13 — — — — 018
0.6 1.1 — 0.1 0.7 1.0 —

adsorption on SiO, vs. Si0>—AlOs; this material is completely reversibly
adsorbed on the silica catalyst, but on adding alumina, two types of
adsorption may be identified: a reversible mode analogous to that on
pure SiO, and an irreversible (not desorbed at 315°C) mode presumably
associated with the introduction of ALO; into the catalyst. Obviously
the chemistry of the silica-alumina with respect to the nitrogen com-
pound is different from that of the pure silica.

Partial poisoning studies, in effect giving poisoning correlations such
as those of Figure 2, were carried out with catalyst IIIA (SiO.~AlOs)
of Table I using CAT-A (425°C, 1.5 LHSV, 10 min with cumene feed).
The results are shown in Figure 5b for various nitrogen compounds of
interest; these all appear to be highly selective poisons with activity
depending almost exponentially on poison concentration. The levels of
surface coverage are not shown explicitly in the figure, but as an example
for catalyst IA, at 4% surface coverage (assuming 36 A? as the area
of the flat lying quinoline molecule) its activity for cumene cracking at
425°C is decreased by a factor of about seven. Thus, as Mills et al. con-
cluded: “ .. by far the major part of the surface does not contribute to
the cracking activity of the catalyst. . ..”

The basic nitrogen compounds effective in poisoning would be ranked
according to their effectiveness as quinaldine >quinoline >pyrrole >
piperidine >decylamine >aniline, which is not in the same ratio as their



Published on August 1, 1974 on http://pubs.acs.org | doi: 10.1021/ba-1972-0109.ch007

274 CHEMICAL REACTION ENGINEERING

basicity, piperidine being the strongest base. This discrepancy, however,
is resolved by looking at the susceptibility of the nitrogen compounds
themselves to cracking. These results, shown in Table II, indicate that
the most basic, piperidine, is about 54% cracked itself in the poisoning
tests and presumably is proportionately decreased in its poisoning effec-
tiveness. None of the other materials, except for decylamine (which rates
low on the basicity scale anyway) are cracked to a significant extent.

0.201

0.15 F $i0; A0y

0.10

0.05 1 -

-
-
—t
e
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0.10 | $i% A

M. e. quinoline/g. of adso:bent.
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1 1 A [ 1
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Time, minutes.

Journal of the American Chemical Society

Figure 5a. Sorption and desorption of quinoline at

315° on calcined silica gel VIIA or on catalyst 1A

(Si0,~12.5% AL, O;). Quinoline partial pressure in

flowing nitrogen stream was 73 mm. Arrows indicate
start of sorption or desorption (4).

In spite of the apparent differences in quinoline chemisorption be-
tween alumina and silica—alumina shown in Figure 5a, various types of
catalysts appear to be affected similarly in their cracking activity by basic
nitrogen poisoning, as shown in Figure 5c. This indicates that the amount
of quinoline chemisorption “. . . thus measures a fundamental property
of the catalyst which is related to its ability to act as a catalyst.” The
property, of course, is the acidity of the catalyst, and the mechanism of
poisoning is postulated to occur by chemisorption of the poison on incom-
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pletely coordinated aluminum ions or silicon ions which on the surface
form Lewis acids:
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Figure 5b. Poisoning effect of organic nitrogen com-

pounds on the catalytic dealkylation of cumene catalyst

ITIIA: 1, quinoline; 2, quinaldine; 3, pyrrole; 4, piperidine;
5, decylamine; 6, aniline (4)
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Several interesting points related to the behavior of such oxides as
catalysts are left unanswered by these experiments. In particular, we
refer to questions concerning the nature of the acidity of these surfaces,
which has direct bearing on their chemisorptive and poisoning behavior.
Experiments shown in Figure 5a indicated that there might be two types
of adsorption sites on a silica—alumina, one related to the SiO; and the
second (stronger) related to the Al;Os. There is not space here to re-
iterate the mountains of published research concerning the nature of the
acidity (Lewis or Brgnsted) or the strength of acid-acting sites on Al;Os
or SiO,—Al,O3; however, to continue our examples of specific poisoning
studies we look at one careful study directed toward the elucidation of
the strength and properties of the acid sites on alumina.

Table II. Cracking of Nitrogen Compounds®

CAT-A Conditions: 425°C, 1.5 LHSV, 10 min on stream,
50 ml liquid charged; catalyst IITIA

Vol, ml of liquid recovered

BP BP
Compound below BPof above Coke, Gas, Gas
cracked charge charge charge wt% wt%  gravity®
Piperidine none 23.2 18.1 2.7 3.1 0.5
Pyridine none 484° none 1.2 0.3 1.6
Quinaldine none 47.8° none 1.3 0.1 0.6
Quinoline none 48.0° none 14 03 0.8
Aniline none 48.4° none 1.5 0.2 1.1
Decylamine’ 23.7 19.3¢ none 45 49 0.8

¢ Calculated.

® Caused by small amount of gas formed; gas gravity values are not accurate.

]:]?iased on the ammonia absorbed by standard HCI, 574 wt % of the decylamine
cracked.

4Data of Mills et al. (4).

CATALYTIC ACTIVITY AND INTRINSIC AcmiTy OF ALuMINa. The ap-
proach which was taken in this fine study by Pines and Haag (5) is that
of using model reactions for the evaluation of relative activities of a series
of aluminas. The aluminas studied were prepared by varying techniques
designed to produce differing surface acidities. The major types were
as follows (see Table III):

(a) Pure—prepared from aluminum isopropoxide or from aluminum
hydroxide and aluminum nitrate (Method A or B)

(b) Impregnated—pure catalyst impregnated with NaCl or NaOH

(c) Aluminate—alkali containing alumina precipited from KOH solu-
tion (Method C)
The incorporation of alkali in the impregnated or aluminate catalysts
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Quinoline chemisorption at 315°C as a function

of activity for cracking light East Texas gas oil (4)

Table III. Methods of Preparing and Designating Alumina Catalysts®

Catalyst

18
19
19°¢

Method of prepn.
A (pure)
A

A

A impreg. with NaOH
A impreg. with NaOH
A impreg. with NaOH
A impreg. with NaCl
A impreg. with NaCl
A impreg. with NaCl
C (in NaOH)

C (in NaOH)

C (in NaOH)

C (in KOH)

C(7)* (in KOH)
C(7)* (in KOH)

Temp.,
°C
400
600
700
600
600
600
600
600
600
600
600
600
360
360
700

¢ Number of washings after precipitation.

® Data

of Pines and Haag (5).

Conditions,
hr atm

4(10 mm)
4(10 mm)
4 (10 mm)
4 N,
4N,
4N,
4N,
4N,
4N,
4N,
4N,
4N,
16 N,
16 N
4N,

Wt %
Naor (K)

0.11
0.2
04
0.2
0.6
15
0.65

(0.09)

Area,
m2/g

246
147
152
280

215

371

384
298
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Figure 6a. Model reactions used to evaluate relative activi-
ties of aluminas
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decreases the acidity of these materials relative to the isopropoxide prepa-
rations, and the model reactions used were chosen to provide some detail
about these changes. These reactions, shown in Figure 6a, are (I) the
isomerization of cyclohexane (CH), (II) isomerization of 3,3-dimethyl-
1-butene (3,3-DMB), and (III) the dehydration of 1-butanol (BuOH).
Carbonium ion mechanisms are involved in all these reactions, and the
relative stability of these ions (3° > 2° > 1°) can be used as a measure
of the acid strength required to catalyze its rearrangement. Hence the
CH isomerization (2° — 1°) should be more difficult to carry out on a
given surface than 3,3-DMB (Ila) isomerization, where the 2° — 3° re-
arrangement is involved. Subsequent steps in the 3,3-DMB sequence of
II are also of interest. Step IIb, yielding 2-methylpentene from 2,3-DMB,
is a 3° = 1° transformation and would proceed more slowly than the
first step. Similar deductions can be made concerning Ilc and IId as
shown; the point is that it is not only the total reaction of 3,3-DMB which
can be used to indicate some measure of total acidity but also the selec-
tivity between the individual steps which can be used to give some
indication of the distribution of acid strength. Rearrangements via 1°
carbonium ions would occur only on relatively strong acid sites at meas-
urable rates, 2° and 3° on both strong and weak sites. Finally, alcohol
dehydration should also occur on both strong and weak acid sites.

The results (relative catalytic activity here based on conversion under
set conditions rather than directly determined rates) for CH isomeriza-
tion are in good agreement with expectations based on catalyst acidity.
The pure isopropoxide catalysts demonstrated high activity for the isomeri-
zation, while the alkali doped types had very little activity for CH isom-
erization. The 3,3-DMB isomerizations were also in line with expectation,
although the results here were somewhat more complex. The over-all
degree of isomerization was higher than for CH for all catalysts, indicating
that some acidity was effective in this reaction which did not participate
in the CH isomerization, although the product distributions did vary
considerably for the differing materials. Butanol dehydration also occurs
on all types at conversion levels above the CH isomerization, again with
a wide variation in product distribution (between selective 1-butene or
an n-butene mixture).

Generally, all the experimental results are in accord with the expecta-
tion that there exists a distribution of acid site strength on alumina, but
this is far from all the information available to us from the study. What
are the factors which affect this acid strength which so markedly affects
the catalytic properties of an alumina? Surface hydration is one choice
since cracking catalysts require a small concentration of water for maxi-
mum activity. The CH isomerization was conducted with a series of
isopropoxide catalysts heated to differing levels before use, and the meas-
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Figure 6b. Isomerization of cyclohexene (410°, HLSV 2.0): as

a function of calcination temperature of alumina. Solid line, isom-

erization activity per unit volume; dashed line, isomerization
activity per unit surface area (5).

ured specific isomerization activity is determined as a function of cal-
cination temperature, as shown in Figure 6b. Sintering resulting from
the treatment at different temperatures is accounted for in the specific
activities, so there appears to be a quite strong dependence of the cata-
lytic properties (i.e., strongly acidic properties) on the calcination tem-
perature. Since the latter would determine equilibrium surface water
content, one infers that acidity, activity, and surface hydration are all
related. Subsequent experiments of this sort gave similar results for the
3,3-DMB isomerization; hence the hydration effect appears related to
total acidity. It is also interesting to note that very large amounts of
water on the surface (lower calcination temperatures) act as a poison
for the isomerization activity while at the opposite end of the scale some
water is required for catalytic activity. These notions of surface hydration
are consistent with dissociative adsorption of water via hydroxylation of
the surface aluminum and protonation of the oxide; the acidity of the
surface arises from sites corresponding to partial hydration. Peri (12) has
been able to use this as the basis for a Monte Carlo simulation of the
surface hydration of alumina which results in a reasonable interpretation
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of observed infrared spectra in terms of particular groupings of partially
hydrated sites, and the approach has recently been extended successfully
to the prediction of reaction selectivity (between olefin and ether forma-
tion) for ethanol dehydration as a function of surface hydration (13).

A second factor affecting the acidity of the catalysts of Pines and
Haag is certainly the amount of alkali incorporated into the impregnated
or aluminate samples. Figure 6¢c gives some of the results of tests con-
ducted on both CH and 3,3-DMB isomerizations, and the butanol dehy-
dration. In all cases the activity is diminished by the presence of the
alkali, and the similarity in behavior for the various reactions again sug-
gests that similar types of sites are responsible for the catalytic properties
of the alumina. The aluminate catalysts are poisoned by alkali contents
an order of magnitude smaller than those shown for the impregnated
material; presumably this is related to the distribution of poison on the
internal surface of the alumina as well as the mechanism of poisoning.
The question of poison distribution is one to which we shall return later
in more detail with regard to simultaneous diffusion and deactivation
phenomena.

In summary high activity can result either from a large number of
acid sites or strong acidity of the sites. The CH isomerization is a measure

\ O NoOH impregnated
X NoCl impregnated

X
60"\

40 f

Conversion, %,.

20+ X

0.5 1.0
Sodiwumn, wt. %.

Journal of the American Chemical Society

Figure 6¢c. Isomerization of cyclohexene (dotted line), of 3,3-
dimethly-1-butene (solid line), and dehydration of 1-butanol
(dashed line) over impregnated aluminas (350°, HLSV 2.0) (5)



Published on August 1, 1974 on http://pubs.acs.org | doi: 10.1021/ba-1972-0109.ch007

282 CHEMICAL REACTION ENGINEERING

of strong acid sites, dehydration a measure of total acidity. Similarly the
extent and selectivity of the 3,3-DMB isomerization is a measure of total
acidity (over-all conversion), weak acidity (production of primary prod-
uct 2,3-DMB) and strong acidity (further isomerizations to 2- and 3-MP).
Aluminas without alkali poisons have a strongly acidic surface, those
prepared from the aluminate have no strong acid sites, but are weakly
acidic, while impregnation seems to deactivate both strong and weak
sites indiscriminately. From further experiments on the adsorption of
alkali, Pines and Haag obtain values of about 10 strong acid sites per
cm? (aluminate measurements ), and about 7.5 X 10 total sites involved
in 1-butanol dehydration (Figure 7c). Thus pure alumina has roughly
10" acidic sites per cm? with about 10% of this number effective in
isomerization.

We recall that Mills et al. correlated the activity of alumina and
silica—alumina with quinoline adsorption, and the amine index is a well
known means for determination of the acidity of solid surfaces. An inter-
esting further result obtained by Pines and Haag is the relationship
between amine index and catalytic activity. Apparently the index meas-
ures total acidity, and hence one can determine relative activities for a
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Figure 7a. Comparison between trimethylamine adsorption and
isomerization of cyclohexene (410°, HLSV 0.5) (5)
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Figure 7b. Cyclohexene conversion (350°, HLSV 2.0) vs.

acidity; aluminas: O, NaOH impregnated; @, from potassium
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X, from isopropoxide (5)
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Figure 7c. Conwversion of 3,3-dimethyl-1-butene (350°, HLSV

2.0) vs. acidity; alumina from isopropoxide: O, NaOH impreg-
nated; ¢, NaCl impregnated (5)
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Figure 7d. Dehydration of 1-butanol (350°, HLSV 2.0) vs.

acidity; alumina: X, from isopropoxide; @, from potassium

aluminate; M, from sodium aluminate; O, NaOH impregnated;
O, NaCl impregnated (5)

“family” of related aluminas, as shown on Figure 7a—c. However, if one
attempts to compare activity for aluminas from different sources, no cor-
relation is obtained, as shown by the differing curves on Figure 7b for
the three types of alumina in a strong acid reaction, or the shotgun pattern
of Figure 7d for a total acid reaction. The fact that amine index is gen-
erally a satisfactory measure of cracking catalyst activity is at least indi-
rect evidence of a relatively homogeneous acidity of the sites on silica—
alumina. Since two types of sites are indicated in Figure 5a, it might be
concluded that only one is effective in determination of the cracking
activity.

The results with trimethylamine chemisorption on alumina are thus
in good agreement with the reaction experiments. While elucidation of
the detailed catalytic chemistry of alumina is not the object of the present
discussion, it is interesting to note that much of what was learned in this
study was accomplished by specific studies of the poisoning behavior of
the catalyst.

Surrace OxipaTION EFFECTs ON CaTALYTIC AcTiviTy. This example
study by Parravano (6) illustrates a common problem in many oxidation
catalysts where the “active” or lattice oxygen of the solid material is in-
volved in the reaction. Such systems appear particularly confusing on
first sight since it seems impossible to reproduce activity or to obtain a
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consistent interpretation of the kinetics. The reduction of the surface and
the accompanying change in activity may not be poisoning in the normal
sense of the term, but the effects are similar. For the CO oxidation on
NiO investigated here, initial rate of reaction data were not correlated
by any standard kinetic expression, rather the initial rates of reaction
appeared to be represented by an Elovich equation:

rp=ae"” (5)

in which r is the rate in terms of fraction converted per time, o’ and a are
the Elovich constants, and x is the fraction converted. Figure 8a shows
the initial rate data obtained in a constant volume experiment, plotted
according to the integrated form of Equation 5. At longer reaction times,
large deviations from the Elovich correlation were noted, which indicated
that after this initial period of rapid activity decrease, stabilization of
the catalyst occurred and higher conversion data could be correlated by
a conventional first-order plot at the lower temperatures or with an ap-
parent order of 1.25 at the higher temperatures. The first-order results
are shown in Figure 8b. The apparent activation energies determined
were 9.7 kcal/mole for the Elovich region and 2.2 kcal/mole for the low
temperature-high conversion experiments, indicating a considerable dif-
ference in the mechanism of oxidation in the two regions. Pretreatment
of the catalyst with carbon monoxide (no oxygen) eliminated the Elovich
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Figure 8a. Initial rates of carbon monoxide oxidation on nickel
oxide: (0.483 g); pco, 186 mm.; py,, 94 mm.; @, 161°; A, 181°;
@, 200°; O, 212° (6)
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Figure 8b. Carbon monoxide oxidation on nickel oxide: pco,
186 mm.; po,, 94 mm.; low temperature range: O, 106°; @,
125°; @, 147°; A, 174° (6)

region from observed behavior, but O, pretreatment did not. This gives
strong evidence that the initial process on fresh catalyst consists in the
removal of CO by excess O, on the surface. After this initial period of
operation the surface establishes an equilibrium with the reaction mix-
ture; hence the reaction sequence is explained by the following:

0:-S4+CO->S+ CO, (fast)
§4+1/20,=20"-8S (slower)

The initial stabilization occurs through the predominance of the first
reaction, with the steady-state activity level attained when the [O - S]
adjusts to equilibrium with the O, partial pressure.

Much effort has been expended in various phases of oxidation cataly-
sis to relate activity properties to the oxidation state of the surface. In
addition, one may wish to know the selectivity of the catalyst as well in
hydrocarbon oxidations. The reader is referred to an interesting study
by Callahan and Grasselli (14) for an example of one method of analysis
of the selectivity problem.

Coke Formation in Hydrocarbon Reactions. Over the years it has
become apparent that the chemical details of coke formation mechanisms
are not as amenable to inspection nor as obvious as the mechanisms of
chemical poisoning. On the other hand, the kinetics of coke formation
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have been relatively thoroughly investigated (albeit indirectly in most
cases). On most catalysts used in hydrocarbon reactions where coking
is observed, highly unsaturated species of high molecular weight are ad-
sorbed preferentially, and in particular, polyring aromatics have been
associated with coke formation. After adsorption, these aromatics un-
dergo further condensation and hydrogen elimination on the surface to
form hydrogen-deficient coke. In this section we present a more or less
chronological development of information in this area.

The starting point for developing the technology of catalyst fouling
would be the early, empirical correlations of carbon formation in fixed
bed cracking, such as those of Voorhies (2). The basic correlation is
shown in Figure 9a, in which each point represents a run on a fresh or
regenerated catalyst for the time indicated. The result obtained, for
differing catalysts, feed materials, and feed rates at fixed temperature is a
correlation of the form:

C.= Ao (6)

in which C, is the concentration of carbon on the catalyst (which may
be related to the activity s as used in Equation 1), A and n are the corre-
lation constants, and 6 is the length of the process period involved.

One of the problems involved in the specific results obtained by
Voorhies was the apparent independence of the coking correlation of
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Figure 9a. Carbon formation vs. cracking time in fixed-bed catalytic
cracking (2)
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feed rate; this point has been restudied by several workers, and the con-
sensus is that feed rate is important in determining the constants of
Equation 6. We shall see some more detailed explanations later.

The temperature dependence of carbon deposition is not unlike those
characteristic of chemical reaction (i.e., log rate vs. 1/T) although tem-
perature rather than its reciprocal is plotted on Figure 9b. It would,
however, probably be incorrect to pursue the analogy too far, other than
to remark that an activation energy corresponding to these data is rather
low compared with many chemical reactions and may indicate diffusion
control.
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Figure 9d. Feed conversion vs. cracking time and feed rate for fixed-bed
catalytic cracking of an East Texas gas oil with synthetic catalyst (2)

A correlation was also obtained by Voorhies between carbon yield
and conversion, depicted in Figure 9c, which suggests the relationship of
the coking reactions to the other reactions occurring. Further, since
carbon yield is a function of process time (Figure 9a), and conversion
is a function of carbon yield (Figure 9¢c), then one should obtain some
correlation between conversion and process time, as indeed is shown in
Figure 9d. These results correspond to an equation of the form:

z, = BemU? (7)
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in which x, is the volumetric conversion, U is the feed rate, and B, m, and
p the correlation constants.

The general forms of the Voorhies correlations, Equations 6 and 7
(and particularly the former), fit a very large amount of catalyst deactiva-
tion data, not only coking, and are encountered throughout the literature.
The only difficulty with such results is that they are, after all, only em-
piricisms (though very useful ones) and leave one with no clear picture
of more fundamental information concerning kinetics or possible routes
for the formation of coke. In addition, a correlation such as Equation 6
incorporates catalyst deactivation into the formulation of the over-all
kinetics by way of Equation 1 in an ex post facto fashion. The separable
form and the fundamental variables of concentration, temperature, and
time are retained, but Equation 1 becomes:

rp =11 ([C])r2(T)s(6) (1a)

Despite these shortcomings, it is quite striking that any correlation at all
could be obtained from such different catalysts, operating conditions, and
complex feeds. Very extensive applications of correlations of this type
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Figure 10a. Conversion vs. process time at various conditions of total
pressure and H,/CzH ,, molar feed ratio (all other conditions “standard’)
(16)
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Figure 10b. Decline in activity with process time and with carbon depo-
sition (“standard” conditions, except process time) (16)

to cracking reactions are reported by Blanding (15). Some of the sub-
sequent studies we use as illustrations were concerned with experiments
in more well characterized systems to eliminate some of these uncer-
tainties.

Rudershausen and Watson (16) studied the aromatization of cyclo-
hexane on a commercial molybdena-alumina gel catalyst (10% molybdena
as MoO;) with surface area of 90 m2?/gram. The “standard” conditions
of the studies reported in Figure 10 refer to fixed bed reactor, 31.2 grams
catalyst, (W/F) of 10.4 grams catalyst/(gram mole C¢H;2/hour), pres-
sure of 1.7 atm, T of 940°F and a H,/C¢H;2 molar feed ratio of 4:1. Be-
havior similar to that noted by Voorhies was observed in this study. The
initial very rapid decline in catalyst activity with time of operation
shown in Figure 10a can be correlated as an exponential function of either
process time or carbon deposition, Figure 10b. This suggests kinetics of
the form:

dcC,
do

(8)

ISP
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where K is some rate coefficient. In contrast to the results of Voorhies,
however, Rudershausen and Watson observed a strong temperature de-
pendence of the coking rate, indicating that their K was related to the
actual coking kinetics. The form of Equation 8 can be related to more
fundamental events by the following argument. Assume that the reaction
involved is the addition of an adsorbed molecule of reactant to an adja-
cently adsorbed large coke molecule, to produce a yet larger adsorbed
coke molecule. Hence:

An+A_>An+1

where A, is the adsorbed coke molecule, A the addition molecule and
A,.1 the product coke. From a conventional Langmuir-Hinshelwood
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Figure 10c. Effect of £Mid pressure of hydrogen on
carbon deposition (“standard” conditions, except total pres-
sure and H,/C4H,, molar feed ratio) (16)
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analysis for surface reaction between adjacent sites rate determining, the
rate of coking is:

K'Cy, Py

T (I + EuPy + KgPr + Ca, )2 ©

Te

where C,, is the concentration of coke on the surface, P, and Py the par-
tial pressures of coke precursor and reactants, respectively, and Ka, Kg,
and K’ are the adsorption and rate constants involved in the LH descrip-
tion. Under conditions such that the strong adsorption of coke makes
the last term in the denominator of Equation 9 predominate, then:

_ R'Cy,Pa ~_ K'P,
CAz CAn

(10)

Fe =

n

For a given run under the conditions of the experiments of Rudershausen
and Watson, P, represents some average value which appears constant;
hence Equations 10 and 8 are identical, with K’Py = K and C,, = C..
Another experimental fact supporting the general form of Equation 9 is
the suppression of coke formation by increasing hydrogen partial pres-
sure, as shown in Figure 10c. This would presumably be not only the
result of increased adsorption competition, represented by the KgPr term
but also of some reversal or competition with the coking reaction.

The dual-site view of the coking mechanism has been supported, at
least in part, by more recent evidence (17), which we discuss subse-
quently. Although the coking certainly affects aromatization activity, it
is not clear that the identical catalytic functions involved in coking are
also involved in the main reactions. Prater and Lago (18) studied this
aspect of the mechanism of coking by looking at the formation of a par-
ticular type of coke product formed from cumene hydroperoxide on
silica—alumina (90 wt % SiO., 10 wt % Al,Os, 350 m?/gram) which did
not lead to deactivation of the catalyst. Even though the catalyst was
not deactivated by this type of coke, however, one could not say that the
sites responsible for coke formation were different from those active in
the main reaction since it is quite possible to visualize the kinetic scheme
as:

R+S=2R:-S—=P+4S (main)
A+S=2A -S—>coke+ S

where R and P are reactants and products in the main cracking reaction,
and the scheme does not include coke removing active sites from the
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system in this particular instance. This type of scheme leads to a rate
equation for coke appearance of the form:

K” PA

~ T X ExPs + KeP) (11)

Te

The experimental data on coke formation are given in Figures 11a and b
in terms of coke formation as a function of hydroperoxide concentration
(A in the above reaction scheme) and time of operation. The linear rela-
tionship with concentration (actually with mole fraction, x,; Prater and
Lago reported an independence of rate on total pressure level, but we
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Advances in Catalysis

Figure 11a. Percentage of coke by weight on catalyst
at 4000 sec as a function of mole fraction of cumene
hydroperoxide in cumene (18)
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will not concern ourselves with that for the present purpose), and the
nearly square root dependence on time can thus be written as:

C.= (2K9)'2P, (12)

which is obtained from the rate equation:

_ 4dC, _ Kpy

@~ C. (13)

Te

Obviously, the forms of Equations 11 and 13 are not compatible, and
again the indication is that coke is not formed by direct action of cracking
sites but possibly by some other activity which, in the case of coke pro-
duction which deactivates the catalyst, yields a product that subsequently
is adsorbed strongly on the active cracking sites. Figures 1lc and 11d
indicate that this type of behavior is also observed with more complex
feed materials which also contain inhibitors whose cracking reactions
are similar to those of cumene hydroperoxide. Results such as those of
Rudershausen and Watson and Prater and Lago, thus, establish at least
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a primitive case for the existence of a kind of bifunctionality in the cataly-
sis of coke formation in cracking reactions, even on different types of
catalysts. Mechanistic speculation aside, however, our real interest in
these results at this point of the discussion is the demonstration of the
existence of Voorhies-type relationships in differing reactions and differ-
ing catalysts by different investigators, and the fact that such results can
be related to plausible kinetic schemes.
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Figure 11c. Percentage of coke by weight as a function of vol-
ume fraction of light East Texas gas oil present in cumene (18)

More recent and detailed experimentation on the kinetics of coke
deposition by Eberly et al. (17) has shown that the correlations are not
quite as simple as those originally indicated by Voorhies. Their work
was conducted with n-hexadecane and LETGO feeds, cracked at 500°C
by a 13% Al,03-87% SiO; catalyst of 382 m?/gram surface area. One
of the purposes was to test the validity of the Voorhies form over a wider
range of test conditions than reported previously, and some of the primary
results are given in Table IV. Excellent correlation by the form of Equa-
tion 6 is obtained in all cases, but the data in the table indicate that the
values of the correlation constants are definite functions of reaction con-
ditions and feed composition. Of particular interest are two factors, (a)
variation of the correlation with feed rate, which was not found by
Voorhies, and (b) the range of values of n.
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Table IV. Constants in C. = A"
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Figure 11d. Effect of amount of coke deposited on catalyst as a function of
time for cracking of light East Texas gas oil. The solid line represents the

Fixed bed of 13% Al,03-87% SiO. at 500°C*

Feed Vol/Vol/Hour

n-Hexadecane 0.2
0.5

1

2

5

10

20

East Texas light gas oil 0.5

10
¢ Data of Eberly et al. (17).

A, wt P

0.049
0.11
0.16
0.22
0.29
0.31
0.29

0.25
0.52
1.05
0.90

n

0.97
0.86
0.78
0.70
0.60
0.52
0.44
0.82
0.70
0.42
0.41
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Figure 12a. Carbon formation on 13% Al,0;—87% SiO, from cracking of
n-hexadecane at 500°C (17)

Considering the latter point first, a number of workers (I18) had
obtained correlations with the square root of time, and this had been
interpreted in various quarters as being indicative of a diffusion limitation
in coke formation. We already know this is not necessarily so since the
n — 1/2 could be obtained from perfectly respectable kinetics as in the
case of Rudershausen and Watson; however, the range of n values in
Table IV provides additional support to the hypothesis that coking is not
a universally diffusion-limited process. In addition, Eberly et al. investi-
gated the effect of particle size on net carbon deposition, finding no de-
pendence on size in the range 75-2400 microns. This again is evidence
for the absence of diffusional effects.

The experimental results demonstrating dependence of coking kinet-
ics on space velocity are shown in Figure 12a, where the solid lines repre-
sent a regression fit to the experimental data. The form of dependence
varies somewhat with time of operation but over limited ranges of space
velocity (Voorhies observed vol/vol/hour from 0.3 to 1.2), particularly
at longer reaction times, the carbon deposition is nearly independent of
feed rate. A cross plot of the regression lines in Figure 12a can be used
to obtain carbon deposition profiles in a fixed bed, Figure 12b; these are
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very strong functions of feed rate and in some ranges indicate a maximum.
Maximum carbon deposition corresponds to minimum catalytic activity,
and it is worth noting that even with such variable and spatially dis-
tributed bed activity very similar characteristics in terms of conversion
vs. time for the reactor over-all are observed. Figure 12c illustrates the
similarity of results obtained with n-hexadecane to a cracking feed more
representative of reality.

Another kind of question can be asked regarding the interrelation
between diffusion and coking, this being whether the formation of coke
has any effect on the catalyst diffusivity. In such an event, one would
visualize the coke formed as building up in layers, shutting off some pores
of the catalyst structure entirely and reducing the dimensions of others.
Ozawa and Bischoff (19) have conducted experiments with ethylene
cracking at 350°-500°C and 1 atm on a commercial silica—alumina cata-
lyst (Mobil Durabead, 90 wt % SiO., 9.7 wt % Al;O3;, ~200 m?/gram)
to investigate this point. Some of their typical results are shown in Table
V. The effective diffusivity data indicate that except for some decline
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Figure 12b. Carbon formation on 13% Al,0;-87% SiO,
from cracking of East Texas light gas oil at 550°C (17)
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(17)
Table V. Effect of Coke on Diffusivity”®

After Regeneration

Before Regeneration at 450°C
Wt % Coke Diffusivity Diffusivity
Sample onCAT sq cm/sec sq cm/sec
CAT-C 0.395 0.0104 0.0094
CAT-C 0.521 0.0104 0.0104
CAT-C 0.954 0.0090 0.0086
CAT-B (fresh) 0.0 0.0217 —
CAT-B 0.201 0.0175 0.0192
CAT-B 0.584 0.0174 0.0196
CAT-B 0.274 0.0188 0.0188
Surface Area of Fresh and Coked Catalyst
Wt % Coke Surface Area,
on Catalyst m?/g
0.0 211
0.20 208
0.39 202
0.58 200
0.95 213

¢ Hydrogen at room temperature.
® Data of Ozawa and Bischoff. CAT-B—Particle diameters between 4.76 and 3.36
mm ; CAT-C—Particle diameters between 3.36 and 2.38 mm.
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which is associated with the initial lay-down of coke on the surface, the
mass transfer characteristics of the catalyst are unaffected by carbon depo-
sition. (The self-consistency of diffusion results is such that the experi-
mental values of diffusivity are the same before and after regeneration
within experimental error.) In addition, measurements of the total sur-
face area (BET) indicate essentially no variation with coke formation,
in support of the diffusivity results.
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Figure 13a. Relation of conversion to process time (catalyst deactivation)
19

In their experimental measurements of conversion vs. process time,
shown in Figure 13a, Ozawa and Bischoff noted an initial rapid decay in
activity, followed by a slower, long term transient. Similar behavior had
been noted by several prior workers, such as Rudershausen and Watson
(Figure 10a) with cyclohexane aromatization on molybdena-alumina
and Pozzi and Rase (20) with isobutylene hydrogenation on Ni-kiesel-
guhr; hence, it was postulated that the coking rate could arbitrarily be
associated with one of two regimes, depending on the level of coke depo-
sition or process time. They were able to check this experimentally, using
a direct and continuous gravimetric measurement of the total catalyst
weight, the variation with time being attributed to coke deposition. The
results for CAT-B and CAT-C are shown in Figures 13b and c; these
precise measurements clearly indicate that two straight lines on the log-
log correlation, intersecting at a time of about 10 minutes, are required
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Figure 13b. Relation of weight per cent coke on catalyst to process time
(Catalyst B) (19)

to represent the coke concentration on catalyst via a Voorhies correlation.
We shall see later that such behavior is not inconsistent with a type of
diffusion-limited coke deposition in which a coke layer is progressively
deposited within the catalyst structure. The values of the Voorhies ex-
ponent for the coking at § > 10 minutes obtained by Ozawa and Bischoff
for differing flow rates and temperatures, are given in Table VI. Again,
a range of values for n is obtained, generally increasing with increasing
temperature which is, of course, opposite to what would be expected if
coking rates were diffusion limited.

There are surprisingly few studies in detail of the possible chemical
mechanisms of coke formation, but the work which has been done is quite
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informative in some aspects and does not conform exactly to the expecta-
tions one might have as a result of the investigations we have just dis-
cussed. One relatively recent and detailed study of the mechanism of
coke formation is that of Appleby et al. (21) who were concerned with
determination of the importance of aromatic content on the extent of coke
formation, the mechanism of coke formation via aromatic reactions, and
the contribution of very reactive compounds such as olefins to the over-all
coke formation. Although we have seen that noncyclic materials can lead
to significant coke formation, as in the studies of Rudershausen and Wat-
son and Ozawa and Bischoff, the bulk of evidence is that the aromatic
content of process streams is primarily responsible for coking. Typical

1 I | I |
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Figure 13c. Relation of weight per cent coke on catalyst to process time
(Catalyst C) (19)
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of such structures are benzene, naphthalene, phenanthrene, chrysene, and
pyrene rings with various alkyl substituents. In cracking reactions, the
side chains are effectively removed first, so the bare ring structures seem
to be the important intermediates in coke formation. An indication of the
importance of aromatic content is shown in Table VII, where the coke
yield of a hydrogenated cycle oil is about one-third that of the nonhydro-
genated material. The monoaromatics here are mostly Tetralin and indane
types, diaromatics are naphthalenes, triaromatics phenanthrenes, and
higher pyrene, perylene, etc.

The experiments reported by Appleby et al. consisted of cracking a
series of aromatic, naphthenic, heterocyclic, and paraffinic hydrocarbons
on either a commercial silica~zirconia—alumina catalyst (86.2/9.4/4.3 wt
% ; UOP Type B) or a synthetic silica—alumina (90/10 wt %; American
Cyanamid Co.). The reaction conditions generally were 500°C, 1 atm
reactant pressure, and flow rates on the order of 10 moles/liter/hour.
One series of experiments was conducted with n-butene and 1,3-butadiene
to investigate the coking properties of olefins, which although not of the
structure of the final coke product, are nonetheless very reactive com-
pounds which could interact with already adsorbed species and undergo
condensation and hydrogen elimination. At 500°C a substantial amount
of higher boiling products was produced, 22% by wt in the case of
n-butene, of which half was aromatic. The coke formation was about 15
wt % of charge and contained 4.9 wt % H,, compared with 14.3%
H, in the feed. Since similar results were obtained with the butadiene,
it was concluded that even with low molecular weight straight-chain

Table VI. Exponent in Voorhies Correlation®

Reaction C.H,

Run Temp., Flow Rate, n,

No. °C ce/min 9> 10
Reactor A

077 499 100 0.902
096 499 75 0.885
075 498 50 0.913
094 500 30 0.881
097 450 75 0.742
082 449 50 0.820
083 450 30 0.841
098 400 75 0.625
080 399 50 0.736
081 399 30 0.605
099 350 50 0.554

¢ Data of Ozawa and Bischoff (19).
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Table VII. Aromatics Composition and Coke Formation from a
Recycle Oil before and after Hydrogenation®

Recycle Oil
Hydrogenated

H, added, cu ft/bbl 0 745
Aromatics content, mmoles/100 grams

monoaromatics 27 102

diaromatics 39 15

triaromatics 73 8

higher 23 5
Coke yield in catalytic cracking, wt

% of feed, at 50% conversion 13 4

? Data of Appleby et al. (21).

hydrocarbons (excluding paraffins, which were found generally unreac-
tive at these conditions) polymerization and cyclization reactions occur
which produce significant quantities of aromatics and low hydrogen coke.

Experiments conducted with polycyclic aromatics and some hetero-
cyclic compounds containing S, N, and O, determined the coke forma-
tion on catalyst at the conditions as shown in Figure 14a. The general
characteristics of coking behavior are indicated by the sequences shown
in the figure. Coke formation is more pronounced in condensed rings
(naphthalene — anthracene, etc.) than in linked rings (biphenyl — ter-
phenyl, etc.), while with the heterocyclic materials the hydrocarbon
analog was always most productive of coke. The conversion of nitrogen
bases such as quinoline is in general accord with the results of Mills et al.,
discussed previously.

In the cracking of both olefins and aromatics, substantial reductions
in surface area were obtained: n-butene and phenanthrene giving similar
results of 22 and 33% loss in surface area at 2.8 and 10.4 wt % coke on
catalyst, respectively. This is, of course, in considerable disagreement
with the results of Ozawa and Bischoff, although the levels of coke depo-
sition were somewhat lower in their study. This point seems to be the
focus of considerable disagreement among various experimental results
reported in the literature. Other conflicting studies, for example, are
those of Ramser and Hill (22) who found a 27% decrease in surface on
formation of 2.2 wt % carbon, and Haldeman and Botty (23) who found
very little effect of coke deposit on either surface area or pore size dis-
tribution at levels on the order of several wt %. Since the catalysts used
in the various studies were somewhat different, however, one must con-
clude that the effect of coking on the mass transfer characteristics of
cracking catalysts is structure sensitive, and each case must be examined
individually.
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Figure 14a. Coke formation from polycyclic and heterocyclic aromatics over

fresh silica—alumina catalyst. Temperature = 500°C; process period = 15

minutes; pressure = atmospheric; flow rates = ca. 10 to 13 moles/liter /hour,

except for compounds named in parentheses; numbers indicate coke as weight
per cent of catalyst (21).

The point has been considered in detail by Levinter et al. (24) in a
series of coking experiments on silica—alumina catalysts, the most impor-
tant of which involved styrene—benzene mixtures at 500°C and LHSV
of 5 cc/hour-gram catalyst. In all cases a limiting degree of coking was
observed, which varied with styrene concentration (benzene being essen-
tially inert for coke formation under the conditions employed), with
catalyst average pore radius and with flow rate and average catalyst
grain size. This limiting degree of coke formation, however, did not in
general correspond (in terms of wt % coke on catalyst) to the maximum
possible amount of coke deposition computed from known catalyst poros-
ity and coke density, about 68% for the experimental materials used. The
limiting amount varied from 10 to 50 wt % on catalyst but generally was
associated with a lower limiting specific area of around 2m?/gram (initial
surface areas were not reported ), which indicates strongly that the limiting
value of coke formation corresponds to pore blocking and consequent
elimination of accessible surface. This pore blockage may occur more or
less uniformly throughout the catalyst structure, or, if temperatures are
high and coking rates large, in a discontinuous reaction zone or shell
(discussed later in detail ).
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The quantitative results of Levinter et al. are probably of less interest
than the demonstration that pore blocking can occur on coke deposition
to various extents depending strongly on catalyst properties and reaction
conditions. Hence, under extreme conditions it might be possible to
eliminate completely accessible surface at very low total levels of coke
on catalyst while under more moderate conditions near-theoretical lim-
iting amounts would be required before surface access was denied. The
results of various workers concerning changes in diffusivity and surface
area which we have discussed, then, are not necessarily in conflict; one
can conclude that coke formation can, under proper conditions, sub-
stantially alter physical and transport properties of catalysts as well as
their activity.

Table VIII. Reaction of a Benzene—Naphthalene Mixture*

Composition, 78 mole % benzene Process period, 1 hr
+ 22 mole % naphthalene Pressure, atmospheric
Flow rate, 6.0 moles/liter/hr
Temperature, 500°C Catalyst, fresh silica—alumina
Distillate Residue
Below 161- 261- above
Fraction Gas 161°C 261°C 492°C 492°C  Coke
Charge, wt % 0.01 69.52 23.79 0.18 2.26 2.63
Analysis
carbon — — 93.7 93.4 95.2 85.2
hydrogen — — 6.3 6.6 48 2.9
ash’® — — — — — 11.9
Loss on heating® — — — — — 1.5

Some Polycyclic Aromatics Identified in Residual Oil
from Benzene—Naphthalene Mixture

Relative
Molar
Polycyclic Quantities
Fluoranthene 6
Perylene 4
Benzofluoranthene 1
1,2-Benzanthracene 3
Chrysene 3
Pyrene 1

¢ An effort was made to separate roughly the benzene, combined naphthalene, and
methylnaphthalene fractions, and higher boiling distillate. The temperatures listed
are of the vapor in a Claisen flask. The quantities of material involved were too small
to avoid some remixing in the take-off manifold.

® By combustion of coke remaining after NaOH dissolution of catalyst.

°In nitrogen at 200°C.

¢ Data of Appleby et al. (21).
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The structure of the coke layer deposited by various hydrocarbons
was examined by Appleby et al. via x-ray diffraction; it was concluded
that all deposits were quite similar, involving a turbostratic layer struc-
ture suggestive of condensed aromatic nuclei of high molecular weight
serving as the reaction intermediates in coke formation.

One particularly interesting result shown in Figure 14a is the very
high activity of anthracene and other condensed aromatics in coke forma-
tion, which led Appleby et al. to postulate that interactions involving
benzene and naphthalene might be taken as representative of important
reaction paths in coke formation. The results of some experiments along
this line are given in Table VIII. The product fraction above the boiling
point of the feed mixture is of particular interest since it would contain
those materials most closely related to coke formation, most particularly
the high boiling residue (>492°C) which is formed in amounts about
equal to the coke formation, assuming the figure given for the latter
refers to total feed. The spectra of that portion of the residue soluble
in benzene showed the compounds listed in the second part of Table
VIII to be present in the indicated relative quantities, in total amounting
to about 10% of the entire high boiling residue. The first three listed
are direct addition products, while the others demonstrate the occurrence
of possible complex dehydrogenation or polymerization steps. Nonethe-
less, it seems clear that an entire spectrum of condensed aromatics can
be formed by reactions of this type—that is, characterized in general by
the simple type of addition visualized by Rudershausen and Watson.

Further experiments were conducted to test the effect of side chains
on coke formation using alkyl benzenes and naphthalenes. Coke increases
with the total number of substituted alkyl carbon atoms, rather than with
the number of alkyl substituents—viz.:

—CH,CH,CH3; —CH;

> ... ete.
—CH;,

Structural factors such as this are far more important in determining
coke formation tendencies than is molecular weight, and over-all reac-
tivity would, as in the case of cracking activity, be expected to be related
to the acid—base properties of the catalyst-reactant involved. A rough
correlation of this sort is shown on Figure 14b, in which a property re-
lated to the basicity of the aromatic is plotted vs. carbon deposition for
the cracking experiments of Appleby et al. There is certainly some evi-
dence here that the acidic property of the catalyst is responsible for coke
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formation, presumably via the formation of carbonium ions generated

from various aromatics. For the benzene-naphthalene reaction, then,
one could write:

0 — O@

(proton elimination)

v —— (proton elimination)

VII

where the original H atoms and double bonds have been eliminated for
simplicity. Dehydrogenation of VII would lead to the principal fluoran-
thene product listed in Table VIII. It is also worth noting that, depend-
ing on the details of the benzene interaction with the surface and the
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Figure 14b. Coke formation in catalytic cracking and hy-

drocarbon basicity (21). [Basicity as defined by E. L.

Mackor, A. Hofstra, and J. H. van der Waals, Trans. Faraday
Soc. (1958) 54, 66, 186].

speed of intermediate steps, such a scheme is not inconsistent with the
“dual site” analysis used by prior workers. However, the implication is
that similar catalytic functions are involved in coking and cracking, which
is not exactly the picture provided by some of the data we have discussed.

A final study we consider dealing with the structure and mechanism
of the formation of coke is the infrared work of Eberly et al. (17). They
determined the spectra of the carbon deposit resulting from the cracking
of various materials on a Si0,—Al,O; catalyst, described previously. The
substance of their results is given in Figures 15a and b. The particular
bands of interest here are those of the C—H stretch region, 3100-2800
cm’), with aromatic, methylene, and methyl groups as shown in Figure
15a. A second feature of the spectra of interest is the region 700-1800
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cm’l, shown in Figure 15b for the 1-methylnaphthalene cracking. These
frequencies can be assigned to aromatic skeletal vibrations, and since the
intensities in this region are strong compared with the various C-H fre-
quencies, it was concluded that the coke deposits were largely composed
of highly condensed aromatic structures of low hydrogen content, ob-
servations which are quite in agreement with those of Appleby et al.
Additional evidence for the low hydrogen content of the coke is provided
by the data on olefin formation from n-hexadecane cracking shown in
Figure 15c. These indicate that conversion to olefins decreases at high
feed conversion, which Eberly et al. interpret as being caused by hydro-
genation of the unsaturates by hydrogen transfer from the adsorbed
molecules.

Most of the information available in the literature concerning the
kinetics and mechanism of coke formation deals with silica—alumina
catalysts, a situation which is reflected in this review. The advent of
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Figure 15a. Infrared spectra of coke deposits from 13%
Al,0;-87% SiO,. Obtained by cracking various com-
pounds at 445°C and 0.4 v/v/hr (17).
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commercial zeolitic catalysts has produced a certain amount of similar
information with respect to these materials. Coke formation on zeolites
is the concern of a recent experimental study by Eberly and Kimberlin
(25), and some typical recent data on zeolitic deactivation kinetics are
given by Weekman (26, 27) and by Weekman and Nace (28).

Sintering of Active Surface Area. Cohesive information or analysis
of catalyst deactivation by sintering, particularly the kinetics thereof, is
not widely available in the literature, and the discussion here is corre-
spondingly limited. Indeed, we treat only two examples, the sintering
of a Pt—Al,O; catalyst and a “chemically-assisted” type of sintering of Pt
film which has been described recently.

Sintering is normally thought of as a thermal phenomenon in which
crystallite agglomeration and growth occur by several possible mecha-
nisms (i.e., surface or grain boundary self-diffusion) which can be con-
sidered activated (29); hence, long periods at high temperature lead to
the loss of internal surface areas in porous structures typical of catalysts
or supports. A typical example of this is shown in Figure 16a, giving the
data of Maclver, Tobin, and Barth (30) for - and y-alumina surface area
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Figure 16a. Surface area and water loss of eta- and gamma-alumina (30)
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Table IX. Platinum Size Measurements”’

hrsat cc H, (STP)/ m2/ Area,  d average

Sample  780°C g cat g cat m2/g Pt Ptsize (A)

1 0 0.282 1.397 233 10

2 2 0.245 1.213 202 12

3 4 0.087 0431 72 33

4 10 0.039 0.193 32 73

5 17 0.018 0.039 15 158

6 72 0.0062 0.031 5 452

n-Heptane Reforming Experiments

Sample 1 2 3 4 5
Area, m?/g Pt 233 202 72 32 15
de(4) 10 12 33 73 158
MSHSV, mole/m? Pt hr X 102 1.75 2.02 58 127 27.1
mole % n-heptane remaining 3.0 35 4.6 7.0 9.8
mole % dehydrocyclization 374 32.8 268 216 17.7
mole % isomerization 9.0 10.6 142 21.7 24.3
mole % hydrocracking 50.6 53.1 544 49.7 48.2

¢ Data of Maat and Moscou (33).

and water content. These equilibrium values illustrate the magnitude of
surface (and activity) loss possible; from 500° to 800°C the y-alumina
loses almost 30% of its original surface. Similar magnitudes are typical
of other materials also, as those who have encouuntered sintering prob-
lems can attest only too well.

The incorporation of sintering kinetics into expressions such as Equa-
tion 2 would be desirable since this type of deactivation could then be
handled in analysis in a manner similar to poisoning or coking deactiva-
tions. As indicated, it is possible to represent sintering as an activated
process; for example, the surface and grain boundary self-diffusion co-
efficients of nickel have activation energies of 14.3 and 28 kcal/mole,
respectively (31). The system of catalytic interest for which the most
information is available is supported platinum. The original work on Pt
sintering kinetics was reported by Herrman et al. (32), who correlated
the rate of decrease in surface area of a Pt—Al,Oj; catalyst as second order
in remaining surface area. This approach forms the basis of the study
of Maat and Moscou (33), who were interested in sintering effects both
on activity and selectivity in Pt-catalyzed reforming of naphtha. They
used a commercial powerforming catalyst, 0.6% by wt Pt on Al,O; con-
taining approximately 0.5 wt % chloride. Experimental results on the
kinetics of the sintering of this catalyst are given in Table IX. These
experiments consisted of heating the original sample for the time indicated
in an inert atmosphere, then determining surface area of the Pt by hydro-
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gen chemisorption, B-E in Table IX (34) and by electron micrography,
F. As indicated in column F, the crystallite size distribution is very wide,
and the average sizes obtained from chemisorption are perhaps more
useful in kinetic interpretation. If sintering kinetics are taken as second
order in Pt area, we have:

1 1

A, A,

+ ka6 (14)

where A, and A,, are current and initial surface areas, respectively, and
k, is some sintering rate constant. A plot of the data of Maat and Moscou
according to Equation 14 is shown in Figure 16b; a good correlation is
obtained. Previous data of Herrmann et al. indicated an activation en-
ergy of about 70 kcal/mole for the sintering of Pt; this value, while high,
is not inconsistent with those of volume diffusion coefficients in some
fcc metals.

The effects of sintering on reactivity and activity in n-heptane re-
forming at 200 psia, 500°C, 2.44 gram/hr-gram catalyst and Ha:
n-heptane of 5.3 mole/mole are also summarized in Table IX. Significant
effects on activity are seen although not as large as might have been
expected; change from 233 to 5 m?/gram Pt, a 98% reduction in area,
gives a change in conversion from 97 to 76%, only a 25% reduction. This
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Figure 16b. Second-order sintering reaction (33)
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Figure 16c. Product distribution of n-heptane re-
forming (33)

is in part caused by differing intrinsic activity associated with different
crystallite sizes, and is a sufficiently complex problem to be well beyond
the present discussion. A further important message is conveyed by these
results, however, and is illustrated in Figure 16c. The selectivity between
the various n-heptane reforming products changes markedly with differ-
ing degrees of sintering since changes in activity seem primarily to be
reflected in decreased cyclization reactions; the sum of cyclization and
isomerization remains approximately constant. Since the aromatics pro-
duced in dehydrocyclization reactions would contribute more to an octane
rating of the product than any of the other components, this decrease
represents a real change in product quality resulting from a selectivity
alteration caused by deactivation. It is important, then, to keep in mind
that catalyst deactivations of all sorts may affect not only the activity,
but the selectivity properties of a catalyst as well.

Another mechanism of sintering of metallic surfaces has been re-
ported by a number of investigators, of which the study by Clay and
Petersen (11) is a recent example. In these cases, the chemisorption of
a poison on the metal surface causes crystallite growth, such that one can
regard the phenomenon as a chemically assisted type of sintering. Clay
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and Petersen observed the sintering of Pt films on chemisorption of arsine;
the resulting non-selective decrease in activity of the film for cyclopropane
hydrogenolysis, which we have already shown in Figure 4, was demon-
strated to be correlated directly with a decrease in the surface area of
the film. The net sintering effect was probably the primary result of the
formation of PtAs, on the surface on chemisorption of AsH; according to:

Pt + 2AsH;3; — PtAs; + 3H

PtAs; has a much lower melting point than the metal; hence its formation
would tend to decrease considerably the thermal stability of the catalyst
at a given temperature level. Moreover, there is approximately a 35%
increase in the lattice parameter as one goes from Pt to PtAs., and the
heat of chemisorption involved in the Pt—-AsHj; interaction was estimated
by Clay and Petersen to be in the range of 90-120 kcal/mole Pt. Thus,
the combination of altered thermal and geometric properties of the sur-
face plus significant heat effects on chemisorption was thought to induce
the loss of surface area which was directly reflected in loss of activity.

Observations of directly induced thermal sintering are relatively
widely available for cracking catalysts. Not much rate analysis has been
done, with the exception of a recent engineering study by Gwyn (35),
and since the over-all problem is closely bound up with the question of
the development of thermal gradients within catalyst particles on coke
burnoff (36), our discussion of this particular type of sintering is post-
poned to a later section. Further detail on the physical mechanisms of
sintering and experimental methods for their investigation can be found
in the paper by Kingery and Berg (29).

It seems clear from the foregoing examples on poisoning, fouling,
and sintering that whatever the microscopic mechanism of the process,
one may consider it in terms of an additional chemical process to that
of the main catalysis which is occurring. This has important implications
in chemical reaction engineering since it means that the separable form
of rate equation, as in Equations 1 and 2, does correspond to physical (or
chemical) reality, and one generally should be able to isolate and identify
catalyst deactivation effects on the behavior of macroscopic systems. For
reaction modeling purposes, then, it is perfectly adequate to represent
general reaction schemes as indicated under “Mechanisms” in Figure 17.
For example, in the type I system [nomenclature employed by analogy
to the discussion of selectivity by Wheeler (37)] the poisoning of active
catalytic sites by impurity chemisorption is represented by the step L 4
S — L - S. Type II represents a reactant or product inhibition such as
A + S = A - S, which would be associated with coke formation. Obvi-
ously these simple models can be expanded in their form to represent
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various situations such as poisoning or fouling of polyfunctional catalysts,
reversible chemisorptions, etc. Some work of this sort has been done in
reactor modeling and is discussed later; the important point here is that
deactivation can be analyzed in terms of normal reaction kinetics with
associated rate constants and activation energies, even when an appar-
ently physical process such as sintering is concerned.

Type I A+S—> B+S
L+S—>L-S

Typell A+S— B+S
A+S—>A-S

A+S—> B+S
B+S—B-S.

Chemical Engineering Science

Figure 17. Type I and type
II mechanisms (77)

In fact, there is a bit of divergence in the manner in which kinetics
of deactivation have been handled in the literature. Szépe and Levenspiel
(3) have tabulated the forms of activity correlation foted in studies such
as those we have discussed, as shown in Figure 17a and b, many of which
are variants of the forms of Equation 4. We have demonstrated an
example of almost every type shown here, and in each case it is pos-
sible to relate the observed activity correlation to a rate equation based on
activity only, as shown in Table X. Thus, while the exponential form of
activity correlation would arise from the rate equation for deactivation:

ds
b = —PBazs (15)

the corresponding form according to a type I mechanism would be:

ds
o5 — sl (16)

where the appearance on the RHS of the concentration of poison, I, pre-
vents the rate of deactivation from being a function only of current ac-
tivity, s. The distinction between Equations 15 and 16 is important to
keep in mind since the literature we discuss subsequently treats deactiva-
tion kinetics in both ways.

As shown in Table X, Szépe and Levenspiel propose a general power
law form for the kinetics of catalyst deactivation, by whatever means.
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Form of activity

Author System Equation
decay
Linear Maxted t Liquid-phase hydrogenation of crotonic acid s'=g' - B 19
on plati (poi d by thiophene), and
other hydrogenations
Eley-Ridcal i Para-hydrogen conversion on tungsten
(poisoned by oxygen)
Exponential Pease—Stewart Hydrogenation of ethylene on copper
(poisoned by carbon id. e
Herington—Rideal Dehydrogenation of paraffins on chromia- s '=8 oexP('Bze)
alumina
Hyperbolic Germain—-Muurel 3 Dehyd of 1-1-3 cycloh on

aat - Moscou
Pozzi-Rase

Reciprocal power See b foralistof

function some observations of
this form
Elovich-cquation Parravano 't

platinum-alumina ; Pk - A1,04 sinfeving
Hydrogenation of iso-butylene on nickel

Oxidation of carbon monoxide on NiO

1/s'= 1/s(') + 840
xo-xolx-x“ =14 849
s = a0 P5

s' =A'9P6

dx/de = Bexp(-B¥X)

t Good linear fit only in the initial range of deactivation.

t  The initial data are not well fitted.
Data obtained in low consaesion region.

tt Data obtained in batch system, at low conversion levels.

Proceedings of the 4th European Federation

on Chemical

Reaction Engineering

Figure 17a. Experimentally found deactivation equations (3); s’ = conversion
definition; s = rate definition

Value of B Value of f5 Value of fs
Author System C.= A00 s= B P s'=A40"%
Voorhies 1 Gas oil cracking on natural and syn- 0.38-0.53 — 0.19
thetic catalysts
Blanding Catalytic cracking of light East Texas — 0.57 -—
gas ‘oil on natural clay
Ruderhaus  Watson Aromatization of cyclohexanc on 0.55 0.36 —_
MO-AI hydroforming catalyst
Crawford-Cunningham Cracking of East Texas gas oil on 0.44 — —_
natural and synthetic catalysts
Prater-Lago Cracking of cumene on silica-alumina 0.5 — -

t Both ﬁxc& and fluidized beds. Derivation is given for 0= 0.5,

Proceedings of the 4th European Federation
on Chemical Reaction Engineeri

Figure 17b. Coke formation and deactivation in various hydrocarbon reactions

(3)
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While it is felt that forms such as Equation 16 may be more fundamental
than pure activity expressions, this distinction is a small one. The impor-
tant point is that it is possible to obtain a description of the kinetics of
deactivation which, for the purposes of the reaction analyst, may be incor-
porated into the basic equations of conservation for the microscopic
system and not tacked on a postiori via the device of time-dependent
correlation and time averaging.

Table X. Summary of Deactivation Equations in Terms
of the Power Law Form*

Type of Integrated Differential Exponent in

Decay Form Form —ds/df = k’s¥
Linear § =28, — B16 —ds/df = B 0
Exponential s = s, exp(—p26) —ds/df = Bas 1
Hyperbolic 1/s=1/s, + B3 —ds/df = B3s* 2
R 7 =S e

Elovich dz/d§ = B exp (—Brzx)
¢ Adapted from Szépe and Levenspiel (3).

Deactivation Effects in Intermediate Systems: The Analysis of
Individual Particles

When one attempts to incorporate the details of deactivation kinetics
into macroscopic or semimacroscopic catalytic systems, a number of prob-
lems arise which are reminiscent of those associated with the analysis
of transport-limited catalytic reactions. Indeed, in some cases the two
problems are not entirely unrelated, and one of the first studies of deacti-
vation effects on the behavior of individual catalyst particles was that
by Wheeler (37), which demonstrated the apparently selective poisoning
of a catalyst by homogeneous adsorption of poison under conditions of
diffusion limitation.

This section discusses that work and some of the more general anal-
yses which have followed it concerning deactivation and diffusion effects,
both singly and combined, on the action of individual catalyst particles—
the intermediate region between the microscopic events of deactivation
which we considered in the previous section and the macroscopic world
of catalytic reactor behavior which we discuss subsequently. It is as-
sumed that the reader is familiar with the elements of transport-limited
catalysis; for a review, see Satterfield (38).

Homogeneous and Pore Mouth Poisoning. In his famous study of
reaction rates and selectivity in catalysis Wheeler (37) carried out some
of the early work on the intermediate system. His concern was twofold:
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(a) what is the nature of uniform catalyst poisoning in situations where
the catalysis is diffusion limited, and (b) what is the effect of nonuniform
poisoning (selective in the sense of Figures 2 and 3 in representation of
the intrinsic poisoning) in such a situation?

Wheeler visualized the porous catalytic structure as a composite of
intersecting capillaries of average radius 7 and showed that for a particle
of arbitrary shape the Thiele modulus could be defined on the basis of a
length parameter computed by:

=% NE) (17)

where the 4/ 2 is related to the tortuosity of the porous structure. The
Thiele modulus so defined, for a first-order, irreversible reaction, is:

heW ‘/fk“
rD

where k, is the rate constant per unit surface area, D is the effective
diffusivity of diffusing species in the porous structure, V, is the particle
volume, and S, is its external surface area. The effectiveness factor for slab
geometry, or an equivalent single pore model, is:

(18)

__ tanh h

=7 (19)

and the rate of reaction is proportional to h tanh h. If we assume that the
nonselective activity expression, Equation 3, represents the poisoning
which is occurring, then the intrinsic activity of the pore (or pellet) at
any time is given by k,s, and the Thiele modulus is:

hew |/ 2 _p (182)

rD

where h, is the modulus for the unpoisoned pellet. The ratio of rates in
the poisoned and nonpoisoned cases is:

Rate poisoned h,\/s tanh h, Vs - \/—s—tanh ko s 20)

~ Rate nonpoisoned h, tanh h, tanh k,

For small h, (small diffusion effect), F — s, and the intrinsic nonselec-
tive nature of the poisoning is retained. However, when transport limita-
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tions are large, the tanh terms approach unity and F — +/’s. Wheeler
termed this “anti-selective” poisoning since it is slower than the non-
selective case, as shown in Figure 18a, Curves A and B.

This sort of antiselective result is not particularly exciting, however,
in that none of the experimental data discussed really demonstrate such
a trend. The reason, as proposed by Wheeler, is that the physical con-
cepts involved in postulating Equation 18a are faulty in most cases of
poisoning. For effective poisons, rapid and strong chemisorption occurs,
such that if a poison molecule is diffusing down the length of a cata-
lytically active pore, not many collisions with the surface will occur be-
fore it is chemisorbed. The result after a period of operation is a very
uneven distribution of activity through the pore, with a dead zone grow-
ing progressively from the pore mouth to the interior of the pore as the

0.8 8
[
[ X
-
)
r A
s 0.6
»-
]
<
]
z
°
= 0.4
<
5 (2
»
L")
o2}
L 0
| 1 | T ! | 1
0.2 0.4 0.6 0.8 (K]

FRACTION POISONED, &
A. Wheeler, '‘Catalysis,’”’ Reinhold, 1955

Figure 18a. Types of poisoning curves to be expected for porous

catalysts. Curve A is for a nonporous catalyst or for a porous

catalyst in which h, is very small and poison is distributed ho-

mogeneously. Curve B is for homogeneous adsorption of poison

with h, large. Curves C and D are for preferential adsorption of

poison near the pore mouth. For curve C, h, = 10 and for curve
D, h,=100 (37).
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POISONED CLEAN SURFACE

PORE MOUTH

677777777777777772

.

¥ (=YW

A. Wheeler, ‘’Catalysis,’’ Reinhold, 1955

Figure 18b. Schematic representation of the preferential adsorption
of poison near the mouth of a pore. a is the fraction of the pore of
length W covered with poison (37).

time of utilization increases. In the limit of very fast adsorption one
would approach the situation of Figure 18b, which depicts a pore of
length W with sufficient poison added to cover the fraction « of its length
(and surface). For diffusion-limited reactions, this means that reactants
must first traverse the inactive length «W before reaching catalytic surface
active for the transformation. Transport in the nonactive section would
occur with linear concentration gradient (C, — C)/aW, where C, and C
are concentrations of reactant at the pore entrance and at point «W, re-
spectively. This transport is sufficient at the steady state to supply the
quantity of material which has reacted in the active part of the pore;
hence the following balance may be written:

2D (C, — C)
aW
in which the diffusion rate is given on the LHS and the chemical reac-
tion rate on the RHS, derived from ksctuan — kay. One eventually obtains
for the rate of reaction:
7 Vork,D tanh [hy(1 — @)1C,
o 1+ ah,

F_ tanh [k, (1 — )] 1
_[ tanh h, ] (1+aho>

_I:tanhh,,\/;] . ( 1 ) (22)
— | tanhh, 1+ (1 — sk,

— arC vV 9¢k,D tanh [h,(1 — a)]

(21)

Tr

whence:
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This relationship is also shown in Figure 18a, in curves C and D for
representative values of the Thiele modulus and fraction poisoned.
Marked selectivity is shown here, even though that portion of the catalyst
which is poisoned is poisoned uniformly (i.e., completely). The reason
for such extreme effects as those shown for the strongly diffusion-limited
example of curve D is that the outer layer of the catalyst particle (or
initial portion of the pores) which normally would constitute the major
active surface available is precisely that surface which is rendered inactive
by the pore mouth poisoning. Not considered in this analysis is the
possibility that preferential poisoning at the pore mouth can also lead
to decreasing cross section available for mass transport and eventual
plugging off of the pore. Such a mechanism may be the cause of changes
in surface areas (and presumably mass transfer characteristics) on coking
of catalysts such as observed by Appleby et al. and Levinter et al.

The temperature effects of such poisoning are also notable. Curve D
of Figure 18c shows the following progression as the temperature is in-
creased from 200°K. At the lower range the effect of both poisoning
and diffusion will not appear since the rate of reaction is sufficiently slow
that all the unpoisoned surface is available for reaction and the rate of
diffusion through the poisoned portion of the structure is also not limiting.
(Note, however, that absolute rate measurements would still be distorted
by the factor 4/’s from their true value on the unpoisoned catalyst). As
the temperature is increased, the diffusion rate through the pore mouth
will begin to become slower than the reaction on the unpoisoned pore,
and the active portion of the pore will show some decrease in the avail-
ability of surface itself. Both of these effects are reflected by a decrease
in apparent activation energy and would correspond to the intermediate
range of diffusion-poisoning effects (i.e., h,\/s on the order of unity).
At sufficiently high temperatures the process becomes completely diffu-
sion limited, and the apparent activation energy decreases even further.
(The limit of zero activation energy as shown in Figure 18 is very differ-
ent from severely diffusion-limited reactions which approach an activa-
tion energy approximately half that of the true value, providing external
boundary layer effects around the catalyst particle are not important in
transport limitation. Such behavior is predicted by Equation 21 for large
values of h,a.) Since both the pore mouth poisoning and the decrease in
availability of active surface occur simultaneously and lead to increasing
diffusion limitation as temperature is increased, the two effects are not
separately identifiable in an analysis such as that of Figure 18c. One can
see, however, that the effect of pore mouth poisoning is to intensify the
effects of diffusion limitation and broaden the region of operating condi-
tions in which it affects the rate and temperature dependence of reaction.
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Figure 18c. “Effect of poison and pore size on apparent acti-
vation energy. Plots of observed reaction rate vs. 1/T for a
hypothetical catalyst having 11,000 kcal intrinsic activation
energy (e.g., nickel in ethylene hydrogenation) but prepared
with different pore sizes and poisoned to varying extent with
poison preferentially adsorbed near the pore mouth. Curve A:
large pores, no poison. Curve B: fairly large pores, 90%
poisoned (hyy, — 0.1, @ = 0.9). Curve C: small pores, no
poison. Curve D: moderate size pores, 50% poisoned (hgp, =
2, a = 0.5). The horizontal portions of D and E correspond
to diffusion controlled reaction” (37).

325
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Ch.

m

Figure 19a. Reaction apparatus: 1. Reciprocating piston

pump; 2. ball check valves; 3. reactant {eed inlet; 4. to

vacuum pump; 5. septum for syringe sampling; 6. Bourdon-

tube pressure gauge; 7. three-way valve; 8. 1 cm? gas-tight

syringe; 9. Roiter-type reactor; 10. sample catalyst pellet;
11. center-plane chamber (39)

Some work has been reported by Balder and Petersen (39) and by
Dougharty (40) in which some of the concepts proposed by Wheeler
were examined experimentally. The heart of these experimental studies
is a single pellet reactor developed by Balder and Petersen, which permits
simultaneous measurements of over-all reaction rates and centerplane
concentrations of reactants which can be related to an interpretation of
poisoning mechanisms. The elements of the reactor are shown in Figure
19a; the catalyst pellet is contained in the reactor in the form of a cylin-
drical disc, and transport through the disc occurs parallel to the axis of
the cylinder. Composition sampling may be done on either side of the
disc, and rates may be measured by change in reactant concentration
from the inlet to outlet sides of the reactor. The following equations,
which correspond to the development of Wheeler, may be written for the
single pellet reactor.

For uniform poisoning:

20 kC W (23)

(24)
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where C, is the center line concentration, k is a first-order rate constant
(not based on unit surface area), and the Thiele modulus is defined as:

k
ho=W ‘/—D
For pore-mouth poisoning:

tanh ko Vs 5 - —
=22 " kCxr*W 25
rr ho \/? \/; ( )

y(V3) = 1 =
14 (1 — v/ s)h,tanh (b V's)

or:
tanh (h, V' s) -
— kC gnr*W 26
N [ho[l + (1 — 4/ s)k, tanh (k, \/?)]] 20
and:
(1) =22 L (27)

Co  cosh (h,V/8){1 + (1 — A/ s)h,tanh (ko V/s)}

Equations 23, 24, 26, and 27 can be used to interpret poisoning data. The
shapes of the curves obtained from the two sets of equations are the
same (Figure 19b), but their positions for equal values of the Thiele
modulus are different. Thus, if one knows or can measure the value of
the Thiele modulus for the unpoisoned catalyst, h,, an interpretation
of poisoning data according to the type calculations indicated in Figure
19b can be carried out. This can be accomplished from data at initial
conditions easily since a measurement of centerplane composition at that
time can be used with Equation 24 to calculate h, directly.

The experiments Balder and Petersen conducted involved the hy-
drogenolysis of cyclopropane at 35°C, 780 torr Hy and 58 torr C; partial
pressures, on a 0.75% Pt on Al,O; catalyst which had been reduced in
H; at 600°C and treated under 107 torr vacuum at 80°C for 16 hours
before use. Some experimental results for rate and centerplane com-
position of cyclopropane (under reaction conditions the kinetics are
approximately first order in cyclopropane) are shown in Figures 19c and
d. From extrapolation of the centerplane composition to initial condi-
tions, the value of h, is determined to be 3.2. Calculated rate—concentra-
tion variations for uniform poisoning theory and pore mouth poisoning
theory, using this value of h, are shown in Figure 19e, in comparison
with the experimental data. Neither theory fits the results obtained, in-
dicating that in this system the mechanism of poisoning must result in a
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Figure 19b. Comparison of uniform and pore-mouth
poisoning; h, = 5,1 (39)

situation intermediate to uniform or pore mouth results—i.e., there is
a gradient of poison concentration within the particle resulting in a con-
tinuously non-uniform surface.

The nature of the poison in these experiments of Balder and Petersen
is not identified, but the Wheeler development implies separate com-
ponent chemisorption such as the type I mechanism described earlier.
Dougharty (40) has recently extended the single pellet reactor analysis
to other cases of deactivation. The pore mouth poisoning—homogeneous
poisoning comparison involved in the Wheeler-Balder and Petersen work,
unfortunately, does not give a unique result. Thus Dougharty showed
that one could solve the one dimensional diffusion-reaction problem,
assuming various models for the deactivation kinetics and quasi-steady
state, and obtain satisfactory interpretation of the experimental results.
This problem is formulated as:

0*C

D ow?

—kec=0 (28)
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where:
C=C,atw=0
o =0atw=W
ow
& — o)
It was shown that f(k,C) — —gk2C (where 8 was arbitrary constant) fit

the experimental results of Balder and Petersen. This form of deactiva-
tion rate equation indicates some type of self-poisoning mechanism, and
a non-uniform distribution of activity throughout the pellet. Detailed
mechanistic interpretation is risky, as usual, but the second-order de-
pendency on activity could be taken as indicative of some type of sintering
(where activity is directly proportional to surface area). Of course, non-
uniqueness of experimental results in terms of mechanistic interpretation
is nothing new to reaction kinetics or catalysis, so the variants seen be-
tween Wheeler, Balder and Petersen, and Dougharty can be understood as
representative of a normal state of affairs.
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Figure 19c. Bulk rate results during poisoning
(39)
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Figure 19d. Center-plane results during poison-
ing (39)

General Analysis of Intraparticle Deactivation Processes and Their
Effects. Somewhat more general treatments of intraparticle deactivation
effects have been given by Masamune and Smith (41), Ozawa and Bis-
choff (42), and Murakami et al. (43), and the latter two papers present
experimental data for deactivation from coking rates in cracking reactions.

The analysis of Masamune and Smith considered both independent,
parallel, and series deactivation mechanisms, which we have previously
denoted as type I (independent) or type II (parallel or series reactant
or product inhibition). Intraparticle diffusion resistances are considered
in the analysis, so that the extremes of uniform poisoning or shell (pore
mouth) deposition are possible, depending on relative rates of poisoning
and mass transport. We thus have a complex interrelation between the
nature of the deactivation—dictated by the mechanism of deactivation
and the relative rates of deactivation, mass transfer, and the main reac-
tion—and the ordinary mass transfer—chemical reaction problem. It is
convenient to use the concept of particle effectiveness factor for the main
reaction, which in this case will depend on time as well as the normal
reaction parameters. The limiting assumptions in the Masamune and
Smith treatment were isothermal conditions within the particle and the
kinetics of deactivation dependent on a linear function of the concentra-



Published on August 1, 1974 on http://pubs.acs.org | doi: 10.1021/ba-1972-0109.ch007

7. BUTT Catalyst Deactivation 331

tion of poison or coke on the surface, which corresponds to the form of
Equation 16. Thus we have for type II systems:

A+8S->B+S8S (ka; main)
A+S—>A-S (ka.q; fouling)
or, B+S—>B-S (ks.q; fouling)

The effect of coke (A -S or B - S) on the kinetics of deactivation are
taken to be linearly related, as stated, by:

rp = pka[A] [s] (29)
d
Bl s [A1 0] (30)
or
d
b ks a[BI5)
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Figure 19e. Comparison of experimental poisoning
behavior with uniform and pore-mouth poisoning (39)
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This type of formulation for deactivation kinetics has been used more
recently in a considerable amount of work on reactor modeling; hence,
the work of Masamune and Smith is convenient in relating intermediate
events to the macroscopic scale. While Equations 29 and 30 refer on
the microscopic scale to deactivations which are nonselective, this will
be completely obscured by the time the final results of analysis are ob-
tained. The mass conservation equations are:

DAl — o 2L k(AT [s] =0 (31)
Dyv2[B] — o 2B 4 ki [a1 11 —0 (32)
with initial and boundary conditions:
[s]=1,06=0,R=Zr=0 (33)
[A] = [A],, [B] = [B],,6>0,r — R (34)
O[A] _ OBl _ 4. 4>0,r—R (35)
or or ’

v2[A] —-Pl%[A] —0:6—=0,R>r>0

' (36)
Vv 2[B] —i—%—ci[A] =0;0=0,R=r=20

B

where r is the spherical coordinate, R the particle radius, p the particle
density, k, the rate constant in vol/wt-time units, ¢, the porosity, and Dy
and Dy the appropriate effective diffusivities (which are considered inde-
pendent of both time and position). Equations 36 give the initial con-
centration distributions within the particle, assuming that relaxation times
for initial mas<ns1:XMLFault xmlns:ns1="http://cxf.apache.org/bindings/xformat"><ns1:faultstring xmlns:ns1="http://cxf.apache.org/bindings/xformat">java.lang.OutOfMemoryError: Java heap space</ns1:faultstring></ns1:XMLFault>